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ABSTRACT

The widespread use of stirred tank bioreactors (STBRsS) with agitation system as their core
elements can be explained by their long tradition. STBRs being multiphase reactors are most
widely used in industrial applications including chemical, biochemical, pharmaceutical and
biological processes owing to their excellent operational flexibility and mixing capability. They
play a vital role in the biopharmaceutical industry, particularly in aerobic bioprocesses and can
find applications in fermentation and cell culture systems. STBRs have attracted much greater
attention in the bioprocesses owing to their potential for integrating the development of high value-
added products and thus replacing the need for conventional chemical based processes. STBRs
have huge industrial importance as nearly 50% of the chemical reactants and products have passed
through stirred tank reactors at one stage or the other and thus translating into_over USD 1200
billion turnover per annum worldwide. To enhance the heat and mass transfer in such systems,
baffles and impeller and other internals for specific applications are used. The oxygen transfer in
such systems is an important parameter for determining their efficiencies and successful scale-up
and is generally characterized by volumetric mass transfer coefficient, k.a being recognized as the
most important parameter characterizing gas-liquid mass transfer in STBRs. It also serves as an
important transport characteristic used in the scale-up, design and performance optimization of
STBRs.

The oxygen transfer is often considered as a rate limiting factor for the bioprocesses due to its
low solubility in the liquid medium and therefore controlling dissolved oxygen in the liquid
medium, i.e. broth is essential for cell growth. It is generally affected by agitation or (stirring) rate,
aeration or (air flow rate) rate, media properties, different impeller types and their configurations,
etc. Power consumption is also very important parameter in STBRs. It is an indispensable and the
mostly used parameter to describe hydrodynamics, mixing and mass transfer and is also important

scaling up parameter in stirred tank reactors.

In this work, experiments have been carried out in stirred tank bioreactors of different volumes,
ie. 75 L, 5L and 1 L. Dissolved oxygen concentration for the prediction of volumetric mass
transfer coefficient, kLa has been measured by using the most widely used physical method, i.e.
dynamic gassing-out-gassing-in method. It was observed that with an increase in scale of the

reactor, irrespective of the impeller configuration, the k.a decreases when employing the same



agitation speed (50-800 rpm) and aeration rate (0.5-3.5 L/min.). The effect of other parameters
such as impeller diameter, liquid volume inside the reactor, liquid medium viscosity on ki.a has
also been studied. The power input per unit volume is also studied for single and dual Rushton
turbine systems. It is observed that the power consumption in aerated system is lower than the
unaerated system, because the transfer of power from impeller to the fluid is greatly influenced by
aeration. It may also be attributed to the formation of cavities behind the impeller blades and the
fluid having different density under gassed and ungassed conditions. The difference between

gassed and ungassed power inputs is more pronounced at higher agitation rates (400-800 rpm).

A new correlation has been proposed for k.a and P/V. based on a mathematical and statistical
approach using response surface methodology (RSM) with Box-Behnken design (BBD) of
experiments. This correlation includes the effect of various parameters such as agitation rate (50-
800 rpm), air flow rate (0.5-3.5 L/min.) and temperature (10-40 °C) for different impeller
configurations. Among the operating parameters, the most significant variable affecting k.a was
found to be agitation rate, followed by aeration rate and temperature. The effect of temperature in
most cases was insignificant. This may be most likely due to the range of temperature examined in
this study was relatively narrow, typically used in commercial bioreactors. Among the investigated
impeller configurations, dual Rushton turbine demonstrated the highest value of kia. However,
taking into account both k.a and shear force generated by agitation, the pitched blade turbine
appears to be most effective for aerobic fermentation and cell culture applications. Maodels
developed using RSM successfully interpreted experimental kia and have been further validated
under other operating conditions. More importantly, it is also observed that, compared with
conventional power-law models, the RSM approach enables a more efficient correlation procedure
and formulates simplified models with comparably high accuracy.

Further to study the effect of impeller spacing on k.a and power input per unit volume (P/VL),
RSM-BBD study has been carried out considering three factors, i.e. agitation rate (100-600 rpm)
and aeration rate (1-12 L/min.) and impeller spacing (4-8 cm) for dual Rushton and mixed impeller
(Rushton-marine propeller) configurations. It is found that k,a and P/VL were mainly affected by
agitation rate, however the interaction between agitation rate and aeration rate is significant for
both configurations. It is also observed that the effect of impeller spacing on k.a and P/V, was
insignificant. Correlations developed using RSM for P/V. have been found to better predict as
compared with the available correlations in the literature. It is also established that P/V_ is lower



for mixed impeller, thus suggesting its wide applicability in cell culture applications. A new
power-law correlation is proposed for the mixed impeller configuration. Higher level of accuracy
for both the original and simplified RSM models is observed as compared with conventional
power-law models. Finally, the proposed simplified models successfully validated with the
experimental data. A power-law correlation proposed for dual Rushton turbine has been found to
well predict kLa and comparison has also been made with the available correlations in the literature

and the RSM maodels, both original and simplified.

Further, mass transfer and rheological behavior are characterized during the growth of E. coli
BL21 in a stirred tank bioreactor. During the culture of E. coli BL21 in a 1 L stirred tank
bioreactor, effects of various key operating variables such as agitation rate (50-600 rpm), aeration
rate (0.5-2 L/min.), impeller diameter (4-5 cm), bioreactor working volume (0.25-0.75 L) for
different impeller configurations on kia has been investigated. It is observed that k.a increases
with all the examined operating variables except the bioreactor working volume. Among the
impeller configurations investigated, pitched blade turbine showed the highest kia value
(2.72 min), suggesting that it is promising for its successful cell culture as it also generates
relatively less shear force owing to its low power number. A comparison evaluating mass transfer
with and without cells has also been investigated in this study. A new impeller type, i.e. dislocated
Rushton turbine has been investigated for its mass transfer performance having same dimensions
as that of the standard Rushton turbine and is found to display superior mass transfer performance
for E. coli BL21 culture, thus showing its potential for its application in bioprocess industry.
Further, kia for different impeller configurations is also correlated using dimensionless groups
such as Reynolds, Froude and Flow numbers, suggesting this approach can be used for predicting
k.a in different scale of stirred tank bioreactors. To understand rheological properties of the culture
medium, in the present work, samples of the liquid medium with a dual Rushton turbine have been
collected at specific time intervals, and their viscosity is evaluated. The rheological analysis
showed that the viscosity of the liquid medium used in this study is independent on the shear rate,
indicating that it behaves as a Newtonian liquid. Further, it is also observed that the shear stress
linearly increases with the shear rate, which indicates that the liquid medium can be classified as a

Newtonian liquid.
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CHAPTER 1

INTRODUCTION

1.1 BACKGROUND

The wide spread use of the stirred tank bioreactors (STBRs), with agitation systems as their core
elements, can be explained by their long tradition. STBRs are not only used in the chemical
industry, but also find wide applications in biologics, pharmaceutical, food and oil, cosmetics, etc.,
since they offer flexible operation and better mixing (Williams, 2002; Nienow, 2014; Butcher and
Eagles, 2002). They have attracted much greater attention in the bioprocesses owing to their
potential for integrating the development of high value products and thus replacing need for
conventional chemical processes (Nauman, 2008; Jossen et al., 2017). The STBRs are comprised
of baffles and an agitator and other internals with specific applications, which also significantly
influence the heat and mass transfer characteristics. Agitator is generally used for enhancing the
gas-liquid interfacial area as it breaks the large gas bubbles into smaller ones. In the present time,
stirred tank bioreactors (STBRs) have become more popular, due to well mixing mechanism,
which helps in achieving necessary substrate contact, uniform pH and temperature control and
uniform cell distribution (Branyik and Vicente, 2005; Hoffmann et al., 2008). Due to their low
capital and operating costs, they are widely used in the bioprocess and biotechnological industries
(Williams, 2002). They offer unmatched flexibility and control over various transport processes
occurring inside the reactor. The oxygen transfer in such systems has been recognized as an
important parameter for determining their efficiencies and successful scale-up. It is generally
affected due to various factors, e.g. agitation rate, aeration rate, media and reactor properties, etc.
The mass transfer characteristics are also significantly affected by different types of impellers and
their configurations in a bioreactor.

Aeration of liquid (medium) in mechanically agitated contactors is the most widely used
reactor configuration for different biochemical and chemical processes (Puthli et al., 2005; Gogate
et al., 2000). Dissolved oxygen concentration is a significant constraint in stirred tank bioreactors
as it can affect the cell proliferation rate, which demands that air or oxygen should be continuously
supplied to the reactor and thus the importance of oxygen transfer in its design and scale-up. The

dissolved oxygen concentration in the broth, being respiring microorganism’s suspension and the
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liquid medium, depends on the oxygen transfer rate (OTR), and the oxygen uptake rate (OUR).
Therefore, in such systems, its control is crucial for its growth. Initially, oxygen is first transferred
to the liquid phase, finally it is absorbed and consumed by the cell. The oxygen transfer in such
aerobic bioprocesses is often considered as a limiting factor owing to its low solubility in the liquid
medium (Garcia-Ochoa et al., 2010; Schaepe et al., 2013). Thus, to increase the mass transfer rate
between the phases, either the liquid phase mass transfer coefficient (k) and/or interfacial area (a)
should be enhanced. In stirred tank bioreactors, it is difficult to measure the interfacial area
available for mass transfer. However, the term kia, is mostly used to express the mass transfer
effectiveness in such reactors and is more readily measured. Thus, kia is most often used as a
measure of the efficiency of the stirred tank bioreactors.

In aerobic bioprocesses, as described above, oxygen transfer being the controlling step for the
microbial growth and affects the evolution of bioprocesses. Thus the transfer of oxygen from the
gas to the liquid phase and its subsequent consumption by microorganism continues to have a
decisive importance in such reactors and work in this direction is still in progress and numerous
studies have been carried out for enhancement of oxygen transfer. The hydrodynamic conditions in
the stirred tank bioreactors strongly influences the gas-liquid oxygen transfer process and hence
the yield of the cells or biomass. Such conditions generally being a function of energy dissipation
depend on the operational conditions of the reactor, the culture properties, the geometry of the
reactor and it is also affected by the oxygen consuming cells (Garcia-Ochoa et al., 2010; Garcia-
Ochoa and Gomez, 2009).

In many biological processes employing stirred tank bioreactors, the limiting nutrient
transport generally governs the rate of product formation. It has been widely reported that the
transport rate of oxygen to the cells is considered a limiting factor in aerobic fermentation systems
due to its low solubility in water. The hydrodynamics of the bubbles influence the oxygen transfer
as bubble size distribution (BSD) is a key factor responsible for the oxygen transfer (Garcia-Ochoa
and Gomez, 2009), as it governs the interfacial area for oxygen transfer. Therefore, the design and
scale-up of stirred tank bioreactors should meet the oxygen requirements necessary for the growth
of the cells as well as maintaining low shear rates and controlled flow patterns. Gas hold-up and
mass transfer coefficient have been recognized as the most important parameters commonly used
for characterizing oxygen transfer in the stirred tank bioreactors. Therefore, for improving the gas-
liquid mass transfer, it has attracted the attention of many scientific researchers and engineers. The

better gas dispersion performance is an essential requirement of the agitator generally being
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responsible for bubble breakup and coalescence so as to break the larger bubbles to increase the
gas-liquid mass transfer to achieve efficient gas-liquid mixing. Several types of impellers exist,
and have been continuously designed and developed, to meet various industrial needs. The
standard Rushton turbine has been most widely used since 1950s due to the high mass transfer
coefficient exhibited for the gas-liquid dispersion. It has been used as a measuring yardstick to
which the other types of agitators are generally compared. However, despite its versatility, it is not
the perfect one and many weaknesses have been identified, although it is still the most widely used
agitator (Dhanasekharan et al., 2005). The most common features of a stirred tank reactor are

shown in Figure 1.1.
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Figure 1.1. Common features of a standard stirred tank bioreactor



1.2 OXYGEN TRANSFER RATE (OTR)

The transfer of oxygen to the liquid phase is often a challenging task for the reactor engineering
(Jesus et al., 2017), as it is plays an important role in its design and scale-up to ensure sufficient
oxygen transfer (McClure et al., 2015). When designing and engineering bioreactors, it is often a
challenging task, due to its low solubility in water at 37°C. Owing to the strong dependence of
aerobic bioprocesses on the oxygen transfer, it is most widely found in the literature. The OTR is

given as
OTR =k, a.(C"—C) (1.1)

Owing to low solubility in water, its transfer rate thus becomes an essential consideration for its
design and operation. Mass transfer in a gas-liquid process is often complex as it is influenced by a
large number of factors such as the superficial gas velocity, the geometric design and the media
properties (McClure et al., 2015). The oxygen transfer rate governs the microbial growth in a
bioreactor and it is mostly used to predict the growth behavior. The mass transfer coefficient
represents its quantitative magnitude. Figure 1.2 shows the schematic diagram of mass balance of

oxygen transfer in a unit liquid volume.
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Figure 1.2. Schematic representation of the mass balance of oxygen transfer in a unit liquid volume



Several techniques are used to measure dissolved oxygen and its transfer rate in stirred tank
bioreactors. Among them, zirconia, electrochemical, and laser cells, etc. have been used for
measuring its concentration in the liquid medium. Optical sensors have also been found to be the
better choice to determine oxygen concentration in the stirred tank bioreactors. Sulfite oxidation
and gassing-out methods are mostly employed with a Clarke-type electrode for OTR
measurements (Suresh et al., 2009). The oxygen absorption rate (OAR) was earlier determined, to
study the effect of oxygen on the microbial growth. Nowadays, OTR is mostly used for
determining the transfer of oxygen and several resistances encountered during such process
(Suresh et al., 2009).

During most of the -aerobic bioprocesses, the oxygen transfer requirements provided by
sparging air bubbles serves an important constraint in achieving high cell density cultivations.
Oxygen transfer is not an issue with low cell concentrations inside the reactor. However, as the cell
concentration increases, it becomes difficult to ensure the necessary oxygen demand of the cells
and thus limiting its growth (Schaepe et al., 2013). Several examples of limiting oxygen transfer
rates have been discussed in the literature. The power input per unit volume also affects the gas-
liquid flow in the culture and thus influencing the oxygen transfer. The gas-liquid flow is governed
by the agitator and the compressor used to aerate the culture and thus strongly affecting the oxygen

transfer rate.

1.3 VOLUMETRIC MASS TRANSFER COEFFICIENT (kLa)

The volumetric mass transfer coefficient, kia, has been recognized as the most important
parameter characterizing the gas-liquid mass transfer. It also serves as an important transport
characteristics used in the scale-up, design and performance optimization of the stirred tank
bioreactors (Labik et al., 2017). The processes which involve gas-liquid mass transfer as the
controlling phenomenon, it becomes a key parameter (Garcia-Ochoa and Castro-Gomez, 2001).
The bioreactor performance is greatly reduced due to insufficient oxygen transfer, and thus it
becomes a crucial factor governing the bioreaction rate (Kantarci et al., 2005). The k.a is a strong
function of energy dissipation mode and the liquid media properties and thus its determination is
essential in any fermentative aerobic bioprocess (Shukla et al., 2001; Jesus et al., 2017). Once the
reactor is deaerated by sparging with some inert gas such as nitrogen, air is again sparged into it

and the dissolved oxygen concentration measured as a function of time is used for calculating the



ka. The dissolved oxygen concentration is measured until it is saturated (Kerdouss et al., 2008;
Azargoshasb et al., 2016). The rate of change in the dissolved oxygen concentration in the liquid

phase is given as follows:

dd% —ka(C'-C,) (1.2)

where C™ and C_ are dissolved oxygen concentration at saturation and at time t, respectively. The

saturation concentration is given as follows:

*

R, =HC (1.3)
Integrating Eq. 1.2 between two different times such as t; and t> gives as follows:
C#=C
In| =——2 |=—k a.(t, -t 1.4
[C ¢, j La(t —t) (1.4)

Finally, experimental k.a can be obtained from the slope in Eq. 1.4. However, k.a has also been

determined using the following equation (Ashley et al., 1991 and Isailovic et al., 2015):

k,a=In DO* DO (1.5)
DO — DOy, | (tgo —t)

where DO* is its value at saturation, DOz and DOsgo represent 20% and 80% of DO*, respectively,

and txo and tgo are the times at which these are reached. The independent measurement of k. and a
separately is often considered as a difficult experimental task in general and particularly for those
systems which are operated at heterogeneous flow regime with higher superficial gas velocities.
However, the attempts have been made to measure the single bubble mass transfer by utilizing
advanced visualization techniques which can separately measure k. and a (Azargoshasb et al.,
2016). Such techniques can be applied only for relatively low superficial gas velocity giving a high
degree of insight into the process. In the literature, most of the published studies have reported the

product of k. and a, i.e., the volumetric mass transfer coefficient, k.a (Azargoshasb et al., 2016).

1.4 METHODS OF MEASUREMENT OF kLa

The volumetric mass transfer coefficient determination is essential for an efficient bioreactor
design and to study the effect of different variables on the dissolved oxygen. There are several
methods available in the literature, which are used for estimating the oxygen transfer rate (Van’t
Riet, 1979). Among these methods, while some are applicable to other gases also, some are

6



specific for oxygen transfer measurements only. The factors that must be taken into account, when

selecting a method are:

1) type of aeration and homogenization system used,
2) the bioreactor type and its mechanical design,

3) the medium composition, and

4) the effect of the of microorganisms.

The dissolved oxygen mass balance in a well-mixed liquid phase can be established as:

(jj—(t::OTR—OUR =ka(C -C )=q, C, (1.6)

where dC/dt represents the accumulation rate of oxygen in the liquid phase, OTR represents the
transfer of oxygen from the gas to the liquid, as described in Eq. (1.1), and OUR is the oxygen
uptake rate due to the presence of the microorganisms. The application of the various methods is
generally made on the basis of whether this measurement is carried out in the absence of
microorganisms or dead cells or with biomass, which may consume oxygen during the course of

measurement. The methods for the measurement of kia can be broadly classified as:

1) Chemical methods (when no cells are present),
2) Physical methods (with and without cells), and
3) Dynamic methods.

1.4.1 Chemical Methods

Although these methods were the first to be used with wide acceptability. However, these methods
in general should not be used for k.a determination in sparged bioreactors as the addition of the
chemicals may lead to changes in the physico-chemical behavior of the liquids, especially
coalescence. It also affects liquid film resistance due to the chemical reaction. In addition, the
chemicals such as sodium bisulphate cannot be used inside the bioreactor as it might be harmful
for the microorganisms. This method predicts higher values than the real ones, because the fast
chemical reactions may influence the absorption rate, so the experimental conditions should be
kept within the limits (Garcia-Ochoa and Gomez, 2009).



1.4.2 Physical Methods

They are the most widely used based on the oxygen probe response, as the concentration of the
dispersed gas in the medium changes under non-stationary conditions. Also, they are the most
widely used methods nowadays for the k.a estimation since they are based on the dissolved oxygen
concentration measurement during the absorption or desorption of oxygen in the solution (Baird et
al., 1993; Garcia-Ochoa and Castro, 1998; Sanchez et al., 2000; Puthli et al., 2005; Zhan et al.,
2006; Clarke et al., 2006).

1.4.3 Dynamic Method

The most widely used physical method for the measurement of k.a is the gas-out gas-in dynamic
method. In this method, first, the dissolved oxygen electrode is calibrated and then the nitrogen is
sparged into the bioreactor to deaerate it until the dissolved oxygen reaches near zero. As the
dissolved oxygen (DO) concentration reaches zero, it is aerated again and then the DO
concentration is recorded with respect to time until it reaches saturation. Once a step change is
introduced in the inlet gas, there appears to be a dynamic change in the dissolved oxygen
concentration, which can be analyzed. Equation 1.6 can be again used for this method, in this case

OUR is considered to be zero and thus integrating between two different times results:

g =C
In| =——=2 |=—k, a.(t, -t 1.7
(C —Clj La(t —t) (1.7)

Although, the physical methods are widely used in bioreactor systems, however they demand
either the measurement of oxygen uptake rate independently or the accurate interfacial
concentration determination (Ozbek and Gayik, 2001). The OUR can be determined by performing
an experiment on a sample in a separate laboratory unit. It is often difficult to measure the
interfacial oxygen concentration as it depends on the broth composition, the local pressure, and the
oxygen concentration, which keeps on changing as the bubbles rise through the broth. The “gas
out-gas in” method avoids such problems as it directly determines the kia in the microbial broth.
This technique has been mostly employed to study the effect of operational conditions on k.a
(Garcia-Ochoa and Castro, 1998; Sanchez et al., 2000; Puthli et al., 2005; Djelal et al., 2006).
Nevertheless, the response time, t, of the dissolved oxygen probe is an important parameter and
should be taken into account for the accurate determination of the dissolved oxygen concentration.

It is usually recommended that t << (1/k.a) in order to have reasonably accurate values.



1.5 POWER CONSUMPTION IN STIRRED TANK BIOREACTORS

Power consumption is a very important parameter for the stirred tank bioreactors. It is an
indispensable and one of the most used parameter for describing the hydrodynamics, mixing and
mass transfer performance in the stirred tank reactors. The power input per unit volume (P/Vy),
also known as specific power input, is an important scaling-up parameter usually measured
through the torque acting on the impeller shaft assembly under rotation. In order to make the
correct measurement of power consumption, the losses during this process should be subtracted
(Gill et al., 2008a). The necessary electrical power, required for the stirred tank bioreactors, the
shaft design, and ensuring the mixing operations is directly governed by the specific power input
(Puthli et al., 2005). Generally, it is expressed as the dimensionless number, which depends on the
fluid property and the impeller geometry. For stirred tank bioreactors, the power input can be
calculated as follows:

P=PoN%° (1.8)
In Eq. (1.8), Poisthe dimensionless power number and depends on the geometric configuration and

number of baffles, Reynolds number, Froude number and the aeration rate. Experimentally,

specific power input can be determined using torque (M) measured on the stirrer shaft as follows:

P _2zNM Lo
v, Vv (1.9)
The impeller Reynolds number is determined as follows:
Nd,?
Re=2 0 (1.10)
He

The power input per unit volume (P/V) associated with the liquid volume is most often used for
process characterization and for scale-up. It has been used as a scale-up criterion for stirred tank
bioreactors as many engineering process parameters remain constant during scale-up such as mass
transfer and shear conditions and has been proven for cell culture applications. Thus, its
measurement provides necessary and valuable information for characterizing the power capability

of stirred tank bioreactors. The gassing power number is given as follows:

P, = P 1.11
o p| N 3di5 ( . )

P is the power consumption before gassing determined from the torque equation as:
P=2zNM (1.12)



where M is the net torque before gassing. In case of the aerated mixing, it is calculated as follows:

s
P=——F— 1.13
’ P Nsdi5 ( )

where P'is the power consumption estimated using the following torque equation:

where My is the net torque after gassing. It has been reported that power consumption is lower for
the aerated systems compared to unaerated as the transfer of power from the impeller to the fluid
may be affected by aeration (Luong and Volesky, 1979). This may be attributed to the fact that the
aeration has the effect of lowering the liquid viscosity compared to the ungassed systems, which
leads to the lesser power consumption. This power reduction may also be possible because of the
cavity formation behind the impeller blades (Riet and Smith, 1973). The influence of aeration on
the power consumption has been widely reported in the literature (Oosterhuis and Kossen, 1981;
Warmoeskerken and Smith, 1981; Yawalkar et al., 2002) for single impeller systems. It has also
been shown that the gassed power input is usually 30-40% of the ungassed power input, which
depends on impeller type and aeration system used (Gill et al., 2008b).

1.6 MIXING IN STIRRED TANK BIOREACTORS

In a mixing operation, two materials are usually forced to collide to achieve a pre-defined value of
mixing. It is the most common operation usually performed using mechanical agitation in the
stirred tank bioreactors with the aim to achieve a homogeneity, faster heat exchange and
component transport, and chemical reaction intensification (Magelli et al., 2013; Ascanio, 2015).
The mechanically agitated tank is the most commonly used equipment in chemical and bioprocess
industries to realize several elementary processes. With homogeisation as the key aim and the
mixing time being a parameter of interest, it is mostly used for defining the liquid mixing time
scale inside the stirred tank bioreactors (Taghavi et al., 2011). Mixing, being a physical process
generally aims to reduce the non-uniformities in the fluids by removing the gradients of
concentration, and other properties, is almost central to every bioreactor. It is indispensable in
biotechnology as it defines the environment during cultivation inside the bioreactor. Mixing is a
key engineering aspect since it ensures homogeneity of the culture affecting both the performance
and the scale-up of the bioreactor. Efficient mixing is essential to avoid any kind of gradients that

can be harmful for the cell growth (Hadjiev et al., 2006). Mixing time, being a key characterizing
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parameter to analyze the performance and hydrodynamics in stirred tank bioreactors, is the time
required to achieve a certain degree of homogeneity of the tracer injected into it. Although
maximizing the yield in any industrial bioprocess is a key consideration, however, it has been
found that as the process is scaled-up, the yield starts decreasing (Bonvillani et al., 2006). This
may be attributed to the substrate gradients, which can be caused by the poor mixing. Thus, mixing
is of immense importance for the process optimization, scale-up and the product quality. It is one
of the fundamental aspects of the process performance, which profoundly affects the blending, heat
and mass transport and reaction phenomenon in a stirred tank reactor (Bonvillani et al., 2006).
Consequently, it also affects the power input and operating efficiency. From the standpoint of
macro-mixing, the bulk mixing time is defined as the time to get the material in the vessel
uniformly distributed, while the local mixing time defines mixing in a particular localized region
of the vessel depending on local turbulence (Mcclure et al.,, 2016). Therefore, the local
measurements are time and space dependent, while the bulk mixing is based on time dependent,

i.e. (temporal) measurements. In its non-dimensional form, mixing time can be expressed as:

NE, =K (1.15)

where 6 is the mixing time in second (s), N is the impeller speed in revolutions per minute (rpm),
and K being a constant, depend on the size, geometry of the tank and flow regime. Several

experimental techniques used for determining the mixing time in stirred tank bioreactors are:

1) Colorimetry,

2) Electrical Resistance Tomography (ERT),
3) Planar Laser-Induced Fluorescence (pLIF),
4) Thermography, and

5) Conductometry and pH

In addition to the above mentioned experimental techniques, several researchers have used the
experimental data and developed correlations for determining the mixing time. Although, such
correlations have proved to be useful, however, they do not have the wide acceptability and when
applied to other systems may often produce the inaccurate results. Therefore, it is the need of the
hour is to develop a universal method for the prediction of the mixing time in stirred tank

bioreactors, which is independent of the scale.
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1.7 SCALE-UP OF STIRRED TANK BIOREACTORS

In general, the scale-up of a bioprocess involves transferring the new process developed at the
laboratory scale to the production scale and it has gained much attention in the recent years owing
to the hydrodynamics complexity and its possible impact on the transport characteristics. Apart
from the bubble columns, mostly the larger scale processes are carried out in stirred tank reactors
with one or several Rushton type turbines, as shown in Figure 1.1. With the increasing volumes of
the products being manufactured in industrial processes over the last few decades, it has
necessitated the use of larger and larger reactors (Bashiri et al., 2016). As a consequence, it has
become a challenging task for the process engineers to develop substantial rules for their scale-up
from the laboratory scale to the industrial scale due to the fact that their design and scale-up is not
an easy task owing to the complexity of the momentum and mass transfer mechanisms. Currently,
it is generally based on empirical correlations, best practices (know-how routines), and rules of
thumb. With conventional scale-up procedures, it is generally assumed that the hydrodynamic
parameters are constant inside reactor (“well-mixed” assumption). However, in reality, the values
of such parameters such as mass transfer coefficient may vary significantly especially at the
production scale. Dudukovic (2007) summarizes scale-up issue as follows: “Once the reactor
system is successfully run in the laboratory to produce the desired conversion, yield, and
selectivity, reproducing these results at the commercial scale is a real challenge” (Youssef et al.,
2014). To accomplish this, Euzen et al. (1993) listed three types of experimental studies to be
performed to supplement each other: laboratory scale, pilot plant, and mock-up (cold flow models)
studies. The thermodynamic and kinetic assessment and their subsequent experimental verification
at the laboratory scale units encompasses the first category. The next involves the analysis of
physical and chemical mechanisms and implying that the mathematical models that can be
transposable to industrial units. The last category includes, e.g., the use of dimensional similarity,
residence time distribution (RTD).measurements through tracer studies, assessment of the

hydrodynamics similarity and validation of computational fluid dynamics (CFD) studies.

Most of the times the correlations available in the literature are developed for small scale
systems, so the scale-up of the stirred tank reactors is a challenging task. It is generally suggested
that to get sufficient mass transfer in large scale reactors mostly bioreactors, they should be
operated using the heterogeneous regime, however, the correlations developed for small scale and

heterogeneous regime cannot be directly applied for scale-up. Based on the parameter analysis,
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several scale-up strategies have been suggested, however, each parameter is assumed to remain
constant from laboratory to industrial scale (Nauha et al., 2015). These parameters for scale-up are

as follows:

1) Global parameters:
a. Volumetric mass transfer coefficient (k.a),
b. Power input per unit volume (P/V),
c. Impeller tip speed (T), and
d. Mixing time (Om).
2) Local parameters:
a. Bubble distribution, and
b. Velocity fields

Considering a simple stirred, aerated fermenter, no simple solution for the scale-up of aeration-
agitation exists, which has the high probability of success for all fermentation processes. Most of
the time, they are based on the aeration efficiency (k.a) or power input per unit volume (P/V).
Impeller tip speed can also be used as basis for scale-up if a shear sensitive organism is used.
Furthermore, constant mixing time as a basis for scale-up is not practically applicable as there
exists no correlation between mixing time and aeration efficiency. However, the mixing time
analysis for homogeneity (probably under aerated conditions) can be quite effective tool for scale-
up, though not considered or reported to date and furthermore, time taken for constant mass
transfer can also be considered. The correlation between these is that the constant mass transfer in
well mixed tank (homogeneous) gives constant and less spatial variations of dissolved oxygen

(DO), which is a critical parameter for cell viability (Nauha et al., 2015).

As already mentioned, the scale-up and design of larger reactors is mostly dependent on the
correlations, best practices and rules of thumb. It is mostly relying on first carrying out the
experiments at the laboratory scale and then increasing the scale to the bench scale (1-10 L) by
validating results and trying to reproduce the laboratory scale results, then taking the next level to
pilot scale (50-300 L) and if successful, then finally to the full production scale. Being the main
criterion for the scale-up, oxygen transfer rate (OTR) should be optimized at every scale.
Although, a scale-up ratio of 1:10 is typically used, however, if scale-up to 100 m? is required, then
a pilot plant of 10 m® would be needed, which is practically not feasible, thus higher ratios are
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generally used. Various approaches have been recognized for the scale-up (Garcia-Ochoa and
Gomez, 2009), which are, fundamental and semi-fundamental methods, dimensional analysis and
rules of thumb. Fundamental methods involve the physical modeling of the large scale bioreactor
systems, and thus eliminating the need for carrying the experiments at large scale. Among such
methods, computational fluid dynamics, CFD is the most widely used method for modeling the
stirred tank reactors. Many approaches have been recommended for scale-up using physical
modeling. Despite the fact that CFD is a powerful tool for predicting the performance of stirred
reactors, it has its own limitations such as complex interphase interactions, large number of
computational grids requirement and longer computational times. The additional computational
complexity is caused as the gas phase is introduced and the hydrodynamics gets complex.
Therefore, the scale-up methods based on fundamental calculations are generally time consuming
and need vast expertise and thus simpler methods are mostly used.

On the other hand, semi-fundamental methods involve solving simplified fundamental
equations, which leads to scale-dependence. Scaling-up using dimensional analysis needs to keep
dimensionless groups constant, which is not possible and thus choices should be made to select the
dimensionless group, which mostly affects the scale-up. Mostly, thumb rules are employed for the
scale-up and they vary with different sources. The scale-up method mostly found in the literature is
to keep gas volume flow per unit of liquid volume per minute (vvm or vol vol* min) and the
power input per unit volume (P/V) constant (Garcia-Ochoa and Gomez, 2009). However, constant
vvm is a stoichiometric approach, and it is questionable from the viewpoint of hydrodynamics.
Scale-up by keeping constant volumetric mass transfer coefficient, k.a, has also been found in the
literature and is mostly based on the empirical correlations. Such correlations can be dimensional
and non-dimensional. Dimensional correlations are mostly function of superficial gas velocity, Vs,
or vvm, stirring rate, N, or power input per unit volume, P/V, and viscosity, Ha. The correlations

are mostly in the following form:

Pg B 7
kLa:a.(V—) Yy, (1.16)
L

where the exponents  and y depend on system geometry and impeller used and may range from
0.3t0 0.7 and 0 to 1.0, respectively (Stenberg and Andersson, 1988; Rushton and Bmbinet, 1968).
The correlations of the form of Eq. (1.16) are generally scale dependent and should incorporate
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some additional terms for scale-up. The latter correlations are developed using dimensionless
numbers such as Reynolds, Weber, Flow and Froude numbers. These take various forms and also
include system dependent exponents, the use of which makes these correlations both system and
scale independent. Very little evidence to their application in large scale reactors has been
published (Amanullah, 2004). Such correlations are only applicable to the range they are

developed for and not universally acceptable.

1.8 DIFFERENT IMPELLER TYPES USED IN STIRRED TANK BIOREACTORS

The design and choice of impellers plays a critical role to maintain proper hydrodynamic
conditions and mass transfer rates in stirred tank bioreactors. They are responsible for mixing, and
bubble breakage and coalescing. Figure 1.3 shows a schematic of the most commonly used
impeller types. They are generally classified based on mixing regimes, i.e. laminar or turbulent
mixing. Owing to poor momentum transport in laminar flow, the impeller diameters approach the
diameter of tank, however, as turbulent flow transports momentum well, impeller diameters in this
flow (Re >10% are usually one-fourth to one-half of the tank diameter. Typical laminar impellers
include helical ribbons and screws, and anchor impellers. Discs, paste rollers, high shear and gate

impellers are also used in laminar mixing.

Pitched 4 blade

Marine propeller

Curved blade turbine Rushton turbine Pitched 2 blade

Figure 1.3. Different types of impellers used in the stirred tank bioreactors
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Turbulent flow impellers mostly used in fermentation applications may further be classified into
radial and axial flow impellers based on flow direction as shown in Figure 1.4. Typical radial flow
impellers include: disc style, flat blade turbine (Rushton turbine) and curved blade impellers. The
pitched-blade turbines and propellers are mostly axial or mixed flow impellers. Several types of
impellers exist and are continuously being developed to meet various needs. The standard Rushton
turbine, a radial type is the most widely used impeller since 1950s (Nienow, 1996). It delivers high
mass transfer coefficient (Williams, 2002) and it is used as measuring yardstick to which other
impellers are generally compared (Kadic and Heindel, 2014).

Radial flow Q‘ —) Axial flow Q —-)

]
= N |

: = | H - :

&S’/W

Figure 1.4. Radial and axial flow patterns in stirred tank bioreactors (Source: Mirro and Voll,
2009)

However, despite its versatility, it is not the perfect one and several weaknesses are reported,
e.g. its axial pumping capacity is low and is not sufficient for necessary bulk flow for satisfying
oxygen transfer requirements. It mostly disperses gas in the regions adjacent to the impeller and
uniform dispersion of gas is hard to achieve. It can generate hydrodynamic shear, which can
adversely affect the cultivation of animal cells with no protecting cell wall. Owing to its sweeping
action, low-pressure trailing vortices can be observed at rear of the blades, resulting in great power
drop after gas is introduced and thus the gas handling capacity is also affected due to flooding
(Gelves et al., 2014; Kadic and Heindel, 2014). Yang et al. (2015) investigated the dislocated
Rushton turbine, an exact variant of the standard Rushton turbine with same component
dimensions except that blades are placed above and below impeller disc alternatively. It was

concluded that dislocated Rushton turbine outperforms the standard Rushton turbine and thus
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indicates the promising potential of dislocated Rushton turbine in gas-liquid mixing in the stirred
tank bioreactors.

On the other hand, pitched blade turbines generate mixed flow and the extent of axial flow
actually depends on the blade or pitch-angle. Now-a-days, they are mostly used in cell culture
applications due to less hydrodynamic shear. Recently, a new impeller, i.e. Chemineer Concave
disc (CD-6) has been introduced and it has revolutionized the field of gas-liquid dispersion.
Couper et al. (2005) reported that gas-handling capacity of this new impeller is 200% more than
six bladed disk turbines, before flooding and even at flooding condition power reduction is around
30%. Ghotli et al. (2013) reported that curved blade impellers consume less power in both aerated

and un-aerated states as compared to Rushton turbine.

1.9 MOTIVATION FOR RESEARCH

Stirred tank bioreactors have revolutionized the field of biotechnology due to the lot of thrust on
bioprocesses for being ecofriendly and economically viable. Although a multitude of bioreactors
used for cultivation of animal and human cell cultures have been introduced to the market over the
past few decades, there is still a lack of engineering data. The thorough understanding and
predictive performance of stirred tank bioreactors still remains a challenging problem owing to
their complex hydrodynamics on account of so many different internal rotating elements. Their
accurate design and operation is crucial for the profitability of the process due to its influence on
the overall yield and productivity. Traditionally, it is mostly based on the empirical correlations
describing macroscopic parameters, e.g. power demand, mass transfer coefficient and gas hold-up.
The oxygen transfer in such systems has been recognized as the important parameter for
determining their efficiencies and successful scale-up. It is mostly affected by various factors, e.g.
agitation rate and aeration rate, media properties and reactor properties, etc. The mass transfer
characteristics in a STBR are also significantly affected by different impeller types and their
configurations. The power-input per unit volume is an important parameter for describing their
hydrodynamics, mixing, mass transfer and most importantly scale-up. Stirred tank bioreactors from
small- to large- scale for various applications have been developed over the past several decades,

however, there is still a great scope and need for further research in this area.
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1.10 RESEARCH OBJECTIVES

The overall objective of the proposed work is to characterize the performance of Rushton, pitched
blade and marine propeller impellers and their different combinations on the volumetric mass
transfer coefficient, k.a, considering with and without cell culture in a stirred tank bioreactor. The

specific objectives of the proposed research work are as follows:

e To study the effect of various parameters such as agitation speed and aeration rate, impeller
configurations, power input per unit volume, scale of reactors, viscosity, impeller diameter
and liquid volume inside reactor, on the volumetric mass transfer coefficient, k.a, in the
absence of cell culture in a stirred tank bioreactor.

e To study the effect of various parameters such as agitation rate and aeration rate, impeller
configurations, impeller diameter, bioreactor working volume, on the volumetric mass
transfer coefficient, k.a, in the presence of cell culture in a stirred tank bioreactor.

e To study the rheology of cell culture, i.e. E. coli BL21 inside the stirred tank bioreactor.

e Develop empirical correlations (dimensional and dimensionless) between volumetric mass
transfer coefficient kia and the parameters considered for different impeller configurations.

e Mass transfer performance of a newly developed dislocated Rushton turbine (designed and
fabricated using 3-D printing technology) and its comparison with the standard Rushton

turbine.

1.11 THESIS ORGANIZATION
Based on the objectives of the proposed work, thesis has been organized into six chapters as

follows:

The introduction, motivation, research objectives, and the structure of this thesis have been

explained in Chapter 1.

Chapter 2 explains the critical review regarding the stirred tank bioreactors with emphasis on
hydrodynamics, mass transfer, mixing, power consumption and scale-up. Some basic concepts

regarding stirred tank bioreactors have also been explained in this chapter.

Chapter 3 addresses the experimental details of stirred tank bioreactors used, fabrication of
different impellers using 3-D printing, method used for the experimental determination of k_a,

preparation of solid and liquid LB medium for E. coli BL21, preparation of inoculum have been
18



explained. Statistical modeling using design of experiments is also explained in this chapter.
Rheological characterization for studying the flow behavior of E. coli BL21 has also been

explained.

Chapter 4 covers mass transfer characterization in stirred tank bioreactors of different volumes.
Further, the effect of different parameters on volumetric mass transfer coefficient (kLa) and power
input per unit volume, (P/VL); statistical modeling and analysis of volumetric mass transfer
coefficient, kca and power input per unit volume, P/VL in stirred tank bioreactors for different
impeller configurations; and comparison of RSM based correlations with the existing correlations

have been reported in this chapter.

Chapter 5 covers the mass transfer and rheological characterization for cell culture, i.e. (E. coli
BL21) in a stirred tank bioreactor for different impeller configurations and operational parameters,

development of dimensionless correlations for different impeller configurations.

In Chapter 6, the research outcomes are summarized and concluded. In addition, the possible

recommendations helpful for further study are suggested.
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CHAPTER 2

LITERATURE REVIEW

2.1 GENERAL

This chapter aims to review the various aspects of the stirred tank reactors/bioreactors viz.
hydrodynamics, mass transfer, power consumption, mixing and scale-up. The main focus of the
collated literature is on the stirred tank reactors/bioreactors equipped with an agitation system and
other accessories to have an understanding of the hydrodynamics and mass transfer in such
systems. The literature review also provides the brief details of the recent work that has been
carried out on the stirred tank reactors/bioreactors.

2.2 STIRRED TANK BIOREACTORS

Mechanically agitated vessels are mostly used in process industries for multiple operations such as
biotechnological, pharmaceuticals, metallurgical and petrochemical (Kerdouss et al., 2008;
Nauman, 2008; Bolic et al., 2016; Tervasmaki et al., 2016; Bach et al., 2017; Jossen, 2017)
processes. The mixing operation in stirred tank reactors can either be simple fluid mixing or
involve complex operations, and it can be carried out either with a single or multiphase systems
based on the process. They have attracted much greater attention especially in the bioprocess
owing to their potential for integrating the development of high value products and thus replacing
the need for conventional chemical processes. Generally, a gas sparger is provided at the bottom of
the reactor for sparging gas into the reactor. To enhance the heat and mass transfer in such
systems, the baffles and agitator(s) and other internals with specific applications are used. Agitator
is generally used for enhancing the gas-liquid interfacial area as it breaks the large gas bubbles into
smaller ones. The oxygen transfer in such systems has been recognized as an important parameter
for determining their efficiencies and successful scale-up. It is generally affected due to various
factors, e.g. agitation rate, aeration rate, media properties and reactor properties, etc. Further,
impeller types and their configurations also significantly influence the mass transfer characteristics

in stirred tank bioreactors.
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2.3 GAS SPARGED STIRRED TANK BIOREACTORS

In several industrial processes such as fermentation, oxidation, hydrogenation, chlorination, gas
sparged stirred tank reactor is employed. They can be operated either in two phase or sometimes an
additional phase can also be used such as catalyst in some cases or a microorganism can also be
used for producing industrially important bio-products. To ensure that the phases are properly
mixed, impeller agitation rate and type play an important role in their design. The bio-applications

involving microorganisms, shear speed should be considered to avoid any harm to them.

The commonly used gas sparged stirred tank bioreactor includes a shaft provided with one or more
impellers, baffles, and a sparger for aeration purpose. Aspect ratio, i.e. the ratio of reactor height to
diameter (H/D), varies depending on the application, e.g. systems requiring more gas residence
time demand higher aspect ratio and more than one impeller is used on the same shaft. For
maintaining temperature inside the reactor vessel, heater and chiller is used. Rushton turbine is the
most commonly used impeller type in the industry developed by Rushton and co-workers and is
considered as standard impeller design (Rushton et al., 1950). A standard reactor configuration
comprises of a cylindrical vessel made of either high quality glass or stainless steel with flat or
dished bottom of depth H, with diameter of vessel equal to T, and baffle width, B = 0.1T. The ratio
of impeller to tank diameter is 1/3, being centrally mounted with clearance C = 0.33H, the said
reactor configuration is shown in Figure 2.1. The major advantage of the Rushton turbine is the
strength gained from the impeller disc compared to open-bladed paddle, and it also avoid by
passing the gas through the shaft. However, it also has drawbacks because of higher power
consumption and less axial flow. Thus, considering its drawbacks, other impeller types such as
pitched blade, marine propeller, Smith impeller, CD6, Scaba impeller have been designed and
developed over the years. Table 2.1 summarizes a few of the studies carried out in stirred tank

bioreactors considered by the researchers for different applications.

2.3.1 Applications of Stirred Tank Bioreactors in Bioprocesses

One of the most important and frequent application is as bioreactors, where they are used for
treating the microorganisms in a completely safe environment utilized for producing industrially
important products, e.g. enzymes, proteins, and antibiotics, etc. A few such studies utilizing STR’s
as bioreactors are presented in Table 2.2. Bandaiphet and Prasertsan (2006) used Enterobacter
cloacae WD7 and studied the effect of aeration rate and agitation rate and scale-up on the

volumetric mass transfer coefficient, kia for production of exopolysaccharide. Elgotbi et al. (2013)
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numerically performed the production of gluconic acid by Aspergillus niger strain by using a two-
phase stirred bioreaction system by employing the Euler-Euler model. Gabelle et al. (2012) using
Trichoderma reesei studied the effect of rheology on the volumetric mass transfer coefficient in the
growth phase in STBRs of different volumes for the production of a variety of economically
important proteins such as cellulase enzymes. Liu et al. (2017) reported the production of fumaric
acid by immobilized Rhizopus arrhizus RH 7-13-9 # on loofah fiber and provided a new method
for the production fumaric acid in a STBR. Pereira et al. (2017) carried out the production of
biosurfactant using Aureobasidium pullulans in a stirred tank bioreactor. Abdella et al. (2016)
reported the production of B-glucosidase from wheat bran and glycerol using Aspergillus niger in
stirred tank and rotating fibrous bed bioreactors. Siedenberg et al. (1997) studied the production of

xylanase on synthetic medium in stirred tank and airlift loop reactors using Aspergillus awamori.
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/ Laquid level

s

6 bladed disc

Ium7
¥

Bafle ____

Figure 2.1. Standard configuration of stirred tank bioreactor with a Rushton turbine
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Table 2.1 Summary of the literature reviewed on stirred tank bioreactors

Investigator

Objective (s)

Study; Fluid; System

Parameters
investigated

Remarks

Pedersen et
al. (1994)

Mixing time
characterization in

stirred bioreactors

Experimental
Fluids: Air, water, NaOH solution
System: Stirred tank reactor (3 L)

Mixing time

Studied liquid mixing STBRs of different
volumes (7, 15, and 41 L)

Mixing was characterized under both
aerated and unaerated conditions for both
aqueous and viscous medium for a 15 L
reactor.

Mixing time was compared for different
volume reactors at real process
conditions, i.e., an aerated viscous

medium.

Wernersson
and Tragardh
(1999)

Scale-up of
Rushton turbine

agitated tanks

Experimental and Computational
Fluids: Air, water

System: Three different stirred with
diameters 0.8, 1.88, 2.09 m equipped
with 2, 3 and 4 Rushton impellers

respectively, baffles used.

Turbulent kinetic
energy, local
energy
dissipation rate,
power

consumption

Developed  empirical correlations for
scale-up  purposes considering three
different reactors.

Influence of the ratio of bulk zone volume
to impeller zone volume on the
distribution of the power supplied to the

reactor.
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Puthli et al. | Gas-liquid mass Experimental Mass transfer It was reported that process variables such
(2005) transfer studies on | Fluids: Air, water, and other chemicals | ooetficient (k.a) | as agitation and aeration rates, impeller
a laboratory scale | t0 alter the physico-chemical properties configuration, and fluid viscosity affect
bioreactor for of the liquid phase. the k.a.
triple impeller System: Laboratory scale glass Triple impeller system delivered highest
system bioreactor with a volume of 2L and kia values with least power consumption.
0.13m diameter and 0.22m height, four
baffles, air sparger, different impeller
configurations.
Impeller agitation rates: 300-600 rpm,
Aeration rates: 8.92-33.81 cm®/s.
Bandaiphet Effect of aeration, | Experimental Dissolved Biopolymer yield increased with agitation
and agitation rates and | Fluids: Air, water oxygen and aeration rates for the pilot plant scale,
Prasertsan scale-up on mass | System: Two stirred tank reactor with concentration (% | but decreased with increasing agitation
(2006) transfer coefficient | °L- @nd 72 L volumes, impellers with six | sty ‘hignolymer | rate at bench scale due to shear thinning

in
exopolysaccharide
production using
Enterobacter
cloacae WD7

flat blades used,
Impeller agitation rate: 200-800 rpm
Air flow rate: 0.5-1.75 vvm.

yield, dry cell
weight, oxygen
uptake rate
(OUR), oxygen
transfer rate
(OTR), mass

behavior (from 3.07 to 2.28 g/g over the
range 200-800 rpm) and increased with
aeration rate (from 2.79 to 3.07 g/g over
the range 0.5 to 1.25 vvm, respectively).

and

kia values in the exponential

stationary phases increased with agitation
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transfer and aeration rates to 9.97 and 9.72 h't at
coefficient, aeration rate of 1.25 vvm of bench scale
viscosity fermentation and 9.68 and 9.50 h? in
exponential and stationary phases at
aeration rate of 1.75 vvm at pilot plant
scale, respectively.
Hadjiev et al. | Mixing time in Experimental Mixing time Studied the effect of various parameters
(2006) aerated bioreactors | Fluids: Air, sucrose solution of different on the mixing time and Influence of
concentrations geometry of reactor on mixing time.
System: Stirred tank reactor, torque A new correlation for estimating the
meter mixing times in stirred reactors is
proposed.
Gill et al. | Quantification of | Computational and Experimental P/VL, kia, Developed correlations to predict ki a and
(2008) power Fluids: Air, water, medium growth curves power consumption.

consumption and
oxygen transfer
characteristics of a
STBR for scale-up

Reported kia as the most suitable criterion

for the scale-up of miniature STBRs.

Kerdouss et
al. (2008)

Mass transfer
coefficient

determination in a

Experimental and computational
Fluids: Air, water

System: 3 L stirred tank reactor

Gas volume
fraction, Sauter

mean diameter,

The model predicts spatial distribution of
gas hold-up, Sauter mean bubble diameter

and k_a.
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stirred vessel using
CFD

equipped with a pitched blade impeller

and ring sparger.

mass transfer

coefficient (kLa)

Reported good agreement between

experimental and numerical results for

kLa.
Zadghaffari Mixing study in Experimental and computational Flow field, Numerically investigated the flow fields,
et al. (2009) | dual Rushton Fluids: Air, water pumping power and mixing time.
stirred tank System: Flat bottomed glass cylinder number, mixing | Numerical predictions were validated
with diameter 0.30 m and four vertical time with experimental results for velocity of
baffles, two Rushton turbines, liguid phase using particle image
Rhodamine-B fluorescent tracer velocimetry (PIV) and planar laser-
particles, Impeller agitation rates: 225, induced fluorescence (PLIF) technique.
300, 400 rpm. Reported reduction in mixing time and
increase in stirring power input with
increasing agitation speed.
Ranganathan | Hydrodynamics Computational Gas hold-up, Reported local hydrodynamic parameters
and and mass transfer | Fluids: Air, water Sauter mean such as gas holdup, Sauter mean bubble
Sivaraman investigation ina | System: Fully baffled Perspex vessel diameter, diameter and interfacial area.
(2011) gas-liquid stirred with 0.292m dia. and 0.584 m height. specific The predicted gas holdup, Sauter mean

reactor using CFD
coupled with PBM

Two Rushton turbines with dia. 0.0973

m

interfacial area

diameter and k.a values were in good
agreement with the reported experimental
data (Alves et al., 20023, b, 2004).
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Taghavi et al. | Experimental and | Experimental and computational Flow field, Studied the flow regime behavior, local
(2011) CFD investigation | Fluids: Air, water power number, and total power consumption of a single
of power System: Cylindrical flat bottomed power and gas—liquid phase systems.
consumptionina | plexiglass with diameter 0.3 m, four consumption Developed new empirical correlations for
dual Rushton baffles used with width 0.03 m, estimating power consumption and flow
stirred tank Impeller agitation rates: 200-600 rpm, regime  transitions in stirred tank
Air flow rates: 100-800 L/h. bioreactors.
Gabelle et al. | Impact of rheology | Experimental Growth curves, | Measured mass transfer coefficients
(2012) on mass transfer Fluids: Air, water, xanthan gum as apparent during the growth phase in bioreactors of
coefficient in model fluid. viscosity, mass |3 and 20 L and compared with those
stirred tank System: Stirred tank reactors of 3 and transfer measured with water and model fluids.
bioreactors 20 L volumes, double flux-specific coefficient Gas-liquid mass transfer is strongly
impeller used in 3 L reactor, a Rushton impacted by the rheology of the media,
and pitched blade turbine used in 20 L especially when biomass concentration
reactor, ring sparger used. exceeds approximately 15 g/ L.
Karimi et al. | Oxygen transfer in | Experimental Volumetric mass | Twin Rushton turbine configuration
(2013) a stirred tank Fluids: Waste gases including benzene, | transfer showed superior mass transfer
bioreactor for toluene, xylene and air coefficient performance (23-77% enhancement in

environmental

purposes

System: Cylindrical glass vessel with
semi-circle bottom with diameter 10 cm

with 1.77 L working volume, four

k,a) compared with other impeller
configurations.

Sparger type has negligible effect on
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baffles, air sparger, Rushton turbine,
pitched blade with 4 and 2 blades,
Impeller agitation rates: 400-800 rpm,

Air flow rates: 1-5 L/min.

oxygen transfer.
Agitation rates in the range of 400-800
rpm are the most efficient for oxygen

transfer in stirred tank bioreactor.

Magelli et al. | Mixing time in Experimental and computational Mixing time Impeller number and spacing strongly
(2013) high aspect ratio Fluids: Water affect mixing time.
stirred reactors System: Stirred tank reactors of three Proposed an empirical correlation for
different vessel sizes, different impellers mixing time.
used, Zoning and  non-zoning  impeller
Impeller agitation rates: 120-2000 rpm configurations are successfully analyzed.
Petitti et al. | Simulation of Experimental and computational Sauter mean Bubble coalescence, break up and mass
(2013) coalescence, Fluids: Air, water diameter, transfer have been considered with
break-up and mass | System: Flat bottomed stirred tank specific CQMOM  (Multi-variate  population

transfer in a gas-

liquid stirred tank

equipped with a Rushton turbine and a
porous sparger.

Impeller agitation rates: 155-250 rpm
Air flow rate: 0.018-0.093 vvm

interfacial area,
mass transfer
coefficient,
oxygen
concentration in
the liquid and

gas phase

balance model).
Predictions for mean bubble size, Sauter
mean diameter and mass transfer are in

good agreement with experiments.
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Lee and | Flow regime and Experimental Gas hold-up, Identification of flow regime in gas-liquid
Dudukovic gas hold-up study | Fluids: Air, water bubble count stirred tanks.
(2014) in gas-liquid System: Flat bottomed stirred tank profiles, flow Linear relationship of the Froude number
stirred tanks reactor with a Rushton turbine and a regime with gas hold-up gquantified.
ring sparger. Air-water system has been used in this
Impeller agitation rates:126-830 rpm; study, however, this technique can be
Air flow rate: 2.08 to 30 ft3/h used for all gases and liquids.
Scargiali et | Mass transfer and | Experimental Mass transfer Mass transfer performance of unbaffled
al. (2014) hydrodynamic Fluids; Air, water coefficient, systems is mainly affected by specific
characteristics of | System: PMMA made cylindrical stirred | power number, power consumption.
stirred reactors tank with diameter 19 cm and height 30 | power Among the different impeller geometries
without baffles cm, six different turbine types used. dissipation investigated, a simple PBT was found to
Impeller agitation rates: 100-1300 rpm. provide better oxygen transfer
performance and is therefore widely used
in fermentation processes particularly for
shear-sensitive cultures.
Bao et al. | Influence of Experimental and computational Flow field, Studied the effect of the impeller diameter
(2015) impeller diameter | Fluids: Air, water relative power on gas dispersion.

on overall gas
dispersion

properties in a

System: Cylindrical stainless steel
dished bottom tank with diameter 0.48

m, four baffles used, three impellers and

demand (RPD),
gas hold-up

As D/T increases, relative power demand
(RPD) slightly. At
superficial velocity (0.0078 m.s), the gas

decreases low
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stirred tank

a ring sparger used.
D/T: 0.30-0.40
Aeration rates: 5-59 m®h

hold-up increases with D/T. However, at
high superficial velocity and at D/T=0.33,
good balance is observed between liquid
recirculation and liquid shearing rate,
resulting in highest gas holdup among
four different D/T.

Montante and | Gas hold-up Experimental Gas hold-up Used electrical resistance tomography for
Paglianti distribution, Fluids: Air, water distribution, gas-liquid system analysis.
(2015) mixing time System: Cylindrical flat bottomed vessel | mixing time Effect of bubbles on liquid mixing time is
analysis in stirred | with diameter 0.232 m and height 0.28 studied.
tanks m provided with four equally spaced Mixing quality is quantitatively related to
baffles. Rushton turbine, pitched blade the flow regime.
turbine upward pumping, Lightnin A310 ERT allows the analysis of gas-liquid
impeller used. Porous membrane used systems without limitation on gas loading.
for gas sparging
Mounsef et | The effect of Experimental Cell Aeration has been identified as a key
al. (2015) aeration conditions | Fluids: Air, water, CMB, LB broth concentration, factor for Bacillus thuringiensis growth

characterized by
kLa on
fermentation

kinetics of Bacillus

System: Stirred tank reactor with 2 L
volume,
Impeller agitation rates: 340-500 rpm

Aeration rate: 0.033-1 vvm.

spore
concentration,
maximum

specific oxygen

and is generally characterized by kia.
For reasonable values of the aeration rate,
the best toxin proteins productivity was

reached in the 6% CMB culture medium
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thuringiensis

uptake rate,

for kia of 65.5 h™! suggesting that k.a

kurstaki productivity could be used as a scale-up criterion for

its production.
Yang et al. | Gas-liquid Experimental and computational Flow field, gas Dislocated Rushton turbine (DRT) is
(2015) hydrodynamics in | Fluids: Air, water hold-up, power | superior than the standard Rushton
a vessel using dual | System: Cylindrical vessel with consumption, turbine (SRT) in gas-liquid mixing
dislocated- blade | elliptical bottom with diameter 0.21 m dissolved oxygen | operations. The DO performance of DRT
Rushton turbines | and four baffles, ring sparger, standard is higher than STR and the increase is up
and dislocated Rushton turbine used to 16% and gas hold-up is also higher by
Impeller agitation rates: 300-700 rpm around 18%. Moreover, the power-
Aeration rates: 0.4 and 0.6 m3/h. consumption of DRT is 5% lower than

SRT.

Azargoshasb | Experiments and Experimental and computational Velocity vectors, | Gas-liquid-solid flow was modeled using
etal. (2016) | three phase CFD- | Fluids: Air, water, LB broth. liquid velocity, Eulerian multiphase and k-¢ model.
PBE simulation of | System: Stirred tank bioreactor volume | gas volume Energy dissipation rate, gas holdup, flow

a stirred tank
bioreactor for high
cell density
cultivation
(HCDC)

5 L with baffles, Rushton, scaba and
paddle impellers and a ring sparger
used.

Impeller agitation rates: 50-1200 rpm,

Aeration rates: 1 vvm

fraction, gas
hold-up, air
volume fraction,
Sauter mean
diameter, energy

dissipation rate,

patterns, Sauter mean diameter and k.a

have been investigated for different
impeller types using multiple reference
frame (MRF) model.

Studied the

agitation rates.

influence of aeration and
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mass transfer
coefficient,
biomass and
glucose

concentrations

Scaba impeller results in higher kia, and

thus resulting in  higher biomass
concentrations.

Due to high consumption of substrate
around the impeller, the best feeding spot

IS in the vicinity of the impeller.

Sarkar et al. | Mixing of multi- Experimental and computational Turbulent kinetic | To understand mixing in a bioreactor, a
(2016) phase flow in a Fluids: Air, water energy multiphase  (Eulerian-Eulerian),  with
bioreactor using System: Cylindrical shaped bioreactor dissipation rate, | turbulent (k-€) CFD model integrated with
CFD-PBM with spherical bottom, a Rushton and gas velocity, gas | population balance model (PBM) has
two three- blade type propeller impeller, | volume fraction, | been used.
four baffles, a pipe type sparger bubble distribu- | Mixing plays a crucial role in scale-up.
containing circular holes. tion, Sauter Predicted size distribution of bubbles as a
Impeller agitation rates: 50-300 rpm mean diameter, | function of process parameters.
Aeration rates: 2-6 L/min. mass transfer
coefficient,
Wutz et al. | Predictability of Computational Flow field, Two different scales show similar flow
(2016) k.a in stirred tank | Fluids: Air, water turbulent behavior under turbulent dissipation.

reactors under
multiple operating

conditions using

System: Two stirred tank reactors with
volume 2.3 L with blade impeller with

four blades and a macro-sparger and 80

dissipation rate,
mass transfer

coefficient

Compared numerical predictions for k.a
with the experimental data for model
indicated that the

evaluation. Results
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an Euler -Lagrange

approach

L with blade impeller with six blades

and a ring sparger.

breakage does not play a major role in
small-scale bioreactor with simulated

bubble residence times of ~ 0.7 s.

Bach et al. | Evaluation of Experimental and computational Viscosity, CFD model developed captures mixing
(2017) mixing and mass Fluids: Air, water mixing time, and mass transfer mechanics.
transfer in a stirred | System: Tori spherical bottomed tracer response, | An indirect method for bubble sizes based
pilot scale cylindrical vessel with baffles, Impeller | bubble size, on experimental data is shown.
bioreactor using agitation rates: 150, 320 and 400 rpm mass transfer Mixing performance was simulated with
CFD Aeration rate: 96, 200 and 400 NL/min. | coefficient CFD and the results showed good
agreement with experimental data.
Zhang et al. | Power Experimental and computational Relative power | Solid particles found to influence power
(2017) consumption and Fluids: Air, water demand (RPD), | consumption and ki a in different ways.

mass transfer in
gas-liquid-solid
stirred tank reactor

System: Stirred tank reactor with
diameter 0.30 m and height 0.75 m, four
baffles with width 0.03 m, ring sparger
used,

Impeller agitation rates: 480-840 rpm,
Superficial gas velocity: 0.0039-0.039

m/s

mass transfer
coefficient,
power
consumption,
flow field

k,a in a three-phase system is smaller
than in a two-phase system.

Different optimal impeller combinations
found in two- and three-phase systems.
NPG and k.a correlations were regressed
different

for ~ five triple-impeller

combinations.
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Kaiser et al. | Power input Experimental Torque, power Power input in STBRs is an important
(2018) measurements in System: Flat bottomed cylindrical input, power scaling up parameter measured through
laboratory scale bioreactor (2L), number torque acting on impeller shaft during
bioreactors Impeller agitation rates: 1000-2000 rpm, rotation. Measurement of power inputs in
Aeration rate: 1-2 vvm benchtop scale bioreactors over a range of
turbulence conditions can be described by
the dimensionless Reynolds number.
Power-input of several multi- and single-
use  bioreactors is  provided by
dimensionless power number (Po), which
is found to be in the range of Po = 0.3 to
Po = 4.5 at maximum Reynolds number.
Li et al. | Hydrodynamics, Experimental and computational Mass transfer A novel microbubble-based stirred tank
(2018) mass transfer and | Fluids: Air, water, carboxyl methyl coefficient, bioreactor (MSTBR) sintered porous
cell growth cellulose (CMC) solution power metal plate (SPMP) impeller was
characteristics in a | System: Stirred tank bioreactor with consumption, developed.

novel microbubble
stirred bioreactor
with porous metal
plate as impeller

and gas sparger

elephant ear impeller down pumping,
Impeller agitation rate: 0-500 rpm,

Aeration rate; 0-2 vvm

mixing time,

The MSTBR showed increased kia and
gas hold-up.

The MSTBR reduced mixing energy
and ARA

consumption improved

(arachidonic acid) production.
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Table 2.2 Biochemical applications of stirred tank bioreactors

Bioproduct Biocatalyst Reference

Exopolysaccharide | Enterobacter cloacae WD7 (Bandaiphet and Prasertsan, 2006)
Gluconic acid Aspergillus niger (Elqgotbi et al., 2013)

Cellulase Trichoderma reesei (Gabelle et al., 2012)

Fumaric acid Rhizopus arrhizus RH 7-13-9 # (Liu etal., 2017)

Biosurfactant Aureobaisdium pullulans (Pereiraet al., 2017)
B-glucosidase Aspergillus niger (Abdella et al., 2016)

Xylanase Aspergillus awamori (Siedenberg et al., 1997)

Mostly, the research concerning stirred tank bioreactors focused on the following: gas hold-up
studies (Yawalkar et al., 2002; Lee & Dudukovic, 2014; Montante & Paglianti, 2015; Tervasméki
et al., 2016), bubble size distribution (BSD) (Laakkonen et al., 2005; Kerdouss et al., 2006;
Azargoshasb et al., 2015), mass transfer and mixing studies (Kerdouss et al., 2008; Gimbun et al.,
2009; Zadghaffari et al., 2009; Delafosse et al., 2014; Ascanio, 2015; Sarkar et al., 2016;
Tervasméki et al., 2016), power consumption (Bouaifi & Roustan, 2001; Taghavi et al., 2011; Xie
et al., 2014; Zhang et al., 2017), flow regime investigation (Mavros, 2001; Montante et al., 2013;
Lee & Dudukovic, 2014; Lamotte et al., 2018), and computational fluid dynamic studies
(Dhanasekharan et al., 2005; Deglon & Meyer, 2006; Kerdouss et al., 2006; Kerdouss et al., 2008;
Wang et al. 2014; Azargoshasb et al., 2015). The effect of the tank dimensions and different tank
geometries, internals design (impellers, aeration systems, baffles, etc.), the effect of the agitation
rate and superficial gas velocity, rheology of the cell culture broth are commonly encountered in
these studies. Several experimental studies have already been carried out towards the
quantification of the effects of the operating conditions, stirred tank bioreactor dimensions and
design of other internals such as agitator, sparger, etc. on the performance of the stirred tank
reactors. Even though with several research studies existing in the literature, stirred tank
bioreactors have not been fully understood yet as most of these studies deal with the smaller
reactors, however, very few studies have been performed on larger sized industrial reactors. The
addition of a second phase (gas) also causes considerable difficulties due to the complex nature of

phase interactions.
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2.4 STIRRED TANK BIOREACTORS: CONCEPTS

The various published studies have mostly focused on the fluid dynamics and regime analysis and
characteristic parameters, especially gas hold-up, bubble characteristics, mixing time, power
consumption and mass transfer coefficient. In this section, together with these concepts, the effects

of superficial gas velocity, gas hold-up, gas distributor (sparger) design used are presented.

2.4.1 Fluid Dynamics and Regime Analysis

The fluid dynamic characterization has a significant impact on the operation and performance of
STBRs. It is generally observed that, the experimental results depend on the flow regime inside the
reactor. With only a single phase inside the reactor, the fluid flow is quite simple and easy to
predict in the reactor and governed by the agitator. Once aeration (gas phase) is introduced, the
flow field by the impellers is affected, thus complicating the system hydrodynamics. The flow
regimes are generally divided into homogeneous and heterogeneous. In bubble columns, these flow
regimes have also been observed. The flow field is considered homogeneous, if it is governed by
mixing, while it is considered heterogeneous, if gas flow dictates the flow field. The large scale
reactors are generally operated in the later regime. The term impeller flooding is governed by the
flow regime transition, i.e. from homogeneous to heterogeneous. It is considered as an undesirable
condition in which there is no proper gas dispersion. It is a function of agitation rate and aeration
rate. When the flooding occurs inside the reactor, the gas distribution is not proper and efficient
over the whole vessel, leading to the creation of dead zones and thus affecting the mass transfer.
However, the flow regime transition is not the same as flooding transition. The beginning of
heterogeneous flow regime may even take place at high agitation and aeration rates, when the
impeller is not flooded. On the contrary, flooding may lead to a heterogeneous regime even at
relatively low air flow rates. The onset of the flooding can be estimated by the correlation of the

Froude number with the ratio of the impeller to tank radius or by a mechanistic model.

The flow regimes in stirred tank bioreactors are also differentiated according to the impeller
Reynolds number inside the reactor. Three flow regimes are commonly encountered in stirred tank
bioreactors, i.e. laminar, transitional and turbulent flow regimes. The laminar flow regime is
obtained at a Reynolds number less than 10 and characterized by bubbles of relatively uniform
sizes and rise velocities and gentle mixing inside the reactor. There seems to be no bubble

coalescence or break-up in this regime and is governed by sparger design and other system
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properties. The turbulent flow regime is observed at Reynolds numbers greater than 10000 in
stirred tank bioreactors. This flow regime is characterized by the chaotic form of the homogeneous
gas-liquid system due to enhanced turbulence of gas bubbles and liquid recirculation and thus
results in unsteady flow patterns and large bubbles with short residence times. It is also sometimes
referred to as coalesced bubble flow regime, owing to the varied bubble sizes. This flow regime is

frequently observed in industrial-size, large diameter reactors.

The transition from the laminar to turbulent flow and the investigation of the transition regime
are quite important. With transition taking place, the hydrodynamics of system significantly
changes. There exists an onset of liquid circulation in the reactor depending on the agitation
system, as a result more gas entry takes place inside the reactor leading to higher gas hold-ups and
improved mixing. Most industrial reactors are operated under turbulent conditions. Thus, their
flow is characterized by the structures of various time and length scales, whose effects on physical

phenomena such as mixing and mass transfer potentially depend on the reactor scale.

Apart from the type of impeller used and for gas flow rate entering the reactor, different flow
regimes can be observed when the agitation speed is increased. Considering a standard reactor
provided with baffles and a central Rushton impeller, there exist various flow regimes depending
on the major bubble trajectories as shown in Figure 2.2. However, the literature has reported only
three regimes i.e. flooding, loading and fully recirculated described using two dimensionless

numbers, i.e. Flow number [FI] and the Froude number [Fr] as defined below:

_ %
1= NDiS (21)
N’D.
E = : 2.2
e (2.2)

where Qg represents the gas flow rate entering the reactor, N, impeller agitation rate, Di, the
impeller diameter, and g, gravitational constant. As the Fr increases the Fl decreases, i.e., by
increasing impeller agitation rate, the flow regime transitions from a less to a more dispersed state.

The complete flow regime map for air-water system is shown in Figure 2.3.
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Figure 2.2. Flow regime transition from flooding to loading to the fully recirculated regime.

(Source: Lee and Dudukovic, 2014)
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Figure 2.3. Flow regime map for a standard fully baffled air—water stirred tank reactor (Source:

Lee and Dudukovic, 2014)
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In Figure 2.3, VC, S33, L33 and RC refers to vortex clinging structure, small “3-3” structure, the
large “3-3” structure, and ragged cavities, respectively. Further, from Figure 2.3 it can be seen that
the cavity structures are related with each flow regime behind the impeller blades (Tatterson, 1991,
Bombac et al., 1997). The two transition lines from flooding to loading and loading to fully
recirculated regimes are determined by observing at which operating conditions dominant bubble
trajectories changes, which is also confirmed by predicting the cavity structures. In dimensionless

form it is represented as:
Flooding to loading regime transition= FI_ =30F, (-%))’3'5 (2.3)
Loading to recirculated regime transition=Fl :13Fr2(TA))’5 (2.4)

From the last few years, owing to increasing computational power, there are several computational
fluid dynamic (CFD) models readily available, and thus the demand for reliable experimental
techniques for flow regime identification has increased considerably. As concluded by, even
detailed results obtained using CFD models need experimental validation, because of several
assumptions and closure models used in CFD. Although much success in modeling stirred tank
bioreactors has been reported, however, the results are not verified at varying operating conditions.
Thus, it remains to be seen whether such models can be used over a range of operating conditions
needs to be verified, mostly in loading and fully recirculated regimes since most processes are
carried out in this regime and also near transition lines, where local flow properties are difficult to
report.

2.4.2 Gas Hold-up

It is a key dimensionless parameter for designing the STBRs characterizing transport phenomena
and also directly affects the mass transfer. It is one of the most indispensable hydrodynamic
characteristic needed for performance estimation, design and scale-up of reactors. Therefore, it is
one of the most widely studied parameters reported in the literature on STBRs (Veera et al., 2001,
Yawalkar et al., 2002; Tervasmaki et al., 2016;). It is defined as how much of the gas phase is
occupied by the gas bubbles expressed in terms of its volume fraction. The liquid and solid
holdups are also defined in the similar way. However, most of the studies report gas hold-up,
owing to its important role in design and analysis of STBRs. Several correlations have been
developed over a period of time that relate the overall gas holdup to the operating conditions
(Akita and Yoshida, 1974; Fan et al., 1987; Jiang et al., 1995). The overall gas hold-up is strongly

affected by the gas and liquid properties, their superficial velocities, presence of solid particles
40



(size, density and loading), gas distributor design, reactor internals (number of baffles, cooling
coils, etc.) and power input. Most of the existing correlations available in the literature predict only
an average or overall hold-up. Moreover, these correlations have been developed for air-water or
other similar systems and hence their predictive capability for industrial scale operations is limited.
Greaves and Barigou (1990), Rewatkar et al. (1993), Yawalkar et al. (2002) have summarized the
work done by several researchers on the gas hold-up in STBRs. The correlations proposed can be
broadly classified into two main categories: 1) based on dimensionless groups i.e., Fr, Fl, D/T
ratio, etc., and 2) based on Kolmogoroff’s theory on power dissipation. In the earlier days, the
research was mostly based on small scale reactors. Thus, gas hold-up prediction from correlations
based on smaller diameter reactors show wide deviation from actual hold-up in larger diameter
reactors. The disagreement has been attributed to dependency of gas hold-up on a particular flow
regime for operating conditions and specific geometric configuration.

To design reactors on a rational basis, it would be highly desirable to know the local values of
the fractional gas hold-up and how this change with the operating conditions. Having this
information, the local rates of heat and mass transfer can be estimated and the local bubble size can
be predicted and successively the overall performance can be estimated. Limited research studies
have been carried out for the local fractional gas hold-up in two/three phase STBRs, however,
there have been many attempts to measure the bubble size distribution (BSD), specific interfacial
area and overall average hold-up. Few attempts have been made to model the local gas hold-up
profiles mathematically. Ranade et al. (1994) and Ranade and Deshpande (1999), have used
numerical models to predict the gas hold-up distribution, however, these models have been found
to be computationally intensive. Recently, Montante et al. (2015) used the electrical resistance
tomography (ERT) to study the gas-liquid dispersion in STRs. The main aim of their study was to
give a detailed information on spatial distribution of the gas phase and on the effect of the bubbles
on the liquid homogenization dynamics. This experimental technique has been used to overcome
the typical limitations of optical methods so as to gain insight into complex behavior of sparged
stirred tanks as there is no restriction on upper gas hold-up value, and has been of interest for

several chemical and biochemical processes.
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2.4.3 Gas Sparger

Gas sparger type plays an important role in dictating the bubble characteristics and thus affects gas
hold-up, which in turn may alter several other parameters characterizing STRs. Small orifice
diameter plates result in formation of smaller bubbles. Various common type spargers used in
STRs are ring sparger, nozzle sparger, porous sparger, pipe sparger, macro and micro spargers
(Kerdouss et al., 2008; Petitti et al., 2013; Montante and Paglianti, 2015; Wutz et al., 2016).
However, ring sparger is most widely used. Bouaifi et al. (2001) found that with smaller gas
bubbles, the higher gas hold-up is attained and concluded that small orifice gas distributors result
in higher gas hold-up. Luo et al. (1999) reported that gas hold-up strongly depends on the type of

the gas sparger.

2.4.4 Superficial Gas Velocity

It is the average velocity of the gas sparged into the reactor being expressed as volumetric flow
rate divided by overall cross-sectional area of reactor (Xu et al., 2017). It is a very important
parameter to be calculated for considering the hydrodynamics of the stirred tank reactor. It has
been observed that gas hold-up in stirred tank reactors mainly depends on superficial gas velocity

and it increases with superficial velocity. In equation form, it is expressed as:

Q
VSQZKg (25)
4Qg
\ima= 2.6
5= 0P (26)

where Qq is the gas flow rate (m®/s) entering the reactor and A is the cross sectional area (m?) of

the reactor, and Dy is the vessel diameter (m).

2.4.5 Theoretical Mass Transfer Coefficient Determination

Apart from the experimental determination of the volumetric mass transfer coefficient as described
above, several empirical correlations have been developed by various researchers which take into
account the various parameters affecting mass transfer inside the STBRs. As reported in literature,
k.a has been correlated either by using dimensionless groups or energy input criterion using
Kolmogoroff’s theory. Correlations employing dimensionless groups are of the form kia=f (Fr,
Flg, D/T, etc.), while correlations using energy input criterion are in the form k.a=f (P/VL) * (usg)®.

Tables 2.3-2.5 show the brief summary of existing correlations.
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Table 2.3 Mass transfer coefficient correlations for stirred tank bioreactors

Investigator

Correlation

Parameters

Van’t Riet (1979)

Van’t Riet (1979)

Montes et al. (1999)

Vilaca et al. (2000)

Lineck et al. (2004)

Smith et al. (1977)

Zhu et al. (2001)

Kapic & Heindel (2006)

Moucha et al. (2003)

P
k.a=0.026(_)°"(u,,)"*
L

(Air-Water System)

P
k.a=0002(:1)°"(u,,)"

(lonic System)

P
k.a=3.2x10" (79)0.35 (g )
(Yeast Broths System)

k 3Py oss e
La:6.76><10 (V) (usg)
(Air-water-sulfite solution)

Pg 0.699 0581
kia= 0.0l(v) (ug,)

(Air-water system)

P
k.a= O.Ol(vg)o'475 (ug)*

(Air-water system)

P
k.a= 0.031(Vg)°'4 (ugy)"®

(Air-water system)
Pg 0.47 0.6
kLa=O.04(V) (ugy)
(Air-water system)
k a=1.0813 1073 Ptot 119 0.549
La_ ' x (7) (usg)
L

(Air-water system)
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500W/m3<Power/V <10,000
W/m?d, 2 L<V,<2,600 L,
(Applicable for various types of
impellers, vessel diameter and
impeller diameter)

500 W/m3<Power/V<10,000
W/m3, 2 L<V,<2,600 L
(Applicable for various types of
impellers, vessel diameter and
impeller diameter)

Volume of vessels=2L, 5L and
15L

Vessel diameter, dr=0.21 m,
Impeller type= Rushton turbine,
di/dr=0.4

Vessel diameter, dr=0.29 m,
Impeller type= Rushton turbine,
di/dr=0.33

Vessel diameter, dr=0.61-1.83 m,
Impeller type= Disc turbine,
di/dr=0.33-0.5

Vessel diameter, dr=0.39 m,
Impeller type= Disc turbine,
di/dy=0.33

Stirred tank reactor, Rushton
impeller

Stirred tank reactor, Rushton
impeller



=)
kia= 0.00067(Vg)0‘6 (usg )08 (’UL)ﬂm

Garcia-Ochoa & Gomez k a=0.00172(N)2(u_ ) (1 )&

(Air-water system)

kia= 3.35(NN~)1'464 (Uy)
Yawalkar et al. (2002) cd

(Air-water system)

P
k.a=138x107(7)"*(u,,)"*

(Single impeller (DT) and Air-water
system)

P
k.a=1.36x10" (7‘5‘)0'61 (uy )™

(Dual impeller (DT-PTD) and Air-water
system)

P
k8 =1.9x10" (1" (u,)"**

(Triple impeller(DT-PTD-PTD) and Air-
water system)

; P
Puthli et al. (2005) ka= 9.75x10 (Vg)o.es (usg Jose

(for 0.25% (w/v) CMC (Carboxymethyl
cellulose)

R

k.a=9.35x10 5(V9)0.66 (U, o5
(for 0.375% (w/v) CMC)
P

k,a=2.16 x107® (Vg)o-36 (usg )0.56

(for 0.5% (w/v) CMC)

P
kLa =1.3x107 (_9)0.57 (usg )0,54 (ﬁ),o&
v 1,

Stirred tank reactor

Stirred tank reactor, Rushton
impeller

Stirred tank bioreactor, DT(Disc
turbine) PBT (Pitched blade
turbine down-flow), Different
concentrations of CMC
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Table 2.4 Dimensionless correlations for prediction of kia in stirred tank reactors for Newtonian

fluids

Investigator

Correlation (range of parameters)

Perez et al. kLaT2 _ 21_2_(M)1.11_( Hy )o.sl(vng )0.45_(&)0.69
(1974) D, 7 pD, ]
2 2 Vv 2
Yagi et al. k.aT —0.06.( Ha )o.sl(T Np)l.s.(/la sg )0'6.(N T)O.lgl(M)o,sz
(1975) L PYL Hy o Vg

(vsg=0.381 m/s; N= 300 and 400 rpm)

k aD? NT? W .. NT?
L~ 0.368.(2 ; i )05 (Enypes & yoss7
Nishikawa et al. - r
(1981) (M)o.m ( 025 K/ 075
ng D 3T5
k aT? N2 4 N2T3
LD 28.38.(’0 ; )2’3 ( Nl o) )1/3 (p )043
Costa et al. L L.
213
Lot {1+1.5.10-3.(p i )}_( Tyee
o ng D
2 2 213
Albal et al kLaT :14110—3( /’la )OS(T Np)067(pN T )1_29
(1983) - ! " 5
(N=800 to 1200 rpm)
0.62
F% 1377023
v V Qv
Schluter et k,a(—)"=C e [V(_ZJ }
al.(1992) 9 p(vg*) g

(C=7.94 (for Rushton turbines) and 5.89 (for intermig impellers) 0.5 <P/V| <
16 kwW/m?®; 0.0038 < qe/VL <0.027 s™)
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Table 2.5 Dimensionless correlations for prediction of k.a in stirred tank reactors for non-
Newtonian fluids

Investigator Correlation (range of parameters)

i . , , 0.32
Yagi et al. (1975) kLaTZ 008 (pNszlS {NZT ]019 ( “ )os M
DL Ha g pDL usg

(”—ugj | [1e20N) ]

(o}
(vsg=0.381 m/s; N= 300 and 400 rpm)
Hocker et al. (1981) 059
-0.3
%2V _0.105. h ( He j
D

2/3 )
Q Qplig/u%p:'
Nishikawa et al. (1981) k aD?
L

2N 15 05 i 05 IN? 037
D, Ha pD, o g
0.17 2 08
o .(9) [ lds [rr2anyeT™
v T ) IN°T®p

RY

il

n-1 05

T'p+PIV || (gD)” oD,
0.42
D2 066 0?2 ! 04577
[g pj o L ,{1+0.18(/1d—b }
o n-
{k(Cusg) } b
Garcia-Ochoa and B 2nr2 \23 ke 23
Gomez (1998) KT om N IT | NT | N L
D, kK" U, o

2 2 g 2—3
k.aT =0.022-[pNT J NT {pN T J
D, M, U, o

(usg=0.002 m/s; Her=0.008 to 0.03 Pa.s)
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2.5 SUMMARY

A detailed literature on stirred tank bioreactors covering the various aspects such as
hydrodynamics, mass transfer, power consumption, mixing, scale-up, fluid dynamics and regime
analysis has been discussed. Mostly the focus is on the stirred tank bioreactors equipped with
agitation system and other internals for specific applications to understand their hydrodynamics
and mass transfer. Stirred tank reactors are widely used in various industrial applications such as
chemical, biochemical, pharmaceutical, metallurgical areas, etc. and thus understanding the
hydrodynamics and mass transfer in such reactors is very essential for their successful operation.
Mass transfer characterization is an essential aspect in stirred tank reactors being particularly used
for cell culture and other similar applications. Even though several experimental studies have
already been carried out, yet the understanding of stirred tank reactors is not complete as most of
these studies have been carried out on smaller reactors, which cannot be directly applied to larger
reactors. The addition of second phase (gas) is also challenging to understand the hydrodynamics
of such a complex system involving interaction between the gas and liquid phase. The flow regime
characterization has a significant effect on the operation and performance of STR’s. Several
correlations used for the estimation of volumetric mass transfer coefficient such as power-law,
dimensionless correlations developed by several researchers have also been reported in this
chapter. Apart from the experimental studies on stirred tank reactors, computational fluid dynamics
(CFD) has also been used for studying the hydrodynamics, mixing and mass transfer in stirred tank

reactors and few studies have been discussed.
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CHAPTER 3

MATERIALS AND METHODS

3.1 GENERAL

In this chapter, experimental details including stirred tank bioreactors used, design and fabrication
of impellers using 3-D printing, method used for the experimental determination of k.a,
preparation of solid and liquid LB medium for Escherichia coli BL21, preparation of inoculum
have been explained. Rheological characterization for studying the flow behavior of E. coli BL21
has also been reported. A detailed discussion about experimental design using response surface
methodology (RSM) has also been included in this chapter.

3.2EXPERIMENTAL DETAILS

3.2.1. Stirred Tank Bioreactors
3.2.1.1 Stirred Tank Bioreactors with Single Impeller
The experiments were conducted in bioreactors of different volumes, i.e. 7.5 L, 5L and 1 L with
an operating working volume as 5 L, 3 L and 0.75 L, respectively. The schematic diagram and
experimental setups of stirred tank reactors used are shown in Figures 3.1 and 3.2 (a-c),
respectively. The bioreactors were typically cylindrical glass reactors with dished bottoms and
equipped with heater and chiller for maintaining temperature inside the reactor vessel. For creating
enough mixing inside the bioreactors, the impeller to tank diameter ratio was maintained greater
than 1/3. The bioreactor dimensions are given in detail in Table 3.1. All the reactors had aspect
ratio (H/D) greater than one. The bioreactors are typically baffled to promote effective mixing and
prevent vortex formation and all the bioreactors in this study were provided with four baffles. The
gas is supplied through a ring sparger with drilled holes. A dissolved oxygen (DO) probe with built
in temperature probe was used to measure dissolved oxygen concentration and temperature
simultaneously. The different impellers such as Rushton turbine, pitched blade turbine, marine
propeller and their different configurations were used during the experimental study.
3.2.1.2 Stirred Tank Bioreactors with Dual and Mixed Impellers
Experiments were conducted in a 7.5 L STBR with an operating working volume of 5 L. Distilled
water was used as the liquid inside the reactor. The reactor was consisting of a heating coil and a
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chiller for maintaining temperature. The dual Rushton and mixed impeller (Rushton+ marine
propeller) configurations were used separately to agitate the fluid mixture. For creating enough
fluid mixing inside the STRs, the impeller to the reactor diameter ratio was maintained greater than
1/3 (Taskin-Ozcan and Wei, 2003; Liu, 2011). The baffles have been used to promote effective
mixing and prevent vortex formation. The gas is supplied through a ring sparger with 6 holes of 1
mm diameter. A dissolved oxygen (DO) probe with built in temperature probe was used to
measure dissolved oxygen concentration and temperature simultaneously. The schematic diagrams
of the Rushton and marine propeller impellers used for mixed impeller (Rushton + marine
propeller) and dual Rushton turbine configurations in the stirred tank bioreactor, as shown in
Figure 3.3. Table 3.1 shows the specifications of the reactor used in this study along with impeller
details. The specific power input (P/VL) was measured for these different impeller configurations

using the power meter.
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1. Gas cylinder 4. Air sparger 7. DO & temperature probe
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Figure 3.1 Schematic diagram of stirred tank bioreactor
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Figure 3.2c Experimental Setup of 1 L Stirred Tank Bioreactor
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Figure 3.3 a) Mixed impeller and Dual Rushton configuration stirred tank bioreactor, and b) i)
Rushton turbine and b) marine propeller.
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3.2.2 Design and Fabrication of Impellers Using 3-D Printing Technology

All the impellers used in | L reactor in this study have been fabricated using 3-D printing
technology (Ultimaker 2 Extended), where poly-lactic acid (PLA) was used as a fabricating
material. The diameter of the impeller was constant at 5 cm in order to keep the diameter ratio of
impeller to tank greater than 1/3. In general, if this ratio is less than 1/3, then it is most likely that
the impeller is not able to generate enough flow inside the stirred tank to mix the different
elements thoroughly (Ozcan-Taskin and Wei, 2003; Liu, 2011). The impeller printed using 3-D
printing is cost-effective as compared to the stainless steel impellers generally used in stirred tank
bioreactors. Figure 3.4 shows the dimensions of Rushton and pitched blade turbines used in the

present study along with their designs.

50cm

5.03cm

5.03 cm 287 cm
287 cm

B

wo g

(@) (b) (c)

Figure 3.4. Actual pictures and dimensions of (a) Rushton turbine, (b) pitched blade turbine and (c)
dislocated Rushton turbine
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Table 3.1 Characteristics of the 7.5, 5 and 1 L stirred tank bioreactors

Description Unit Value
75L 5L 1L
Body of the vessel - Glass (dished bottom) Glass (dished bottom) Glass (dished bottom)
Diameter of the reactor (D) m 0.18 0.15 0.1
Reactor height (Hy) m 0.28 0.23 0.17
Aspect ratio (H:Dy) - 1.6:1 1.53:1 1.7:1
Height of shaft m 0.25 0.255 0.24
Total reactor volume L 7.5 5 1
Operating (working) volume L 5 3 0.75
Number of baffles - 4 4 4
Baffle width m 0.018 0.015 0.01
Impeller types - RT, MP RT, PBT RT, PBT
Rushton turbine (RT) diameter m 0.06 0.059 0.0505
Pitched blade turbine (PBT) diameter m - 0.069 0.0505
Marine propeller (MP) diameter m 0.10 - -

Sparger type

Ring sparger Ring sparger Ring sparger
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3.2.3 Preparation of Cell Culture

The E. coli strain BL21 was cultured in LB (Lysogeny broth) liquid medium prepared by mixing
sodium chloride (10 g/L), tryptone (10 g/L), and yeast extract (5 g/L) in deionized water.
Similarly, solid LB medium was also prepared by mixing sodium chloride (10 g/L), tryptone (10
g/L), yeast extract (5 g/L), and agar (15 g/L) in deionized water. Both media were autoclaved at
121 °C and 15 psi for 20 minutes. The liquid medium was directly used in the reactor while the
solid medium for preparing agar plates to grow the E. coli BL21, which can further be used to
prepare the inoculum. An E. coli stock was prepared by streaking a fresh solid medium LB plate
with an E. coli colony and then incubating at 37°C for overnight. As soon as the individual
colonies were visible on the plate, it was stored in a refrigerator for reproduction. The inoculum is
a suspension containing the living cells used to initiate the growth inside the stirred tank. An
individual colony from a stock LB agar plate was added to liquid medium and then incubated at
37°C by adding antibiotic inside a shaker by maintaining a shaker speed of 200 rpm for
approximately 12 hours. The inoculation ratio was maintained constant at 1% (v/v) during all the

experimental runs.

3.2.4 Rheological Measurements

The flow and mixing characteristics of particulate suspensions have since long been the subject of
academic interest. Particulate suspensions generally occur in industries such as food processing,
polymer manufacturing, and pharmaceuticals, etc. Rheological characterization of such
suspensions is often conducted to better understand their complex properties (Apostolidis and
Beris, 2016). To understand the rheology of cell suspensions is especially important, because the
cells in the culture can be extremely sensitive to shear and it is also important to design, develop
and scaling-up such cell-culture processes. Submerged cultures of several organisms are widely
used to produce several economically important bio products and one of the ways to increase their
yields is to increase their concentration before production (Oolman et al., 1986; Gibbs et al., 2000;
Nevalainen et al., 2005). Sometimes these cells in suspension form have viscous nature and may
behave in a non-Newtonian manner, due to the interaction between them (Olsvik and Kristiansen,
1994). Rheology affects transport properties which lead to poor oxygen transfer making it difficult
to achieve better mixing and aerated suspensions. Due to economic reasons, a high biomass
concentration is needed to produce desired amount of bioproduts. However, at high concentrations

of biomass, the media inside the reactor may become shear-thickening and this increase in
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viscosity creates limitations on mixing and mass transfer (Patel and Thibault, 2009) and thereby
affecting efficiency of entire process. The logical step to overcome such limitations on oxygen
transfer would be overcome by increasing the agitation speed or aeration rate. However, both
would lead to an increase in investment and operating costs. In addition, it can create foaming and
shear problems (Lejeune and Baron, 1995; Ahamed and Vermette, 2010;). It therefore appears
from the literature that mass transfer in such systems is closely related to both the rheology and
also biomass concentration and thus studying the rheology during such processes is very important
for their successful operation.

Before conducting experiments for characterizing rheological properties of the liquid
medium, the whole reactor vessel along with other accessories was sterilized inside an-autoclave at
121°C and 15 psi for 20 minutes. After the sterilization, the reactor was taken out of the autoclave,
and then the reactor was filled with prepared LB medium and inoculated with the E. coli BL21 to
start the culture. A small amount of the liquid medium sample was collected at specific time
intervals, and the rheological tests were performed using a controlled stress rheometer (AR2000
from TA Instruments). For accurate and uniform shear rate measurement, a plate and plate
geometry was used. All the rheological tests were carried out at 25°C and the shear rate was varied
from 100 to 3000 1/s. The viscosity and shear rate with varying shear stress were determined for

all the samples collected at different time intervals.

3.3 MEASUREMENT OF VOLUMETRIC MASS TRANSFER COEFFICIENT, kLa

The volumetric mass transfer was determined initially in the absence of cells inside the bioreactors.
Since it has been reported that kia is a strong function of agitation rate, aeration rate, impeller
types and configurations, following parameters were used for characterizing the mass transfer in
the stirred tank bioreactors: agitation speed, aeration rate, impeller diameter, liquid volume inside
the reactor, liquid medium viscosity, different impeller types (single and dual Rushton, pitched

blade, marine propeller, dislocated Rushton) and their different configurations.

The most widely used physical method for the measurement of k.a, i.e. dynamic gassing-out-
gassing-in method, has been used in this study. In this method, the bioreactors were filled with the
distilled water up to the level according to the operating volume used. First, the dissolved oxygen
probe (VisiFerm DO Sensor, Hamilton) with built-in temperature sensor was calibrated between 0
and 100%. Once the calibration was over, the k.a measurement was started. The k.a was measured

by deaerating the reactor vessel by sparging with inert gas (nitrogen used) until oxygen dissolved
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in the liquid medium reached zero (Kerdouss et al., 2008). To determine kia, the dissolved oxygen

mass balance inside the reactor was established using Eq. 3.1:

—=ka(C -C
L=ka(c'-c)

where, C* and C_ represent the concentration of dissolved oxygen in the liquid phase at saturation

(3.1)

and time t, respectively. The saturation concentration is given by Henry’s law as:

P, = HC (3.2)
Equation (3.1) can be further integrated for time varying from t; to t> as follows:
C —G 3.3)
In 2 |=—k a(t, -t
(C* —Cl j L ( 2 l)

Finally, experimental k.a can be obtained from the slope in Eq. (3.3). However, k.a can also be
determined for dissolved oxygen (DO) values from 20% and 80% by the following equation
(Ashley et al., 1991; Isailovic et al., 2015):

k,a=In DO* 2. L 1 (3.4)
DO — DOy, | (tgo —t20)

where DO is a saturation value, DOz and DOgo are 20% and 80% of DO, respectively and tzo and

tgo are the corresponding times at which DO2g and DOsgo are achieved.

3.4 DESIGN OF EXPERIMENTS USING RESPONSE SURFACE METHODOLOGY

Response surface methodology (RSM) is a mathematical and statistical tool, which defines the
relationship between the response and independent variables. RSM, with polynomial models,
reduces the number of experimental runs, when compared to conventional models RSM is a set of
mathematical and statistical techniques quite useful for the multiple regression analysis, empirical
model development and analysis of data involving multiple parameters, with response influenced
by several variables (Myers et al., 2009). It was first proposed by Box and collaborators (Bezerra
et al., 2008) in 1950s. Box-Behnken (BBD) and Central Composite (CCD) designs are mostly used
response surface designs for optimization and correlation development. BBD is less expensive in
experimentation than CCD since it includes lesser data points, however, both designs can
accommodate second order terms. Further, it is a class of rotatable or nearly rotatable second-

order-design based on a three-level incomplete factorial design (Box and Behnken, 1960).
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It has been extensively used in number of applications, such as waste-water treatment (Kumar et
al., 2007; Kumar et al., 2008), pharmaceutical drug delivery (Mujtaba et al., 2014), isomerization
process for upgradation of catalytic fuels (Adzamic et al., 2013), fixed bed reactor performance
optimization (Eppinger et al., 2014), optimized design of divided wall distillation columns (Sangal
et al., 2012), emulsion process characterization and optimization (Kundu et al., 2015),
optimization of enzymatic hydrogen peroxide production in a CSTR (Aghbolaghy and Karimi,
2014), supercritical extraction (Rai et al., 2016), etc. for process optimization and to identify
significant process and geometrical parameters, which influence the response. RSM has two major
advantages: 1) a relationship can be developed between independent operating parameters and a
measured response, which can be further used to predict the response for other values of operating
variables, and 2) determination of the significant and optimized conditions of the operating
parameters for an optimum response over a predefined range of operating conditions. It reduces the
experimental effort needed to assess performance in industrial devices. In such processes, a
number of input variables are influence performance measures, known as the response. Design of
experiments by RSM allows optimization of a response (output variable) influenced by
independent variables (input variables) effectively by reducing the experimental efforts
(Aghbolaghy and Karimi, 2014; Myers et al., 2009).

By developing a second order polynomial model (Eq. 3.5), the number of experimental runs were
significantly reduced by BBD combined with RSM, which permits (a) estimation of the parameters
of the quadratic model, (b) building of sequential design, (c) determination of the lack of fit of the

model, and (d) use of blocks (Ferreira et al., 2007). It is basically a spherical design with all points
lying on a sphere of radius~/2 , and no points at the vertices of the cubic region created by the
upper and lower limits of each variable (Ferreira et al., 2007). The second order polynomial
demonstrates the rapport between independent variables (e.g. impeller agitation rate, air flow rate,
impeller spacing, and temperature in the present study) and dependent variable (e.g., the
volumetric mass transfer coefficient and power input per unit volume). The following second order
polynomial response equation has been used in the present work to correlate the dependent and
independent variables:

Y =b,+ 3 bx + b+ > S b xx, @5)
i=1 i=1

j>i i=1
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where, Y is the response, x; and x; are the coded experimental levels of the independent variables i
and j, respectively, bo is constant, bj is the influence of variable on the response (regression
coefficient for linear effect), bii is the parameter that defines the shape of the curve (regression
coefficient for quadratic effect), and bj; is the effect of the interaction between the variables i and j
(regression coefficient for the interaction effect). The accuracy and ability of above polynomial

model could be evaluated by the coefficient of determination (R?) and F-test.

In the present work, three factors (independent variables) with three levels of BBD levels were
used for the analysis of design of experiments. As shown in Tables 3.2 and 3.3, the levels of
factors chosen were represented as xi, X2, and x3 and were prescribed into three levels coded as -1,

0 and 1 for low, central (or middle point), and high values, respectively.

Table 3.2 Experimental values and coded levels of the independent variables

Independent Variables Code Units Coded Levels
-1 0 1
Impeller agitation rate (rpm) X1 50 425 800
Air flow rate (L/min) X2 0.5 2.0 3.5
Temperature (°C) X3 10 25 40

Table 3.3 Coded levels of the independent parameters and their experimental values

Independent Variables Code Units Coded Levels
-1 0 1
Stirring rate (rpm) X1 100 350 600
Aeration rate (vvm) X2 0.2 1.3 2.4
Impeller spacing (cm) X3 4 6 8

The number of experimental runs (N) to be performed for the development of the RSM-BBD
model is defined as N=2n(n-1) +Nc, where n is the number of factors and Nc is the number of the
central points of each factor (n= Nc = 3). Hence, a total of 15 experiments have to be performed for
each impeller configuration (single and dual Rushton, pitched blade, and mixed turbines (Rushton
+ pitched blade and Rushton + marine propeller)). The central point is the parameter value
between the lower and higher limit of each factor. Table 3.4a shows BBD experimental matrix
with coded values for different impeller configurations. It is clearly seen that the experimental runs
were randomized to reduce the potential for bias. It is also noteworthy that RSM requires reduced
number of experimental runs as compared with traditional design of experiments, which can save

both time and cost. Table 3.4 also shows the experimental and predicted response values of k.a
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(Table 3.4b). Table 3.5-3.6 shows BBD experimental matrix for k,a and P/V for Rushton-Rushton
and Rushton-Marine propeller configurations. The experimental design matrix, data analysis, and
optimization procedure were performed using the JMP® statistical software package and Design

Expert.
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Table 3.4 (a) Box-Behnken Design matrix and (b) corresponding experimental and predicted
response values of k.a for different impeller configurations

(a)
Single Rushton Dual Rushton Pitched blade Mixed

Run | xi X2 X3 X1 X2 X3 X1 X2 X3 X1 X2 X3
1 0 0 0 1 0 1 1 1 0 0 0 0
2 0 -1 -1 0 0 0 0 1 -1 0 1 1
3 0 1 1 0 0 0 -1 -1 0 -1 0 1
4 1 il 0 0 0 0 0 0 0 1 -1 0
5 1 -1 0 0 1 1 0 -1 -1 0 -1 -1
6 0 -1 1 -1 1 0 1 -1 0 1 1 0
7 0 0 0 -1 0 -1 0 1 1 -1 1 0
8 0 0 0 -1 0 1 1 0 -1 1 0 -1
9 1 0 -1 1 1 0 -1 0 -1 1 0 1
10 -1 -1 0 -1 -1 0 0 0 0 -1 0 -1
11 -1 0 1 1 0 -1 1 0 1 -1 -1 0
12 0 1 -1 0 1 -1 -1 1 0 0 1 -1
13 -1 1 0 0 -1 1 0 -1 1 0 0 0
14 1 0 1 0 -1 -1 0 0 0 0 0 0
15 -1 0 -1 1 -1 0 -1 0 1 0 -1 1

(b)

Single Rushton Dual Rushton Pitched blade Mixed

Run kLa,expt. kia, pred. Kra,expt. | KLa, pred. Kra,expt. | KLa, pred. KiLa,expt. | KLa, pred.
1 0.911 0.911 3.311 3.304 2.818 2.921 1.998 2.074
2 0.577 0.493 1.563 1.570 1.431 1.469 3.018 3.150
3 1.203 1.287 1.686 1.570 0.177 0.073 0.596 0.754
4 1.880 1.911 1.462 1.570 1.479 1.451 0.780 1.071
5 1.429 1.483 2.226 2.308 0.872 0.866 1.294 1.162
6 0.813 0.875 0.671 0.548 1.858 2.005 3.385 3.438
7 0.911 0.911 0.368 0.373 1.705 1.711 0.646 0.355
8 0.911 0.911 0.659 0.699 2.735 2.594 2.212 2.054
9 1.398 1.428 3.611 3.535 0.359 0.468 3.439 3.254
10 0.178 0.146 0.208 0.284 1.380 1.449 0.364 0.549
11 0.489 0.458 2.395 2.355 3.027 2.918 0.202 0.1495
12 0.930 0.867 1.252 1.368 0.547 0.410 1.883 1.989
13 0.558 0.504 1.166 1.049 1.110 1.072 2.058 2.074
14 2.302 2.186 0.795 0.713 1.490 1.451 2.166 2.074
15 0.295 0.411 1.761 1.884 0.449 0.591 1.512 1.406
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Table 3.5 Box-Behnken design for Rushton-Rushton configuration for k.a and P/VL

X1 X2 X3 Response

Run Stirring rate Air flow rate Impeller spacing kia P/VL

(rpm) (vvm) (cm) (min-t) (KW/m3)
1 350 1.3 6 1.098 0.202
2 350 2.4 4 0.658 0.112
3 600 2.4 6 2.228 0.904
4 350 0.2 8 0.616 0.218
5 350 1.3 6 1.056 0.208
6 600 0.2 6 1.769 1.304
7 350 0.2 4 0.413 0.098
8 600 1.3 8 1.898 1.486
9 350 2.4 8 1.161 0.208
10 100 0.2 6 0.146 0.054
11 100 1.3 4 0.635 0.046
12 600 1.3 4 1.954 0.954
13 100 1.3 8 0.676 0.024
14 100 2.4 6 1.021 0.074
15 350 1.3 6 0.986 0.212

Table 3.6 Box-Behnken design for Rushton-marine propeller configuration for ki.a and P/V

X1 X2 X3 Response |

Run Stirring rate Air flow rate Impeller spacing kra P/VL

(rpm) (vvm) (cm) (min?) (KW/m3)
1 100 1.3 8 0.637 0.008
2 100 1.3 4 0.766 0.008
3 350 2.4 4 1.481 0.126
4 350 1.3 6 1.127 0.202
5 600 0.2 6 1.858 1.380
6 350 1.3 6 1.091 0.202
7 100 0.2 6 0.175 0.018
8 350 2.4 8 1.291 0.240
9 600 1.3 8 1.339 1.200
10 350 1.3 6 1.195 0.202
11 100 2.4 6 0.977 0.004
12 350 0.2 8 0.575 0.220
13 350 0.2 4 0.615 0.206
14 600 1.3 4 2.017 1.134
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CHAPTER 4

MASS TRANSFER CHARACTERIZATION IN STBRs

4.1 GENERAL

The effectiveness of heat and mass transfer in stirred tank bioreactors is significantly influenced by
flow pattern generated by the type of impeller used (Gogate et al., 2000). In this study, the
volumetric mass transfer coefficient was determined experimentally for different impeller
configurations including single Rushton, dual Rushton, pitched blade turbine, marine propeller,
mixed turbine (Rushton + pitched blade, Rushton + marine propeller) in three different STBRs and
the effect of different parameters on kra has been investigated. In the present work, the volumetric
mass transfer coefficient and power input per unit volume determined experimentally for different
types of impellers including single Rushton, dual Rushton, pitched blade, and mixed (Rushton +
pitched blade, Rushton + marine propeller) configurations have been analyzed statistically using
RSM. Furthermore, the correlation models developed by the RSM were simplified and validated
experimentally. Finally, the models developed using RSM were compared with power-law

correlations.

4.2. MASS TRANSFER IN 7.5,5 AND 1 L STIRRED TANK BIOREACTORS

The experimental study has been carried out on the 7.5, 5 and 1 L stirred tank bioreactors for
different impeller agitation rates (50-800 rpm) and air flow rates (0.5-3.5 L/min.). The impeller
configurations used were single Rushton, dual Rushton, pitched blade, marine propeller and mixed
impeller (Rushton + marine, Rushton + marine propeller). The volumetric mass transfer coefficient

has been determined using the method as described previously.

4.2.1 Single Rushton Turbine

Single Rushton turbine has been employed to study the effect of agitation speed and aeration rate
on the volumetric mass transfer coefficient inside the STBRs of different volumes. The
temperature has been maintained constant (around 25°C) during this study. From Figure 4.1 it can
be observed that k.a increased with an increase in agitation rate and aeration rate for all the

reactors. At the lower agitation rate, i.e. 50 and 100 rpm, the increase in kia is not appreciable.
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Figure 4.1. Effect of agitation rate and air flow rate on k_a for single Rushton turbine in (a) 7.5 L,
(b) 5 L and (c) 1 L stirred tank bioreactors
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With increase in agitation rate, there is an increase in gas-liquid interfacial area, which increases
the overall volumetric mass transfer coefficient. However, increase in aeration rate may lead to an
increase in gas hold-up, which increases the interfacial area and thus increases the volumetric mass
transfer coefficient, k.a. With single Rushton turbine used in three STBRs of different volumes, it
has been observed that the lowest k.a was observed in 7.5 L STBR and the highest kia was
obtained in 1 L STBR under same conditions of agitation rate and aeration rate. Thus, an increase
in scale of the reactor leads to decrease in kia.

4.2.2 Dual Rushton Turbine

The dual Rushton turbine configuration has been utilized for studying the mass transfer coefficient
in STBRs of different vessel volumes using the same ranges of agitation and air flow rates as were
used for the single Rushton turbine and results obtained are shown in Figure 4.2. Normally, it
would be expected that higher kia values would be obtained using dual Rushton turbine due to
better mixing conditions created using two impellers, however, it was observed that k.a values are
only slightly higher than that obtained for the single Rushton turbine, as shown in Figure 4.1. This
may be attributed to the fact that there may be an improper mixing inside the reactor using two
Rushton turbines as it may also depend on the spacing between the impellers. Also, it has been
observed that increasing the spacing between the impellers beyond a critical level would lead to an
ineffective agitation region between the adjacent impellers and thus results in reduction in mass
transfer. However, as observed for the single Rushton turbine, higher k.a has been obtained in 1 L
STBR and lower kia has been obtained in 7.5 L, which could be attributed to the lower surface-to-
volume ratio in a larger reactor and thus leading to a lower kia.

4.2.3 Pitched Blade Turbine

The pitched blade turbine with three curved blades, being an axial impeller has been used to study
the effect of agitation and air flow rates on the volumetric mass transfer coefficient in 1 and 5 L
STBR. In case of 1 L STBR, the impeller printed using 3-D printer using poly-lactic acid (PLA) as
the fabricating material has been used. Higher k.a values were observed as compared to single and
dual Rushton turbine configurations above as shown in Figure 4.3. It has been reported that axial
impellers have lower power number as compared to radial impellers, and thus consume lesser
power, which in turn produces lesser hydrodynamic shear detrimental for the cell damage. In

addition, it also delivered higher volumetric mass transfer coefficient, which would actually help to
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achieve higher yield of the biomass inside the bioreactor and thus increase the yield of the final

bio-products.
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Figure 4.2. Effect of agitation rate and air flow rate on k.a for dual Rushton turbine in (a) 7.5 L, (b)
5L and (c) 1L stirred tank bioreactors.
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Figure 4.3 Effect of agitation rate and air flow rate on k.a for pitched blade turbine in (a) 5 L and
(b) 1 L stirred tank bioreactors

4.2.4 Marine Propeller

Marine propeller being an axial impeller has also been used to study its effect on the volumetric
mass transfer coefficient inside the STBRs at different agitation rate and air flow rate ina 7.5 L
stirred tank bioreactor. Almost similar k.a values were observed as obtained in case of single and
dual Rushton turbine configurations, as shown in Figure 4.4. As reported in the literature, marine
propeller being an axial impeller has lower power number as compared to radial impeller such as

Rushton type. Therefore, even if it has delivered lower k.a, it has an added advantage that due to
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its low power number, the power consumption would be less and that would be actually beneficial

for the cells in terms of the shear damage.
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Figure 4.4. Effect of agitation rate and air flow rate on kia for marine propeller in 7.5 L stirred tank
bioreactor

4.2.5 Mixed Impeller

Mixed impellers configured by Rushton and marine propeller, and Rushton and pitched blade
turbines have been used to study its effect on the volumetric mass transfer coefficient at varying
agitation rate and air flow rate. Due to the combined axial and radial flow exhibited by mixed
impeller, the k.a values were found to be higher than single and dual Rushton turbines and marine
propeller, as discussed above and shown in Figure 4.5. The combination of two different impellers
was found to exhibit higher k.a value owing to mixed flow (axial and radial), which lead to better
mixing and thus increased the volumetric mass transfer coefficient inside the bioreactor.

As mentioned earlier, axial flow impellers such as pitched blade and marine propellers owing to
their low power number generate less shear as compared with radial flow impellers and thus would
not be harmful for the cells. Thus, mixed impellers may be considered as most suitable impellers

for cell culture and other similar applications.
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Figure 4.5. Effect of agitation rate and air flow rate on k.a for mixed turbine (a) 7.5 L (Rushton +
marine propeller), (b) 5 L (Rushton + pitched blade turbine) and (a) 1 L (Rushton + pitched blade
turbine) stirred tank bioreactors
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4.2.6 Effect of the Impeller Diameter on kia

Impeller diameter is one of the important variables in the stirred tank bioreactors, which may
influence the volumetric mass transfer coefficient as it may affect the power input per unit volume
dissipated inside the bioreactor. The three Rushton turbine impellers of different diameters,
ranging from 4 cm to 5 cm, were used to study their influence on the mass transfer coefficient
keeping the impeller to tank diameter ratio greater than 0.33 and at the same air flow rate and
temperature. It was found that k.a was increasing with an increase in the impeller diameter as
shown in Figure 4.6, however, the impeller diameter cannot be increased beyond the impeller to
tank diameter ratio greater than 0.5. Therefore, it can be suggested that the impeller to tank

diameter ratio should be kept as maximum as possible, but not greater than 0.5.
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Figure 4.6. Effect of impeller diameter on k.a in stirred tank bioreactor
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4.2.7 Effect of the Liquid Volume on kia

The liquid working volume has also been reported to affect the volumetric mass transfer
coefficient. Three different liquid working volumes, ranging from 0.35 L to 0.9 L, were used inside
the bioreactor for the prediction of volumetric mass transfer coefficient. It was found that k.a was
decreasing with an increase in the liquid volume inside the bioreactor as shown in Figure 4.7. This
decrease in the k.a may be attributed to the fact that with an increase in the liquid volume, the
interfacial area may be decreasing at the same agitation speed, and thus decreasing the volumetric
mass transfer coefficient. The decrease in liquid volume would lead to better mixing inside the

bioreactor and thus the mass transfer coefficient would increase.
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Figure 4.7. Effect of the liquid volume on ka in stirred tank bioreactor

4.2.8 Effect of Liquid Viscosity on kLa

Viscosity is a key parameter and thus plays an important role in a variety of biotechnological and
chemical processes, such as in the production of biopolymers and in fermentations of filamentous
microorganisms. In such processes, the viscosity could be changed during the process. Thus, it is

necessary to study the effect of viscosity on the volumetric mass transfer coefficient in stirred tank
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bioreactors for the better understanding and successful operation of such processes. Liquid
viscosity was increased by adding weighed amounts of glycerol to distilled water. Experimental
results show that k.a decreases with an increase in the viscosity of the liquid medium, as can be
observed from Figure 4.8. In stirred tank bioreactor, the interfacial area can be considered almost
constant and accordingly any decrease in kia with an increase in viscosity may be due to decrease
in liquid phase mass transfer coefficient, k.. It has also been reported that an increase in viscosity
decreases turbulence at the gas-liquid surface, which decreases the surface-renewal rate, and
consequently ki, thus leading to an overall decrease in kca.
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Figure 4.8. Effect of the liquid medium viscosity on kia in stirred tank bioreactor

4.2.9 Effect of the Standard and Dislocated Rushton Turbine on ki.a

Although the standard Rushton turbine (SRT) is the widely used impeller type in STBRs since
1950’s and is considered as a measuring yard stick to which other types of impellers are compared.
However, several weaknesses have been reported in this turbine such as low axial pumping
capacity, large shear stress, low-pressure trailing vortices resulting in power drop. To overcome
these challenges, several efforts have been made for the modification of the standard Rushton

turbine (SRT) over the past few years and many new designs of Rushton turbine have been
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developed. In this study, a dislocated Rushton turbine (DRT), Figure 3.4c, has been investigated
for its mass transfer performance in a stirred bioreactor having the same dimensions as that of the
SRT, except that the blades have been mounted above and below the impeller disc alternatively,

i.e.

e three alternative blades are above the impeller disc with bottom edge of each blade aligned

to bottom surface, and
e other three are below the impeller disc with their top edges parallel to top surface of disc.

It can be observed form Figure 4.9 that the dislocated Rushton turbine has shown better mass
transfer performance than the standard Rushton turbine for gas-liquid mixing in stirred bioreactors.
The improvement in kLa was approximately 10 — 15 % as compared to the conventional Rushton
turbines. These results lay the foundation for its application in chemical and biochemical process

industries.
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Figure 4.9. Effect of the different designs of Rushton turbine on kia
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4.2.10 Effect of Aeration Rate on Power Input per unit Volume (P/V.)

Power consumption is a very important parameter for the STBRs. It is an indispensable and one of
the most used parameter for describing hydrodynamics, mixing and mass transfer in STBRs. The
power input per unit volume (P/VL), also known as specific power input, is an important scaling-up
parameter usually measured through the torque acting on the impeller shaft assembly under
rotation. However, its experimental determination in small scale vessels is still a challenging task
owing to frictional losses due to bearings and/or shaft seals. In the present study, the power input
for gassed and ungassed conditions was calculated using Egs. (4.3) and (4.4), respectively, for
single and dual Rushton turbines. The agitation rate was varied from 50-800 rpm and the aeration
rate was varied between 0.5-3.5 L/min. It can be seen from Figure 4.10 that the power
consumption in aerated system is lower than in the unaerated system, because the transfer of power
from impeller to the fluid is greatly influenced by aeration. The results in Figure 4.10 also show
that the calculated power consumption for the single and dual Rushton turbines increases
exponentially with agitation rate. It may also be attributed to the formation of cavities behind the
impeller blades and the fluid having different density under gassed and ungassed conditions (Van’t
Riet and Smith, 1973). It can be observed that the power consumption for ungassed conditions is
higher than the gassed power consumption. The difference between gassed and ungassed power
inputs is more pronounced at higher agitation rates (400-800 rpm). The effect of aeration has been
extensively studied by Nienow et al. (1977), Oosterhuis and Kossen (1981), Warmoeskerken and
Smith (1981) and Yawalkar et al. (2002) and reported that the gassed power input is generally 30-
40% of the ungassed power input depending on impeller types and aeration rate (Oosterhuis and
Kossen, 1985).
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Figure 4.10. Effect of the agitation rate and aeration rate on P/V_ for (a) single Rushton turbine and
(b) dual Rushton turbine
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4.3 DEVELOPMENT OF EMPIRICAL POWER-LAW CORRELATIONS

Several methods such as power-law, dimensionless correlations, etc. have been developed for
theoretical estimation of the mass transfer coefficient in stirred tank bioreactors. Among the
methods, power-law correlations have been most commonly used. In this study, power-law
correlations have been developed for the single and dual Rushton turbines for all the three STBRs.
Mass transfer rates in a stirred tank bioreactor mostly represented by the mass transfer coefficient,
and kca is generally considered as a function of energy dissipation rates and superficial gas

velocity and expressed in the form:

k.a= a(%)ﬂ(vsg)y (4.1)
where o, 8, y are the empirical constants, Pg/V is the gassed power input per unit volume (W.m)
and vsg is the superficial gas velocity (m.s), which means an increase in mass transfer rate would
require an increase in specific power input and air flow rate. The experimental kia data for single
and dual Rushton turbines for all the three STBRs have been used to develop correlations and then
compared the experimental and predicted kia values. The power input per unit volume, i.e. Pg/V

for the Rushton turbines was calculated using the correlation by Hughmark (1980) as Eq. (4.3).

P -0.25 ,2 .4 —0.2
_9:0_1{_Q } { N, d'm} (4.2)
Py NV gwV

= N, oN7d? (4.3)
The superficial gas velocity was calculated using Equation (4.4) as follows:

_4Q
e 7th2

where Q is the air flow rate (L/min.) entering the reactor and D (m) is the reactor diameter. The

v 4.4

empirical constants obtained for the power-law correlations for single and dual Rushton turbines
for all the three STBRs have been presented in Table 4.1.

Table 4.1 Power-law coefficients in Equation 4.1

Reactor Volume (L) Impeller Type o B v
75 Single Rushton 0.0003 0.43 0.58
' Dual Rushton 0.0004 0.34 0.69
5 Single Rushton 0.0007 0.36 0.50
Dual Rushton 0.0006 0.27 0.72
1 Single Rushton 0.0028 0.28 0.33
Dual Rushton 0.0017 0.34 0.39
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Figure 4.11. Parity plot between experimental and predicted k.a for different volumes of stirred
tank bioreactors for (a) single, and (b) dual Rushton turbines (N=50-800 rpm, Q4=0.5-3.5 L/min.)
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The experimental k a values are shown as a parity plot with the predicted values in Figure 4.11 for
single and dual Rushton turbines, for all the three STBRs. It can be observed that there is a close
agreement between the experimental and predicted kia. It can also be observed that stirred
bioreactor of lowest volume i.e. 1 L has yielded higher k.a than other two bioreactors of higher
volumes under the same range of agitation rate and air flow rate. It may thus be inferred that as the
bioreactor volume increases, there is a decrease in the volumetric mass transfer coefficient. During
scale-up, this decrease in kia is one of the main challenges the stirred tank bioreactors are facing.
This may be attributed to the fact that in larger size reactors, there may be poor mixing and thus

there may be the formation of dead zones.

4.4 RSM-BBD MODELLING

A three level-three factor BBD was employed to correlate the volumetric mass transfer coefficient,
k.a, and power input per unit volume, P/V_ and the operating variables. The analysis of variance
(ANOVA) was used to determine the accuracy of the developed models and identified the
significant factors as well. Tables 4.2-4.9 show ANOVA results for different impellers investigated
in this study. The ANOVA result is reported as an F-statistics and the associated degree of freedom
(DF). The F-value always is used with the P-value to determine the significance of each term (e.g.,
Xi, Xi%, or Xixj in Equation 3.5 as mentioned in chapter 3) and higher F-value corresponds to lower
P-value. The P-value less than 0.05 indicates that the effect of the corresponding term is
significant (Tables 4.2-4.9). The significant terms have a dominant effect on the response, while
the non-significant terms have a negligible response. Values of the square of the correlation
coefficient, R?, were determined from the developed models, as shown in Tables 4.2-4.9. In
addition, adjusted R? (adj-R?) and coefficient of variation (CV) were estimated to evaluate the
model adequacy. The adj-R? was calculated by excluding the non-significant terms in the model.
Therefore, the adj-R? is always lower than the R? due to reduced number of terms. The predicted
R? indicates how well a regression model predicts response for new observations. Generally, a
difference between predicted and adjusted R? values less than 0.2 indicates that the model has the
sufficient capability to predict the response (Rai et al., 2016). As shown in Tables 4.2-4.9, the
differences were calculated to be < 0.2 for all the cases, suggesting that the developed models by
RSM are sufficient to predict the response. Generally, a low CV represents low variation in the
mean value, suggesting that a satisfactory and adequate model is developed. Adequate precision

(Adeq) measures the signal-to-noise ratio and a ratio greater than 4 is desirable (Sharma et al.,
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2013). For all the cases investigated, Adeq were determined to be greater than 18, indicating an

adequate signal. In addition, the results show that “lack of fit” is not significant for all the cases.

Table 4.2 Analysis of variance for single Rushton turbine

Source Sum of Squares DF Mean square F-value Prob>F p-value
Model 4.660 9 0.520 61.62 <0.0001 <0.0001
X1 3.750 1 3.750 446.84 <0.0001 <0.0001
X2 0.310 1 0.310 36.72 0.0005 0.0037
X3 0.320 1 0.320 38.04 0.0005 0.0034
X1? 0.120 1 0.120 14.72 0.0064 0.0297
X2? 0.021 1 0.021 2.45 0.1617 0.2707
X32 0.007 1 0.007 0.81 0.3989 0.5135
X1 X2 0.001 1 0.001 0.15 0.7139 0.7571
X1 X3 0.130 1 0.130 15.17 0.0059 0.0223
X2 X3 0.000 1 0.000 0.05 0.8294 0.8715
Residual 0.059 7 0.008
Pure error 0 4 0
Cor total 4.72 16
Lack of fit 0.059 3 0.020
Model statistics
R? 0.9875 Adeq precision 28.981
Adj-R? 0.9715 PRESS 0.94
Pre R? 0.8006 CcVv 9.38
Std. dev. 0.092

Table 4.3 Analysis of variance for dual Rushton turbine

Source Sum of Squares DF Mean square F-value Prob>F p-value
Model 14.030 9 1.560 88.31 <0.0001 <0.0001
X1 10.500 1 10.500 594.68 <0.0001 <0.0001
X2 1.820 1 1.820 103.26 <0.0001 0.0003
X3 0.810 1 0.810 45.97 0.0003 0.0018
X12 0.090 1 0.090 5.11 0.0600 0.0975
X2? 0.130 1 0.130 7.31 0.0304 0.0861
X3? 0.013 1 0.013 0.72 0.4248 0.5856
X1 X2 0.480 1 0.480 27.32 0.0012 0.0056
X1 X3 0.098 1 0.098 5.55 0.0507 0.0905
X2 X3 0.091 1 0.091 5.17 0.0572 0.0990
Residual 0.120 it 0.018
Pure error 0.036 4 0.010
Cor total 14.16 16
Lack of fit 0.087 3 0.029 3.21 0.1466
Model statistics
R? 0.9913 Adeq precision 31.857
Adj-R2 0.9800 PRESS 1.45
Pre R? 0.8973 cVv 8.56
Std. dev. 0.13
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Table 4.4 Analysis of variance for pitched blade turbine

Sum of

Source s DF Mean square F-value Prob>F p-value
guares
Model 11.160 9 1.240 61.88 <0.0001 <0.0001
X1 9.900 1 9.900 493.68 <0.0001 <0.0001
X2 0.770 1 0.770 38.47 0.0004 0.0033
X3 0.100 1 0.100 4.98 0.0608 0.0400
X12 0.100 1 0.100 5.22 0.0563 0.1894
X2 0.180 1 0.180 8.90 0.0204 0.0445
Xa? 0.031 1 0.031 1.54 0.2547 0.5121
X1 X2 0.087 1 0.087 4.34 0.0757 0.0450
X1 X3 0.010 1 0.010 0.51 0.4987 0.5709
X2 X3 0.000 1 0.000 0.02 0.9024 0.9182
Residual 0.14 7 0.020
Pure error 0.008 4 0.002
Cor total 11.30 16
Lack of fit 0.130 3 0.044 22.53 0.0675
Model statistics
R? 0.9877 Adeq precision 26.203
Adj-R? 0.9716 PRESS 2803
Pre R? 0.8114 CcVv 9.99
Std. dev. 0.14
Table 4.5 Analysis of variance for mixed turbine (Rushton + pitched blade turbine)
Source sum of DF Mean square F-value Prob>F p-value
Squares
Model 15.600 9 1.730 31.86 <0.0001 <0.0001
X1 8.000 1 8.000 147.02 <0.0001 0.0001
X2 3.310 1 3.310 60.88 0.0001 0.0011
X3 0.990 1 0.990 18.22 0.0037 0.0143
X12 1.260 1 1.260 23.23 0.0019 0.0115
Xp? 0.320 1 0.320 5.85 0.0462 0.1097
X3? 0.065 s 0.065 1.20 0.3096 0.4112
X1 X2 1.160 1 1.160 21.38 0.0024 0.0104
X1 X3 0.250 1 0.250 451 0.0713 0.1252
X2 X3 0.210 1 0.210 3.86 0.0901 0.1508
Residual 0.380 7 0.054
Pure error 0.029 4 0.007
Cor total 15.98 16
Lack of fit 0.350 3 0.12 16.37 0.0704
Model statistics
R? 0.9767 Adeq precision 18.372
Adj-R? 0.9455 PRESS 5.68
Pre R? 0.7646 Cv 13.34
Std. dev. 0.23
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Table 4.6 Analysis of variance for Rushton-Rushton configuration for k.a

Source Sum of Squares DF Mean square F-value P-value
Model 5.200 9 0.580 24.27 0.0013
X1 3.610 1 3.610 151.52 <0.0001
X2 0.560 1 0.560 23.72 0.0046
X3 0.060 1 0.060 251 0.1742
X12 0.630 1 0.630 26.28 0.0037
X2? 0.100 1 0.100 4.34 0.0918
X32 0.100 1 0.100 4.35 0.0913
X1 X2 0.043 1 0.043 1.81 0.2359
X1 X3 0.002 1 0.002 0.099 0.7652
X2 X3 0.023 il 0.023 0.95 0.3754
Residual 0.120 5 0.024 0.1617
Pure error 0 2 0 0.2707
Cor total 5.320 14
Lack of fit 0.110 3 0.038 11.83 0.0810
Model statistics
R? 0.9776 Adeq precision 14.878
Adj-R? 0.9373 PRESS 1.82
Pre R? 0.7583 cVv 14.18
Std. dev. 0.15
Table 4.7 Analysis of variance for Rushton-marine propeller configuration for k.a
Source Sum of Squares DF Mean square F-value P-value
Model 3.930 9 0.440 12.96 0.0058
X1 2.680 1. 2.680 79.40 0.0003
X2 0.780 1 0.780 23.05 0.0049
X3 0.130 il 0.130 3.99 0.1024
X12 0.086 1 0.086 2.57 0.1701
X2? 0.008 1 0.008 0.24 0.6480
X32 0.037 1 0.037 1.11 0.3404
X1 X2 0.120 1 0.120 3.56 0.1178
X1 X3 0.076 1 0.076 2.24 0.1946
X2 X3 0.006 1 0.006 0.17 0.6986
Residual 0.170 5 0.034
Pure error 0 2 0
Cor total 4.100 14
Lack of fit 0.160 3 0.054 13.83 0.0719
Model statistics
R? 0.9589 Adeq precision 12.370
Adj-R? 0.8849 PRESS 2.62
Pre R? 0.6959 CVv 16.09
Std. dev. 0.18
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Table 4.8 Analysis of variance for Rushton-Rushton configuration for P/V

Source Sum of Squares DF Mean square F-value P-value
Model 8.060 9 0.900 91.59 <0.0001
X1 7.510 1 7.510 767.64 <0.0001
X2 0.026 1 0.026 2.70 0.1610
X3 0.042 1 0.042 4.33 0.0920
X1? 0.36 1 0.36 36.61 0.0018
X2? 0.001 1 0.001 0.01 0.7673
X3? 0.003 1 0.003 0.35 0.5802
X1 X2 0.042 1 0.042 4.26 0.0941
X1 X3 0.077 1 0.077 7.85 0.0380
X2 X3 0.002 1 0.002 0.24 0.6479
Residual 0.049 5 0.01
Pure error 0 2 0
Cor total 8.110 14
Lack of fit 0.048 3 0.016 14.98 0.0604
Model statistics
R? 0.9940 Adeq precision 27.738
Adj-R? 0.9831 PRESS 0.77
Pre R? 0.9051 CcVv 8.58
Std. dev. 0.099

Table 4.9 Analysis of variance for Rushton-Marine Propeller configuration for P/V

Source Sum of Squares DF Mean square F-value P-value
Model 8.620 9 0.960 1589.23 <0.0001
X1 8.230 1 8.230 13662.91 <0.0001
X2 0.007 1 0.007 12.15 0.0175
X3 0.002 1 0.002 3.40 0.1245
X12 0.370 1 0.370 606.64 <0.0001
Xo2 0.000 1 0.000 0.036 0.8574
X3? 0.000 1 0.000 051 0.5088
X1 X2 0.004 1 0.004 7.45 0.0413
X1 X3 0.000 1 0.000 0.96 0.3730
X2 X3 0.002 1 0.002 4.15 0.0972
Residual 0.003 5 0.000
Pure error 0.000 2 0
Cor total 8.620 14
Lack of fit 0.003 3 0.01 14.7 0.0644
Model statistics
R? 0.9997 Adeq precision 104.572
Adj-R? 0.9990 PRESS 0.046
Pre R? 0.9946 CcVv 2.09
Std. dev. 0.025
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4.4.1 Single Rushton Turbine

Rushton turbines have flat blades which produce a unidirectional radial flow (see Figure 3.3a as
shown in Chapter 3). Rushton-type impellers are commonly used in fermentation of non-shear-
sensitive cells such as yeasts, bacteria, and some fungi (Mirro and Voll, 2009). Three-dimensional
(3-D) response surface plots and their corresponding 2-D contour plots for the single Rushton
turbine are shown in Figure 4.12, which provide visual insight into the rapport between ki.a and
experimental variables at each level. The 3-D plots help to understand the overall profile of the
response by showing the nature of the fitted surface as the maximum, minimum or saddle point,
however, it is difficult to judge the levels of variables from the plots. For this reason, 2-D contour

plots of k.a are presented along with 3-D plots.

Figure 4.12 also shows the combined effect of two independent variables on the response
keeping the other variable at middle level point. Figure 4.12a presents the effect of agitation rate
and temperature on k.a when air flow rate is set at 2 L/min. It was observed that the ki.a increases
with increasing both agitation rate and temperature. Similar patterns can be found from Figures
4.12b and 4.12c that k.a increases with an increase in the independent variables. Although each
factor contributes to the change of kra, the effect of agitation rate was determined to be more
significant than those of other factors. The effects of the linear, quadratic and interaction terms can
be found from p-values in Table 4.2. Based on the criterion of p-value (<0.05), effects of all the
linear (x1, X2 and xs), the quadratic of (x12), agitation rate and the interaction between agitation rate

and temperature (x1x3) appear to be significant on k.a.
4.4.2 Dual Rushton Turbine

The effect of operating variables on k.a was investigated for dual Rushton turbines. 3-D response
surface and 2-D contour plots of k.a are shown in Figure 4.13 and the ANOVA results are
presented in Table 4.3.-The patterns of kia change for dual Rushton turbine were found to be
similar to those for the single Rushton turbine. As shown in Figure 4.13, the ki a increases with
increasing independent variables. However, the effect of temperature on k.a appears to be
insignificant. As shown in Table 4.3, several factors (e.g. X1, X2, X3, and x1x2) have p-values <0.05,
indicating that these terms are significant, which is in good agreement with the observations from
Figure 4.13.
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4.4.3 Pitched Blade Turbine
Due to the angled flat blades (45° in this study), pitched blade impellers generate axial flow which

provides better overall mixing and creates a higher oxygen transfer rate than Rushton type
impellers. For this reason, pitched blade impellers are also widely used in fermentation processes

particularly for highly viscous cells such as filamentous bacteria and fungi (Mirro and Voll, 2009).

Similar to the results observed from the single and dual Rushton turbines, the kia tends to
increase with increasing independent variables, as shown in Figure 4.14. In addition, the k.a was
little influenced by temperature. These results agree with ANOVA predictions in Table 4.4 which
clearly shows that effects of the linear (x1, X2 and Xs), the quadratic of (x2?), air flow rate and the

interaction between agitation rate and air flow rate (x:x2) are significant.

4.4.4 Mixed Impeller (Rushton Turbine + Pitched Blade Turbine)

As compared to-single configurations, the dual impeller configurations combined with-different
(radial and axial) flow impellers are expected to provide better mixing performance (Zhang et al.,
2017). To generate radial and axial flows simultaneously, in the present work, a mixed impeller
configured by Rushton and pitched blade turbines was investigated. As shown in Figure 4.15,
among the independent variables, agitation rate plays a dominant role on kia while the effect of
temperature is less significant than other variables. This result is evidenced by the p-values of
individual variables in Table 4.5. The p-values of xi, xo and xs3 for the mixed impeller were
determined to be 0.0001, 0.0011, and 0.0143, respectively as shown in Table 4.5. Along with x1, X2
and xs, it can be seen that xix2 and x:2, are significant. Interestingly, any terms involved with

temperature (x3) were determined to be insignificant.
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Figure 4.14. Effect of (i) agitation rate and temperature, (ii) agitation and air flow rate, and (iii) air

flow rate and temperature on the k.a for the pitched blade impeller: (a) 3-D response surface plot
and (b) 2-D contour plot

87



Agitation Rate. f pm

Temperayu re, °c
400 o

2

20

=
£ 3
3
-
c 25
] P
- G,
o RN LR
S s
T G BAIEESIIESS
S GBS
%
(D
%
2
g
%
2
o

m
+ion Rate, (P!
Agtation R Ry

-

%

L%
2005
%

Mass Transfer Coefficient, 1/min

t, 1/min.

Mass Transfer Cce(f|(|§|‘ t

15

e
£ ¢
=
=5
250 g
= [
b4
E
A
: G
e
S Z
&
s
R
=
2
5
3

40
11519\ 185 22
.8
5 35
£
3NE
=  30-
s ¥
9 g
& 35
zi;, § 25
p g‘ vl A !
e # L4 " i 1] \
§ 20| ‘ \ \ "‘ “\ \
- | | & ‘
0s 4 ' \ ;
S s \ bl R
\
\ \
a) ‘ b
ALY el b R
100 200 300 400 500 600 700 800
Agitation Ratg, rpm

ent, 1/min.
Air Flow Rate, L/min.

¥

fer Coeffici

Mass Trans

(a) . +L I
. 100 200 300 400 560 660 800
Agitation Rate, rpm

700

T
25
Temperature, °C

(iii)
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Using the RSM-BBD model, the values of coefficients in Eg. 3.5 as mentioned in Chapter 3 for
each impeller configuration were determined and summarized in Table 4.10. In Table 4.10, bold

values represent that corresponding variable terms are significant in influencing k.a.

Further, as shown in Tables 4.2-4.5, the R? values of the single Rushton, dual Rushton, pitched
blade and mixed turbines were calculated to be 0.988, 0.991, 0.988, and 0.977, respectively. Thus,
it may be seen that the regression model (Eq. 3.5 mentioned in Chapter 3) describes the
experimental k.a well. Figure 4.16 shows the goodness of fit in a parity plot between the
experimental and predicted values of kia. It was found that the significance of the linear, quadratic,
and interaction terms effect on k.a was different for impeller types investigated. The p-values in
Tables 4.2-4.5 indicated that the effect of all the linear terms were found to be highly significant on
kra. In addition, most of the temperature-related effects in this study were relatively insignificant,
as compared to others. This may be most likely because range of temperature examined in this
study (10-40°C) was relatively narrower than others. Among the impeller configurations studied,
under the same operating conditions, dual Rushton turbine configuration demonstrated the highest
value of k.a, followed by the mixed and pitched blade, and single Rushton turbines (Figure 4.16).
Particularly for cell cultivation, however, the power number of the impeller must be taken into
account since high shear force can damage cells. Indeed, for shear-sensitive cells the axial
impellers such as pitched blade type are more widely used due to relatively low power number, as
compared to the radial impellers such as Rushton type (Ghotli et al., 2013). In this context, it is
likely that the pitched blade impellers are most effective for cell culture applications.

Table 4.10 Estimated regression coefficients for k.a at coded units

Term Single Rushton Dual Rushton Pitched blade Mixed
bo 0.911 1.592 1.399 2.077
b: 0.685 1.146 1.112 0.999
b, 0.196 0.477 0.311 0.644
b3 0.199 0.318 0.112 0.352
b1z 0.018 0.347 0.147 0.539
P13 0.178 0.156 0.051 0.248
D23 0.010 0.151 0.009 0.229
b1 0.171 0.146 0.158 -0.548
b22 -0.069 -0.175 -0.206 -0.275
D33 0.040 -0.055 0.086 0.124
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Qg=0.5-3.5 L/min., T=10-40 °C)

4.5 SIMPLIFICATION OF MODEL DEVELOPED BY RSM

Using RSM, a correlation (Eg. 3.5 mentioned in Chapter 3) was obtained for each impeller case.
High coefficients of correlation in the ANOVA analysis (Tables 4.2-4.5) suggest that the
experimental k.a was successfully correlated by the model using RSM. A fairly good agreement
between experimental and predicted k.a can also be seen in Figure 4.16. However, Eq. (3.5) with
10 coefficients (Table 4.10) is relatively lengthy as compared to traditional correlation equation. In
addition, Eq. 3.5 fails to present direct correlation between kia and actual parameter values since
coded units (xi = -1, 0, or 1) are used, instead. In this context, it is useful to develop a simplified
correlation to determine kia from actual values of independent variables without any further

encoding process.

Tables 4.2-4.5 show that several source terms (e.g. Xi, Xix;, xi’) have p-values >0.05, indicating that
these terms are not significant for k.a. Therefore, Eq. (3.5) can be simplified by excluding these
insignificant terms. In Table 4.2 (single Rushton turbine), e.g. the original equation (Eg. 3.5) is
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simplified by cancelling xix2, X2Xs, X2?, and xs® terms. Instead of Eq. (3.5), the following equation is

defined to correlate k.a and actual operating variable values.

n n n n
Y =B, + 2 BX; +> B X+ > B;XX, (4.6)
i=1 i=1 i>i i=1
where Y is kLa (1/min), X is agitation rate (rpm), Xz is air flow rate (L/min), and X3 is temperature
(°C). After the simplification, the number of coefficients (B;) were reduced from 10 to 5-6 and the
coefficients values were re-estimated (Table 4.11). It is noteworthy that minor (or very small)
deviation in R? values were observed even after the simplification process. This result suggests that

the kia can be still correlated well by the simplified equations.

Table 4.11 Estimated regression coefficients for k.a at actual units: before and after simplification

Single Rushton Dual Rushton Pitched blade Mixed
before after before after before after before after
Bo 1.30E-01 | 8.15E-02 | 3.64E-02 | -4.03E-01 | -1.45E-01 | -5.13E-01 | 4.54E-01 | -4.61E-01
B:1 -6.67E-05 | -1.67E-05 | 1.81E-04 | 1.82E-03 | 1.42E-03 | 2.44E-03 | 2.95E-03 | 3.99E-03
B> 2.32E-01 | 1.31E-01 | 1.83E-01 | 5.68E-02 | 4.95E-01 | 5.30E-01 | 2.51E-01 | 2.02E-02
B3 -9.84E-03 | -1.28E-04 | 6.19E-03 | 2.13E-02 | -1.06E-02 | 7.45E-03 | -4.38E-02 | 2.34E-02

Term

B, 3.16E-05 E 6.16E-04 | 6.16E-04 | 2.62E-04 | 2.62E-04 | 9.61E-04 | 9.61E-04
Bis 3.17E-05 | 3.17E-05 | 2.77E-05 = 8.98E-06 2 4.43E-05 -

Bos 4.11E-04 = 6.67E-03 = 4.00E-04 = 1.02E-02 -

Bi11 1.22E-06 | 1.23E-06 | 1.12E-06 - 9.42E-07 = -3.89E-06 | -3.82E-06
B2 -3.12E-02 = -7.33E-02 - -1.02E-01 | -1.09E-01 | -1.22E-01 -

Bas 1.78E-04 = -2.00E-04 = 2.69E-04 = 5.61E-04 -

R? 0.9875 | 0.9818 0.9913 0.9637 0.9877 0.9801 0.9767 | 0.9250

4.5.1 Comparison between Conventional and RSM Based Models

Various methods (e.g. power-law, dimensionless correlations, etc.) have been developed to
estimate mass transfer coefficient in stirred tank bioreactors (Garcia-Ochoa and Gomez, 2009;
Moucha et al., 2012; Labik et al., 2017). Among the methods, correlations in the form of power-
law equations have been most commonly used (Karimi et al., 2013; Xie et al., 2014). To determine
the accuracy of the models, in the present work, correlations by RSM (Eg. 4.6) were compared

with the conventional power-law correlations in which power input per unit volume (Py/V) and
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superficial gas velocity (vsg) were used as main factors. The power input per unit volume for the
Rushton turbines was determined by the correlation given by Hughmark (1980). The following
power-law equation of kia was used (Eg. 4.7) and the corresponding coefficient values (o, B, and

v) determined at different temperatures are presented in Table 4.12.

Pg s ¥
kpa=a( v ) (ng) (4.7)
where
LNy -025¢ Ni Yi 02 48
P v L] (4.8)
Py =NpoNd® (4.9)

The experimental kLa is shown as a parity plot with the predicted values as shown in Figures 4.17
and 4.18, where the conventional and the RSM-based models are compared. It can be seen from
that the values predicted by original and simplified equations by RSM were observed to be close to
each other. However, RSM vyield higher accuracy than those by the conventional method. These
observations can be further confirmed by the R? values. The calculated R? values for the original,
simplified RSM-based models and power-law models for the single Rushton turbine system were
0.988, 0.982 and 0.877, respectively. Those for the dual Rushton turbine system were determined
to be 0.992, 0.964 and 0.899, respectively.

Table 4.12 Power-law coefficients in Equation 4.7

Impeller Type g ee o B Y
10 0.0021 0.28 0.38
Single Rushton 25 0.0026 0.28 0.33
40 0.0046 0.24 0.43
10 0.0021 0.32 0.38
Dual Rushton 25 0.0017 0.34 0.39
40 0.0018 0.37 0.42

92



25 T T T | Al T ! I !
| | @ Original RSM Model A |
B Simplified RSM Model .
A Power-law Model
20 F -
< A
= i l
E s .
3
ey E A o |
A
E A
o 108 -
S N ’ -
o A
0.5 -
L 7 A i
00 1 1 1 1 1 | 1 1 1
0.0 0.5 1.0 1.5 2.0 2.5

Experimental k,a (min™)

Figure 4.17. Parity plot for comparison between RSM-based and power-law models to predict k.a
in the single Rushton turbine system (N=50-800 rpm, Q¢=0.5-3.5 L/min., T=10-40 °C)

4 T 1 T T T T T
® Original RSM Model
-| W Simplified RSM Model .
A Power-law Model A
—_— 3 — A | ] -
e
e A
é B |
B\]
2 % | 8 A -
B
o | " sad _
©
8 A
o 4 “ s o
| () J
A
0 1 1 1 ) | 1 | 1
0 1 2 3 4

Experimental k,a (min™)
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4.5.2 Validation of Simplified Correlation by RSM

To validate the correlated equations by RSM, additional experiments were performed. The k.a
values were measured at the extreme combinations of the process factors (1, 1, 1), which are at the
vertices of the experimental cubic space that are not included in their derivation (Table 4.13a).
Additionally, to confirm the wide applicability of the equations, operating conditions which are
within the range of each variable were chosen (Table 3.2 as mentioned in Chapter 3), but were not
chosen from Table 3.4a as shown in Chapter 3 for design of experiments (Table 4.13b). The k.a
values can be determined directly from Eq. 4.6 along with the coefficient values in Table 4.11. As
shown in Table 4.13, agreement between the experimental and the model predictions is

satisfactory.

Table 4.13 Validation of simplified model by RSM

(a) agitation rate = 800 rpm, air flow rate = 3.5 L/min, temperature = 40 °C
kra (min?) Single Rushton  Dual Rushton Pitched blade Mixed turbine

Experimental 2.395 4.307 3.420 4.621
Predicted 2.339 4,113 3.161 4.333
Error (%) 2.34 4.50 7.57 6.23

(b) agitation rate = 600 rpm, air flow rate = 2.5 L/min, temperature = 30 °C
kra (min?) Single Rushton  Dual Rushton Pitched blade Mixed turbine

Experimental 1.4290 2.780 2.412 2.966
Predicted 1.4085 2.793 2.211 2.800
Error (%) 1.40 0.47 8.33 5.60

4.6 IMPELLER SPACING AND ITS EFFECT ON KLA AND P/VL

It has been reported that mass transfer coefficient is affected by various parameters such as
agitation rate, aeration rate, temperature, media properties (composition, viscosity, etc.) (Garcia-
Ochoa et al., 2010). The spacing between impellers may also affect the flow patterns and thus
oxygen transfer rate in stirred tank bioreactors. However, increase in the impeller spacing beyond
certain level may create an ineffective agitation region between the adjacent impellers and thus

may decrease the mass transfer (Dixit et al., 2015). On the other hand, the power input per unit
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volume (P/Vy) is a very important parameter for stirred tank reactors. It is an indispensable and
one of the most used parameter for describing the hydrodynamics, mixing and mass transfer
performance in stirred tank reactors. The power input per unit volume (P/VLp), also known as
specific power input, is an important scaling-up parameter usually measured through the torque
acting on the impeller shaft assembly under rotation. However, its experimental determination in
small scale vessels is still a challenging task owing to frictional losses due to bearings and/or shaft
seals. The specific power input is most commonly used as a scale-up criterion for stirred tank
reactors as many engineering process parameters remain constant during scale-up (similar to mass
transfer and shear stress conditions). This criterion has been proven for applications with cell
culture and microorganisms. As a result, the measurement of the specific power input provides
manufacturers -and operators with valuable information in order to characterize the power
capability of the stirred tank reactors.

In this study, an attempt has been made to study the effect of impeller spacing on kia and P/V,
for dual Rushton and mixed impeller (Rushton-marine propeller) configurations in a stirred tank
bioreactor. Although temperature also affects the mass transfer as studied previously using RSM,
however, the present study has been carried out at 37 °C as it is most widely used for cell culture
applications.

4.6.1 Rushton-Rushton Configuration

To study the effect of impeller spacing on kia, an RSM-BBD study has been carried out
considering three parameters viz. agitation and aeration rate and impeller spacing for Rushton-
Rushton and Rushton-marine propeller configurations. The polynomial quadratic model based on

ANOVA for Rushton-Rushton configuration in terms of actual factors is given by Eq. (4.10) as:

Y =-1.4085-0.0011x, +0.5283x, +0.5183x%, —0.0004 X, X,

4.10
—4.86e —5x,X, +0.0341x,X, + 6.58e — 6x,> —0.1382x,> — 0.0419x,” (4.10)

where x1, X2 and Xz are agitation rate, air flow rate and impeller spacing, respectively. The model
has a probability value (p-value) of 0.0013, which is considered statistically significant if
significance level is of the order of 0.05. The F-value of 11.83 indicated that the lack of fit is not
significant. Three different response surface plots and their corresponding contour plots were
generated using the developed model in order to understand the effects of interaction among the
different variables on k.a. The response surface plots are generally used to predict the overall

profile of the response by showing its nature as the fitted surface. However, it is difficult to find
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the levels of the variables with the help of response surface plots, and thus contour plots of k.a

were used to predict the response at each level.

Figure 4.19(i) shows the interaction between stirring and aeration rates at specific impeller
spacing. It can be seen that at lower stirring rate, the kia value was small, and once the stirring rate
was increased, k.a value also enhanced. Conversely, in the case of aeration rate, k.a was found to
increase gradually with increasing aeration rate. Physically, it can be attributed to the breakage of
the larger gas bubbles into smaller bubbles and thus gas-liquid interfacial area is increased for the
mass transfer, resulting in an increase in the kia value. It can also be attributed to the higher gas
hold-up and hence an increase in the kia values with increasing agitation rates. Similar
observations can also be made from Figure 4.19(ii), which describes the dependence of k.a on
stirring rate and impeller spacing. It can be seen that k.a increases with stirring rate, however, the
effect of impeller spacing was not significant. Finally, Figure 4.19(iii) depicts the combined effect
of air flow rate and impeller spacing on ka at specific stirring rate. As expected k.a increases with
an increase in the air flow rate, however, the effect of impeller spacing is insignificant. Other than
the impeller spacing, the other two factors have been found to affect the k.a, however, the effect of
stirring rate is more significant than air flow rate. The influence of linear, quadratic and interaction
terms can be found from P-values as shown in Table 4.10. Considering the significance level of

<0.05, effects of the linear (x1, X2), and the quadratic (x1%) term appears to be significant for k_a.

4.6.2 Rushton-Marine Propeller (Mixed Impeller) Configuration

When compared with single impeller configurations, it has been reported that the mixed impeller
configurations producing radial and axial flow simultaneously deliver better mixing performance.
In this work, a mixed impeller configured by Rushton turbine and marine propeller with Rushton
turbine at the bottom and marine propeller at the top has been studied. The polynomial quadratic
model based on the analysis of variance (ANOVA) for this configuration in terms of actual factors

is given by Eq. (4.11) as:

Y =-1.3195+0.0031x, +0.7059x, + 0.3556x%, —0.0006 X, X,

—0.0003%,x, —0.0171%,, + 2.44e — 67 —0.0383x, —0.0251x,2 "'V
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The model has a p-value of 0.0058, which is statistically significant considering significance level
of 0.05 (Table 4.11). Figure 4.20 shows the interactive effect of two independent variables on the
response by keeping the third variable at middle level point from the surface and contour plots.

The influence of stirring and air flow rates can be observed from Figure 4.20(i). As can be seen
from the surface and the corresponding contour plot, k.a increases with increasing both the stirring
and air flow rates. Physically, it can be attributed to the breakage of the larger gas bubbles into
smaller bubbles and thus gas-liquid interfacial area is increased for the mass transfer, resulting in
an increase in the k.a value. It can also be attributed to the higher gas hold-up and hence an
increase in the k.a values with increasing agitation rates. Figure 4.20(ii) shows the effect of the
stirring rate and impeller spacing on kia when air flow rate was maintained at 1.3 vvm. Again it
was found that kia increases with increasing stirring rate, however, the effect of impeller spacing
was not found that significant. The combined effect of air flow rate and impeller spacing on kia
when stirring rate is kept at 350 rpm is shown in Figure 4.20(iii). It can be seen that k.a increases
with increasing the air flow rate, however, the effect of impeller spacing is again found
insignificant. It was confirmed by the corresponding p-values (Table 4.11) of x1, x> and x3 for
mixed-impeller configuration (0.0003, 0.0049, and 0.1024, respectively). Among the studied
impeller configurations, Rushton-Rushton configuration demonstrated the highest k.a value
followed by mixed (Rushton-marine propeller) configuration. However, for the bioprocesses such
as cell culture applications in stirred tank bioreactors, the power number of the impeller is an

important parameter to be considered as high shear force can be detrimental for the cells.

Further, it has also been reported that, axial impellers such as marine propellers have been
most widely used for shear-sensitive cells owing to their low power number as compared to the
radial impellers such as Rushton type. Therefore, it is likely that mixed impellers may be most

suitable for cell culture applications.

4.6.3 Simplification of the RSM Model for ki a

A model equation (Eg. 4.11) was developed using RSM, for both impeller configurations. High
correlation coefficient suggests that the experimental k.a has been successfully correlated by the
model developed, as shown by the ANOVA analysis (Tables 4.10-4.11). However, Egs. 4.10 and
4.11 with 10 coefficients are relatively complicated as compared to traditional empirical power-
law correlations. Therefore, a simplified correlation need to be developed for predicting kia for

different parameters (independent variables) considered. As can be observed from Tables 4.10-
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4.11, several source terms (e.g. Xi, XiXj, Xi’) have p-values >0.05, which implies that such terms are
not significant for kia prediction. Therefore, the correlation model (Eq. 4.11) was simplified by
omitting insignificant terms. For Ruston-Rushton configuration, the original equation (Eq. 4.11)
was simplified by omitting the terms XiXz, X2Xs, XiXs, X3, X2?, and xs? (Table 4.10). Similarly, for
Rushton-marine propeller configuration (Table 4.11), the original equation is simplified by
cancelling the insignificant terms such as xixz, X2Xs, X1X3, X3, X1%, X2, and xs2. After omitting the
insignificant terms, there was significant reduction in number of coefficients from 10 to 2-3, and
new coefficient values were predicted. It was observed that R? values changed slightly even after
removing the insignificant terms. Figure 4.21 shows the experimental and predicted ki a values for
both configurations, which also include the predicted k.a values obtained from the RSM based
models with all coefficients. It was found that values predicted by original and simplified
equations using RSM were fairly in good agreement, therefore suggesting that kia can also be
correlated by the simplified model equations. The simplified equation for dual Rushton turbine and

mixed impellers (Rushton-marine propeller) is given by Eq. 4.12 and 4.13, respectively.
Y =0.455-2.19e —3*x, +0.241*x, +6.96 —6* X, (4.12)
Y =0.037+2.31e—3*x, +0.283* X, (4.13)

4.6.4 Optimization of the Operating Parameters for k.a

The optimum value of each operating parameter that resulted in the maximum response
(volumetric mass transfer coefficient) was estimated using the regressed polynomial equation
obtained using RSM model. Figure 4.22 shows the optimum values of the operating parameters for
the Rushton-Rushton and mixed impeller (Rushton-marine propeller) configurations. The optimum
values for agitation rate, air flow rate and impeller spacing were found as 600 rpm, 1.91 vvm and
6.61 cm, respectively for the Rushton-Rushton, and 600 rpm, 1.67 vvm and 4.83 cm, respectively,

for Rushton-marine propeller configurations.

4.6.5 Power Consumption for Rushton-Rushton Configuration

Power input per unit volume is a very important parameter in STBRs as it is an indispensable and
one of the most used parameter for describing the hydrodynamics, mixing and mass transfer
performance in STBRs. Thus, an attempt has been made to study the effect of key operating

parameters such as agitation and aeration rate and impeller spacing on power input per unit volume
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(P/VL) by using Box-Behnken design approach. The polynomial quadratic model based on
ANOVA for Rushton-Rushton configuration in terms of actual factors is given by Eq. (4.14) as:

Y =0.341-3.67e—3x, +0.2059x, —0.041x, —3.82e — 4X.X,

4.14
+2.77e — 4x, X, —2.73e — 3X, X, + 6.76e — 6X,° —0.038x,° —6.04e — 4X,° (4.19)

The response surface plots and their corresponding contour plots for the Rushton-Rushton
configuration, which provide the variation of power input per unit volume with experimental
variables at each level, are shown in Figure 4.23. Figure 4.23 also present the interactive effect of
two independent variables on the response by maintaining the third variable at middle level point.
The effect of stirring and air flow rates on power input per unit volume when impeller spacing is
maintained at 6 cm can be seen from Figure 4.23(i). As expected, the power input per unit volume

increased with an increase in the stirring rate, however, the effect of air flow rate was found to be
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insignificant. Similarly, Figure 4.23(ii) shows the effect of the stirring rate and impeller spacing on
power input per unit volume when air flow rate was maintained at 1.3 vvm. Again it can be
observed that power input per unit volume increases with increasing stirring rate, however, the
effect of impeller spacing is insignificant. Finally, Figure 4.23(iii) depicts the combined effect of
air flow rate and impeller spacing on k.a when stirring rate is kept at 350 rpm. It can be observed
that power input per unit volume decreases with increasing the air flow rate, however, it is found to
gradually increase with an increase in the impeller spacing. Other than the air flow rate, other two
factors have been found to affect the k.a, however, the effect of stirring rate is more significant
than impeller spacing. The influence of linear, quadratic and interaction terms can be found from
p-values, as shown in Table 4.8. Considering the significance level of <0.05, effects of the linear
(x1), the quadratic of stirring rate (x12), the interaction effect of stirring rate and impeller spacing

(x1x3) appear to be significant for power input per unit volume.

4.6.6 Power Consumption for Mixed Impeller Configuration
The polynomial quadratic model based on ANOVA for this configuration in terms of actual factors

is given by Eq. (4.15) as:

Y =-0.049 — 2.30e —3x, —0.118x, +0.0945x, —1.31e — 4x,X,

+3.30e —5x,%, +0.0114x,x, + 6.75e —6x,° +0.027x,” —9.06e — 3x,”
Considering this case, it can be found that the stirring rate has the dominant effect on power input

(4.15)

per unit volume (Figure 4.24). However, when considering the interactive effect of air flow rate
and impeller spacing, it can be observed that power input per unit volume decreases with
increasing air flow rate and at the same time increases very slightly with increasing impeller
spacing (Figure 4.24(iii)). This decrease in the power input may be due to the fact that the aeration
has the effect of lowering the liquid viscosity as compared to the ungassed systems. The decrease
in the power consumption may be due to the formation of cavities behind the impeller blades and
different density of fluid under gassed and ungassed conditions (Van’t Riet and Smith, 1973).
From the RSM analysis, it was observed that air flow rate is significant for mixed impeller
configuration, which may be attributed to the fact that the mixed impeller provides both the radial
and axial mixing inside the reactor thus leading to an overall improvement in mixing inside the

reactor.
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4.6.7 Simplification of the RSM Model for P/V,

A model equation (Egs. 4.14 and 4.15) was developed for P/VL using RSM, for both the impeller
configurations. High correlation coefficients were observed which implies that the experimental
P/VL has been successfully correlated by the model developed, as shown by the ANOVA analysis
(Tables 4.18-4.9). However, Egs. 8 and 9 with 10 coefficients are relatively complicated as
compared to traditional empirical correlations. Therefore, a simplified correlation need to be
developed for predicting P/V for different parameters (independent variables) considered. As can
be observed from Tables 4.12-4.13 several source terms (e.g. i, xixj, xi°) have p-values >0.05
which implies that such terms are not affecting the P/VL prediction. Therefore, the correlation
model (Eq. 4.14 and 4.15) was simplified by omitting such terms. After omitting the insignificant
terms, there was significant reduction in number of coefficients from 10 to 4-5, and predicted the
new coefficient values. It was observed that the R? values changed very slightly even after
removing the insignificant terms. The simplified equation for dual Rushton turbine and mixed

impeller (Rushton-marine propeller) is given by Egs. 4.14 and 4.15, respectively.
Y =0.545—-4.21e —3*x, —0.052* x, +2.77e —4* X, * X, +6.82e —6* x* (4.16)
Y =0.1697 —2.28e —3* x, +6.75e —6* X, (4.17)

Figure 4.25 shows the experimental and predicted P/V. values for both configurations, which also
include the predicted P/V. values obtained from the RSM based models with all the coefficients. It
can be seen that values predicted by original and simplified equations using RSM were fairly in
very good agreement, therefore suggesting that P/Vi can also be correlated by the simplified model
equations. Further, a comparison has been made between RSM developed correlations (both
original and simplified) for dual Rushton turbine configuration for calculating power input per unit
volume with correlations available in the literature by Hughmark (1980) and Cui et al. (1996).
Both original and simplified RSM developed correlations better predicted P/VL when compared

with existing empirical correlations, as shown in Figure 4.25.

4.6.8 Power-law Correlations and a Comparison

Several methods such as power-law, dimensionless correlations, etc. have been developed to
determine the mass transfer coefficient in stirred tank bioreactors (Labik et al., 2017; Garcia-
Ochoa et al., 2009; Moucha et al., 2012). Among the methods, correlations in the form of power-

law are mostly used since they are easy to develop and most widely used (Karimi et al., 2013; Xie
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et al., 2014). From the RSM analysis, it was observed that impeller spacing has a negligible effect
on the volumetric mass transfer coefficient and power-input per unit volume, thus the power-law
correlation was developed by taking the power input per unit volume (P/VL) and superficial gas
velocity (vsg) as the main factors. The superficial gas velocity was calculated using Eqg. (4.18) (Xu
etal., 2017), as follows:

v 4Q

S= 2
° zD,

(4.18)

where Q is the air flow rate (L/min.) entering the reactor and D: (m) is the reactor diameter. The
power-law correlations for kia were developed for dual Rushton and mixed impeller

configurations are given by Equations (4.19) and (4.20), respectively:

0.39
k.a= O.OOG[EJ (Vg ) (4.19)
L
P 0.56
k,a= 0.0001(\/—j (v, )% (4.20)
L

The experimental k.a is shown as a parity plot with the predicted values shown in Figure 4.26 and
it can be observed that there is a close agreement between the experimental and predicted ki a
values. These results can be further confirmed by the R? values. The calculated R? values for dual

Rushton and mixed impellers configuration were 0.91 and 0.95, respectively.

Power-law correlations were proposed for both dual Rushton turbine and the mixed impeller
(Rushton + marine propeller) configurations and for dual Rushton turbine were compared with the
correlations already available in the literature (Smith et al., 1977; Van’t Riet, 1979; Hickman, 1988
Zhu et al., 2001) (Figure 4.27). For mixed impeller configuration there are no correlations
available in the literature, hence developed first time. Different power-law correlations available
literature for dual Rushton turbine with operating conditions are reported in Table 4.14. Except for
few data points, the correlations are largely well able to predict the ki a, and it may be possibly due
to the different size of the reactor system. It has also been observed that the power-law correlation
by Van’t Riet (1979) is better able to predict the k.a for the present system and thus showing its
wide applicability for k.a estimation in stirred tank bioreactors. A previously developed response
surface methodology (RSM) model, both original and simplified in this chapter has also been

applied in this study and have been found to well predict the k.a. The RSM developed correlations
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have an advantage that it is directly in terms of the variables such as agitation rate, aeration rate,
temperature and impeller spacing and hence there is no need for calculating the power input per
unit volume (P/VL) for the system. Overall, it can be concluded that the correlations are well able
to predict the kia and P/VL in the present study.
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Figure 4.26 Experimental vs predicted kia for different impeller configurations using power-law
correlations (N= 100-600 rpm, Qg=1-12 L/min., T=37 °C)

109



Table 4.14 Various mass transfer coefficient correlations for stirred tank bioreactors

Authors
Impeller kLa correlation Dy, m Sparger D, m N, Usg, M/s
type type rev/s
04
P - 5x10°3- ,
_ 9 0.5 Orifice | 0.166 -- . Van’t
6DT | k a=0.026 (Vj (uy)°® | 050 #4107 | g t1o79)
P 0.4 3
. 1x10°-
60T |k,a=0.031] % | (u, )% |039 | Ring | 013 - ] Zhuetal.
] [V j - 7.5x10% | (o001)
0.475 0.61 0.20,
_ g o o o % Nk 030, [0.9- | 4x10°% | githetal
60T |k, a=0.01] —*~ (Ug) ™" 09L& Pipe ) ooond | 85 | 4.6x10° '
\% 1.83 (1977)
0.91
k,a=0.043 Py 0-4 (u,)>’
L= vV sg Hickman et
6DT 060& | 02& | | 2x10% | al. (1988)
b 05t 2 0.66 1.7x102
k,a=0.027| 2 | (uy)™®
Vv
P 0.39
6DT g 0.18 . 0.833- |1.06x10°3-
0] = 0.18 | Rin 0.06 ) Present
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4.7 SUMMARY

The main objective of this chapter was to discuss the volumetric mass transfer coefficient for
different impeller configurations in stirred tank bioreactors of different volumes (7.5 L, 5 L and 1
L). The effect of different parameters such as agitation rate, air flow rate, liquid volume inside the
bioreactor, liquid viscosity, impeller diameter on the volumetric mass transfer coefficient was also
reported. It was found that the volumetric mass transfer coefficient increases with increase in the
agitation rate and air flow rate, and impeller diameter however the agitation rate impacts the mass
transfer more than the air flow rate. It was also observed that with increase in volume and viscosity
of the medium inside the bioreactor, k.a was found to decrease. Further, the on k.a values was
reported different impeller configurations such as single and dual Rushton, pitched blade, marine
propeller and mixed impeller considering different reactor volumes. Among the investigated
impeller configurations, the dual Rushton turbine demonstrated the highest value of ki a. Empirical

correlations have been developed for single and dual Rushton turbines for all the three bioreactors
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and it is observed that there is a good agreement between the experimental and predicted k.a. The
volumetric mass transfer coefficient (k.a) of oxygen and power input per unit volume (P/V.) were
evaluated in a stirred tank bioreactor with an air-water system for the purpose of proposing new
empirical correlation. The effects of various operating variables (e.g. agitation rate, air flow rate,
temperature and impeller spacing) on kia and P/V_ were investigated for different impeller
configurations. The effect of impeller spacing on k.a and P/V. was found to be insignificant.
Taking account of both kia value and shear force generated by agitation, however, the pitched
blade impeller and mixed impeller (Rushton + marine propeller) appears to be most effective for
aerobic fermentation and cell culture applications. The lower values of P/VV| for mixed impeller
(Rushton + marine propeller) have also suggested its wide applicability in the bioprocess

applications.
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Figure 4.27 Comparison of experimental vs predicted k.a for different stirred tank bioreactors (N=
50-800 rpm, Q¢=0.5-3.5 L/min., T=25 °C)

111






CHAPTER 5

MASS TRANSFER AND RHEOLOGY FOR E. Coli BL21
5.1 GENERAL

In this chapter, the effect of various key operating variables such as agitation (50-600 rpm) and
aeration rates (0.5-2 L/min.), impeller diameter (0.04-0.05 m), and bioreactor working volume
(0.25-0.75 L) for different impellers (Rushton turbine and pitched blade) and their different
configurations on the volumetric mass transfer coefficient (k.a) have been investigated in a stirred
tank bioreactor with cultivating Escherichia coli. All experiments, in the presence of cell culture
were performed in the 1 L reactor. Finally, using dimensional analysis, the k.a for different
impeller configurations was correlated in the form of dimensionless groups, suggesting that this
approach can be used for predicting k.a in different scales of stirred tank bioreactors.

5.2 INTRODUCTION

The design of reactors is determined by various factors such as operating conditions, physical and
chemical properties of components taking part in, mass and heat transfer, control and maintenance
of processes, and safety. Among the reactor types, stirred tank bioreactors are one of the most
commonly used reactors in the industry due to their simple design, effective mixing, and flexible
operation (Naumann, 2008; Jossen et al., 2017). In the multiphase stirred tank bioreactors, design
and configuration of impeller and baffle are important aspects to improve their mass transfer
efficiency (Dhanasekharan et al., 2005; Kerdouss et al., 2008). Particularly in aerobic bioprocesses,
the oxygen transfer is one of the fundamental characteristics to optimize the processes (Arrura et
al., 1990; Garcia-Ochoa et al., 2000; Liu et al., 2006; Karimi et al., 2013). Mounsef et al. (2015)
and Tervasmaki et al. (2016) studied the effect of agitation and aeration rates on k.a for Bacillus
thuringiensis kurstaki and Pichia pastoris, respectively. It was reported that k.a increased with
both agitation and aeration rates. It is noteworthy that oxygen transfer in the stirred tank reactor is
also significantly influenced by the design and configuration of the impeller. In this context, it is
important to understand the effect of impeller design and operating parameters on kia in the

presence of cells.
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Understanding the flow and mixing characteristics of particulate suspensions is essential in many
industrial processes: food processing, polymer manufacturing, coating/deposition, and
pharmaceutical processing (Apostolidis & Beris, 2016). When a molecule is suspended in a fluid,
the viscosity of the fluid is influenced as a result of the hydrodynamic interactions (Einstein, 1906;
Sklodowska et al., 2018). In bioprocesses with biological organisms, for instance, its proliferation
influences the viscosity of the liquid medium. Cells in suspension may have viscous nature and
thus affects the mass transport properties leading to poor oxygen transfer due to difficulty in
mixing (Oolman et al., 1986; Olsvik & Kristiansen, 1994; Gibbs et al., 2000; Nevalainen et al.,
2005). Therefore, rheological studies dealing with flow behaviors are vital for understanding mass
transfer in cell cultivation applications because the cells in the medium may be sensitive to shear

stress.

Once a process is demonstrated in the laboratory scale with cell culture, it must be translated into a
larger scale. Scaling up from laboratory scale to a full production scale is challenging because the
processes in both scales generally behave differently (Cybulski, 2001; Wood Black, 2014). In
small laboratory equipment, almost perfect and uniform mixing is available in a relatively short
time. In large reactors, however, stirrers are usually rotated slower than those in the laboratory
because of a high cost of energy. Consequently, mixing conditions in production-scale reactors are
usually worse than in laboratory-scale reactors. Unfortunately, there is no general procedure to
translate directly from the laboratory to industrial production scales. Currently, scale-up is mostly
based on geometric similarity, thumb rules, and empirical correlations (Nauha et al., 2015; Bashiri
et al.,, 2016). Generally, the values of parameters in reactor systems are quantitatively defined
based on concepts of physical phenomena (i.e., density, velocity, viscosity, flow rate, etc.) as time,
length, mass, energy, temperature, and many other arbitrarily chosen entities. However, it is almost
impossible to find correlations of all parameters and relationships between each of them. Such
correlations are applicable only to respective systems and range of operating conditions (Sideman
et al., 1966). For these reasons, effective and systematic approaches are required to define system
dimensions for successful scale-up. Dimensional analysis is a method to reduce the number of
experimental variables influencing a physical phenomenon by correlating them to form a set of
dimensionless groups (Johnstone and Thring, 1957; Islam and Lye, 2009; Shen et al., 2014). By
reducing complex physical problems to the simplest (more economical) form, it eventually

presents a quantitative solution. The dimensional analysis offers several benefits: (1) reduction of
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the number of factors to be considered, (2) the analytical insights into the relations among

variables generated, and (3) scalability of the results (Islam and Lye, 2009; Shen et al.,2014).

5.3 EFFECT of DIFFERENT PARAMETERS ON k_a

5.3.1 Effect of Agitation and Aeration Rates on k.a

It is well known that the kia values are influenced by various operating parameters and reactor
properties. In the absence of cells, it was already observed that the k.a increases with increasing
agitation rate, air flow rate, and temperature in (Chapter 4). Among the operating parameters,
impeller agitation and air flow rates are major factors influencing the kra values in a stirred tank
reactor and thus dictating the overall power dissipation for the impeller. Figure 5.1 shows the
effect of agitation and aeration rates on the k.a for different impeller configurations in the presence
of cells. As expected, kia increased with both agitation and aeration rates. With increasing
agitation rate, it can be attributed to the breakage of the larger gas bubbles into smaller bubbles and
thus the gas-liquid interfacial area is increased for the mass transfer, resulting in an increase in the
k.a values. As the air flow rate increases, gas hold-up inside the reactor increases and hence the
interfacial area of the bubbles, which consequently leads to an increase in the kia. The presence of

gas bubbles also induces turbulence to the liquid medium and hence increases mass transfer rates.
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Figure 5.1. Effect of agitation and aeration rates on k.a for (a) single Rushton turbine (b) dual
Rushton turbine (c) pitched blade turbine, and (d) mixed turbine

5.3.2 Effect of Design of Rushton Turbine

Considering the fact that the standard Rushton turbine (SRT) is widely used impeller type in stirred
bioreactors, however, several weaknesses such as low axial pumping capacity, large shear stress,
low-pressure trailing vortices have been reported in this type of turbine, which results in power
drop and low mass transfer (Ghotli et al., 2013; Gelves et al., 2014; Kadic and Heindel, 2014). To
overcome these challenges, several efforts have been made for the modification of the SRT over
the past few years. In this study, a dislocated Rushton turbine (DRT) has been investigated for its
oxygen transfer performance and compared with that of the SRT. As shown in Figure 3.3 (Chapter
3), the DRT has the same dimensions as those of the SRT, except that the blades have been
mounted above and below the impeller disc alternatively. It can be seen from Figure 5.2 that the
dislocated Rushton turbine have better mass transfer performance, compared with standard
Rushton turbine for E. coli BL21 cultivation. It is likely that dislocated Rushton turbine generates
more chaotic flow, which provides more uniform mixing and generates smaller bubbles than the

SRT. Furthermore, the power consumption and power drop after gassing are also lower than SRT
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(Yang et al., 2015). Therefore, DRT can be considered for such applications where higher kia
values are needed.
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Figure 5.2. Effect of the designs of Rushton turbine on k.a

5.3.3 Effect of the Reactor Working Volume and the Impeller Diameter

Along with the effects of operating conditions described in section 5.3.1, the effect of reactor
working volume and the impeller diameter was also investigated using a single Rushton turbine.
Although there may exist slight differences, the same tendencies are expected to be observed in the
various impeller types examined earlier. For this reason, only a single Rushton turbine was tested
to understand those effects in the present study. Figure 5.3(a) shows the effect of the reactor
working volume (0.25 L and 0.75 L) on the ki a with varying agitation rates. Bolic et al. (2016)
also studied the influence of bioreactor working volume on the oxygen transfer and reported that
there was no significant effect of the reactor working volume at the milliliter scale. As reported by
Bolic et al. (2016) the effect of reactor working volume on kia was not significant at lower
agitation rate (50 rpm) in the present study. With increasing agitation rate further, however, it was
observed that kia decreases with an increase in the working volume. Reducing the reactor working

volume increases the ratio of surface to volume, which likely led to an increase in oxygen transfer.
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Figure 5.3. Effect of (a) reactor working volume and (b) impeller diameter on k.a

It is widely known that impeller diameter is one of the important parameters in STBRs, which
affects the power input per unit volume in a stirred tank bioreactor, which in turn influences k.a
(Hsu et al., 1997; Hsu and Huang, 1997; Bao et al., 2015). Particularly for the shear-rate sensitive
cell cultures, the impeller diameter was considered a highly important factor (Cherry and
Papoutsakis, 1986; Joshi et al., 1996; Zhou and Kresta, 1996; Hu et al., 2011). Amer et al. (2019)
found that the larger impeller diameter produced higher kia values. As seen in Figure 5.3(b), an
increase in the impeller diameter does not significantly affect the k.a at the smaller agitation rate
(<100 rpm). However, it is clearly observed in this figure that the effect of impeller diameter on
k.a is significant as the agitation rate increases, which is in an agreement with the results reported
by Amer et al. (2019). Increase in kia may be attributed to enhanced gas-liquid mixing due to
efficient gas distribution with increasing impeller diameter (Amer et al., 2019).

5.3.4 Effect of Cell Cultivation on k.a

The effect of the presence of cells on oxygen transfer rates has been investigated in various
bioreactors (Mounsef et al., 2015; Tervasmaki et al., 2016; Bolic et al., 2016; Amani, 2018).
Oxygen transfer in cell cultivation can be interpreted by several mechanisms (Ju and Sundararajan,
1995), e.g. the physical and chemical properties of the culture medium are changed by cell
metabolism. In addition, the cell can be present as solid particles, which leads to a change in
viscosity of the culture medium. Finally, oxygen may transfer from the gas bubble to respiring
cells accumulated at the gas-liquid interface.

Figure 5.4 shows the kia values evaluated in the absence and presence of cells for different

impellers with varying agitation rate. For the case of the absence of cells, only water without cells
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was used as a liquid medium while E. coli in the liquid LB medium was taken for the presence of
cells. As observed earlier, the k.a increased with agitation rate for both cases. At lower agitation
rate, the effect of cells on the k.a values is not significant for all the impellers tested in this study.
At higher agitation rate, however, higher k.a values were observed in the presence of the cell. It
was also found that the effect of cells on oxygen transfer was strong at higher agitation rate. It
seems to be attributed to the higher gas-liquid interfacial respiring cells accumulated with smaller
bubbles under the conditions studied. Furthermore, with increasing agitation rate, the impeller can
disperse gas more efficiently, thereby increasing the mass transfer coefficient. Ju and Sundararajan
(1995) also found that an enhancement due to cell respiration was found stronger at higher
agitation speed and lower aeration rates employed (Ju and Sundararajan, 1995). It is noteworthy
that oxygen transfer in bioprocess is severely reduced by non-Newtonian behavior. However, in
the present study, it was observed that the liquid culture medium used behaves as a Newtonian

liquid, which will be discussed further in the next section.
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Figure 5.4. Effect of agitation rate on k.a in the absence and the presence of cells for a) single
Rushton turbine, b) dual Rushton turbine, c) pitched blade turbine, and d) mixed turbine
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5.4 RHEOLOGICAL CHARACTERIZATION OF E. COLI BL21

While growing cells in the bioreactor, there is always a concern about the viscosity of the medium.
This is because the cells in suspension form can have viscous nature and behave in a non-
Newtonian manner (Shi et al., 1993; Gabelle et al., 2012; Newton et al., 2017). In the fermentation
process for producing extracellular biopolymers, e.g., the broth becomes highly viscous due to the
accumulation of the produced biopolymer, which leads to severe reduction of oxygen transfer
(Whitcomb and Macosko, 1978; Galindo et al., 1989). In this context, a proper understanding of
rheological properties such as viscosity, shear stress, and shear rate are crucial in stirred
bioreactors for cell cultivation applications. To understand rheological properties of the culture
medium, in the present work, samples of the liquid medium with a dual Rushton turbine were
collected at specific time intervals, and their viscosity was evaluated using a rheometer. Figures
5.5 and 5.6 show viscosity and shear stress profiles with time as a function of shear rate for two
different agitation rates (i.e., 100 and 350 rpm). Figure 5.5(a) shows that the viscosity at 100 rpm is
independent on shear rate, indicating that the liquid medium used in this study behaves as a
Newtonian liquid like water. At higher agitation rate of 350 rpm also the viscosity remains almost
constant as the shear rate increases, which is commonly observed for Newtonian liquids (Figure
5.5(b)). It can be also found from Figure 5.5(b) that at higher shear rates, the viscosity is almost
independent on shear rate, suggesting that the liquid medium behaves as a Newtonian liquid at
higher agitation rate.

To further investigate the properties of the liquid medium, the shear rate versus shear stress
behavior was also studied, as shown in Figure 5.6. It was observed that the shear stress linearly
increases with the shear rate for both agitation rates, which indicates that the liquid medium can be
classified as a Newtonian liquid. This result is in good agreement with the observation from the

section 5.3.4 that the liquid culture medium used in this study behaves as a Newtonian liquid.
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5.5 DIMENSIONAL ANALYSIS FOR CORRELATION OF k.a

The scale-up of a bioprocess involves transferring the process developed at the laboratory scale to
the production scale. This procedure is not simple due to hydrodynamic complexity and transport
characteristics (Nauha et al., 2015; Bashiri et al., 2016; He et al., 2019). Consequently, it has
become a challenging task for process engineers to develop substantial rules for scale-up from the
laboratory scale. Particularly for quantitative estimation of the oxygenation capacity in stirred tank
bioreactor systems, the volumetric mass transfer coefficient is frequently used as one of the

important parameters.

Various correlation methods have been developed to estimate k.a in stirred tank bioreactors
(Garcia-Ochoa and Gomez, 2009; Moucha et al., 2012; Labik et al., 2017). Among the methods,

power-law correlations have been most commonly used. However, Sideman et al. (1966) reviewed
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the available correlations in the literature on mass transfer in gas-liquid systems and found that
such correlations apply only to the particular systems and operating ranges and are thus scale-
dependent. In this study, the dimensionless analysis was employed to correlate k.a for scale-up of
stirred tank bioreactors. Dimensional analysis is a method for developing functional relationships
that describe any given process in a dimensionless form to facilitate modeling and scale-up or
down (Maa et al., 1996; Zolkarnik, 1998; Zolkarnik, 2012). Indeed, the correlations in the form of
dimensionless numbers are independent on the process scales because they can be used for both
scale -up and -down. In general, the oxygen transfer in the stirred tank bioreactor depends on

several factors that may be classified as follows:

(1) Geometric or design parameters: tank diameter (Dy), impeller diameter (di), and liquid
height inside the tank (HL)

(2) Material parameters: density of liquid (p.), viscosity of liquid (u), and diffusivity of
oxygen in water (D, )
(3) Process parameters: air flow rate (Q), agitation rate (Ni), and gravitational acceleration (g)

Thus, the performance parameter, kia, can be written as the function of these factors such as

following functional relationship:

kLa:fl(Dt’HL'Ni'di’pL':uL’Q’g'Doz) (5.1)

In the present work, however, D: and H. were constant, and hence, were not treated as variables.
Using dimensional analysis, this relationship of seven variables can be expressed by only four

dimensionless groups (Egs. 5.2-5.5) as follows:

2
Re i £l N;d;

Reynolds Number n (5.2)

7l Ll
Flow Number g Nidi3 (5.3)

2

Fr = Ni'd

Froude Number g (5.4)
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*_ Hy Hy
Oxygenation Capacity kLa = kLa ( 2 J

> D, (5.5)

Finally, the original equation for the performance parameter (Eq. 4) can be written in the following

generalized form as:
kea™ = f,(Re, Fly, Fr) (5.6)

The left-hand side of the generalized equation represents the performance parameter, kia,
characterizing oxygenation capacity of the system while the right-hand side involves

dimensionless groups such as Reynolds, Froude, and Flow numbers.

Upon applying the similarity principle in scale-up, it is desirable to identify the regime of the
process of the dimensionless group, which dominates the performance parameter (Holland and
Chapman, 1966; Hyman, 1962). In practice, however, especially in complex systems, it is not
simple to determine which variable or variable groups should be the basis of similarity at different
scales of operation (Jordan, 1955; Jhonstone and Thring, 1957; Hyman, 1962; Holland and
Chapman, 1966). Therefore, it is necessary to develop a relationship between performance
parameter and variables. For the scale-up purpose, it is preferred to derive such relationship in
terms of dimensionless groups, which can be best established using data generated experimentally.
By applying this approach, Eq. 5.6 can be finally reduced to Eq. 5.7, where the dimensionless
groups (Egs. 5.2-5.5) are expressed in the form of power-law with corresponding coefficients (o,
L.y, and 9):

k a=a(Re)” (Flg)” (Fr)° 57)

The experimental kia was correlated using Eq. 5.7, and the corresponding coefficient values
determined for different impeller configurations are presented in Table 5.1. Note that the above
dimensionless correlation can be applicable for (H/D:=1) and (di/Ds>1/3). Table 2 also shows the
R? value for each impeller type. The R? values of the single Rushton, dual Rushton, pitched blade,
and mixed turbines were determined to be 0.964, 0.972, 0.985, and 0.951, respectively. The k.a
values calculated by Eq. 10 are plotted with experimental data in Figure 5.7, indicating a good fit.
This successful correlation suggests that the correlation by dimensional analysis can be employed

as a promising tool for scaling the stirred tank bioreactors.
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Table 5.1 Dimensionless correlation coefficients in Equation 5.7

Impeller Type a B ? o R?

Single Rushton 0.028 0.185 0.197 0.473 0.964
Dual Rushton 0.023 0.103 0.068 0.393 0.972
Pitched Blade 0.005 0.407 0.282 0.391 0.985
Mixed Turbine 0.003 0.439 0.253 0.298 0.951

5.6 SUMMARY

The effect of various operating parameters and different impeller types on the k.a in a stirred tank
bioreactor for E. coli BL21 cultivation -have been investigated. It was found that the k.a increased
with agitation and aeration rates, and impeller diameter while decreased with bioreactor working
volume. A pitched blade turbine appears to be most effective for E. coli cultivation because the
highest kia was demonstrated among the tested impeller configurations. Higher kia values were
found for dislocated Rushton turbine than the conventional Rushton turbine. The rheological
analysis showed that the viscosity of the liquid medium used in this study is independent on the
shear rate, indicating that it behaves as a Newtonian liquid. The kia values for different impeller
types were correlated in the form of dimensionless groups including Reynolds, Flow, and Froude
numbers using dimensional analysis, which provided an effective tool for the scale-up of the

stirred tank bioreactors for cell cultivation applications.
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CHAPTER 6

CONCLUSIONS AND RECOMMENDATIONS

6.1 CONCLUSIONS

Based on the work carried out in this thesis for characterizing the performance of Rushton, pitched
blade, marine propeller and their different combinations on the volumetric mass transfer
coefficient, kia in the presence as well as absence of cell culture in stirred tank bioreactors, the

following inferences were made:

6.1.1 ki a Characterization in Absence of Cell Culture

The volumetric mass transfer coefficient, k.a was characterized using different impeller types such
as Rushton turbine, pitched blade turbine, marine propeller and their different combinations both in
the presence as well as absence of cell culture. Firstly, kia was characterized in stirred tank
bioreactors of different volumes i.e. 7.5 L, 5 L and 1 L using a simple air/water system. The effect
of various key operating variables on kia such as agitation rate (50-800 rpm), aeration rate (0.5-3.5
L/min.), impeller diameter (4-5 cm), liquid volume (0.35-0.90 L), liquid medium viscosity (0.001-
0.3 Pa.s). The findings of this work can be summarized as follows:

e The mass transfer coefficient, kia increases with an increase in agitation rate and aeration
rate for all the STBRs, however, the impact of agitation rate is more as compared to the
aeration rate.

e As the scale of the bioreactor increases from 1 L to 7.5 L, kia was found to decrease
irrespective of the impeller configuration used. This decrease in the kia with an increase in
the volume of the bioreactor is one of the key concerns as far as the scale-up of the stirred
tank bioreactors is concerned.

e Different impeller diameters have been tested to study their influence on the k.a, however,
keeping the impeller to reactor diameter ratio between 0.33-0.5, k,a was found to increase
with an increase in the impeller diameter.

e Different liquid working volumes were tested inside the reactor to study their effect on the

kLa. As the liquid volume was increased inside the bioreactor, the k.a decreased.
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The liquid medium viscosity was varied by using different amounts of glycerol to check for
the effect of viscosity on kia. As the liquid viscosity was increased inside the bioreactor,
the k.a would decrease suggesting that the rheology of the liquid medium is an important
parameter to be studied while carrying out the cell cultivation study inside the bioreactor.

A new impeller type, i.e. dislocated blade Rushton turbine has also been investigated
having the same diameter as that of the standard Rushton turbine. It was found to give
superior mass transfer performance (k.a for SRT= 1.8 min* and k.a for DRT= 2.0 min* at
800 rpm) as compared to the standard Rushton turbine.

Effect of the aeration rate on power input per unit volume in the STBR has been
investigated in this study. The calculated power consumption for single and dual Rushton
turbines increases exponentially with agitation rate. Further, the gassed power consumption
was found to be lower than the ungassed power consumption. The difference between
gassed and ungassed power inputs was more pronounced at higher agitation rates (400-800
rpm).

Empirical correlations based on power input per unit volume (Pg/VL) and superficial gas
velocity (vsg) were developed for single and dual Rushton turbine configurations and
further have been compared with the already available correlations in the literature. Good

agreement between the experimental and predicted k.a was observed.

6.1.2 Statistical Analysis of kLa

Design of experiments (DOE) has been utilized for studying the effect of several important

operational variables such as agitation rate (50-800 rpm), aeration rate (0.5-3.5 L/min.) and

temperature (10-40°C) on kia. Response surface methodology (RSM) has been employed for

developing the models for k.a for several impeller configurations such as single and dual Rushton,

pitched blade and mixed turbines. Most widely used response surface method, i.e. Box-Behnken

Design (RSM-BBD) was used in this study and the following conclusions were made:

A rotatable Box-Behnken design (RSM-BBD) has been implemented to design 15
experiments and generate 15 experimental data for each impeller configuration. Model
equations provided the parametric interactions of the operating variables on response
variable, ka.

Surface and corresponding contour plots suggested that the operating variable, i.e. agitation

rate influenced most effectively the k.a. However, aeration rate and temperature have less
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significant effect on k.a as compared to the agitation rate. The p-values in ANOVA has
also suggested the similar observations.

3-D response surface and corresponding contour plots suggested that the interaction
between agitation and air flow rates was significant for single and dual Rushton, and mixed
turbines.

The p-values indicated that the effect of all the linear terms was significant for k.a with
agitation rate as highly significant followed by air flow rate and temperature. In addition,
most of the temperature related effects in this study were relatively insignificant as
compared to others. This may be because of the range of the temperature (10-40 °C)
examined in the present work was relatively narrower than others.

Among the different impeller configurations investigated, under the same operational
conditions, dual Rushton turbine demonstrated the highest kia followed by the mixed
(Rushton + pitched blade), pitched blade and single Rushton turbine.

Empirical correlation model using RSM was developed for each impeller configuration.
High coefficients of correlation have suggested that the experimental ki a was successfully
correlated by the RSM model.

AVOVA analysis indicated that several terms in the original madel were insignificant and
thus can be omitted and a new simplified model was developed for each impeller
configuration. After simplification, the number of terms were reduced from 10 to (5-6). It
was noteworthy to found that even after the simplification R? values changed slightly
suggesting that kia can still be well correlated by using the simplified model.

Percentage error between the experimental and predicted k.a was approximately in the
range ~ = 10% thus showing the importance of RSM-BBD model.

The RSM developed models were also further validated under other operating conditions
other than those used in developing the models.

Compared with existing power-law models, the RSM approach enables a more efficient
correlation procedure and formulates simplified models with comparably high accuracy
suggesting that RSM is promising for evaluation of oxygen transfer in stirred tank

bioreactors.
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6.1.3 Effect of Impeller Spacing on krLa and P/V,

To study the effect of impeller spacing on kia and P/Vy, experiments were performed on 7.5 L
stirred tank reactor considering three important variables i.e. agitation rate (100-600 rpm), aeration
rate (0.2-2.4 vvm) and impeller spacing (4-8 cm) using Rushton-Rushton and Rushton-marine
propeller configurations. The experiments were designed according to RSM-BBD modeling

technique and the following conclusions were made:

e Surface and corresponding contour plots suggested that agitation rate mostly affects k.a
and power input per unit volume (P/VL.) and the interaction between agitation and air flow
rates is also important for both the impeller configurations

e The impeller spacing does not have any significant effect on k.a and P/V. for both the
impeller configurations.

e The RSM developed correlations for dual Rushton turbine have better predictability than
correlations available in the literature.

e A power-law correlation proposed for dual Rushton turbine has been found to well predict
k,a and a comparison has also been made with several available correlations in the
literature.

e Further, a new power-law correlation is proposed for mixed (Rushton-marine propeller)
configuration.

6.1.4 k.a Characterization in Presence of Cell Culture

The volumetric mass transfer coefficient, k.a, was also characterized using different impeller types
such as single and dual Rushton turbine, pitched blade turbine, mixed turbine (Rushton + pitched
blade) in the presence of cell culture ina 1 L stirred tank bioreactor. E. coli BL21 was used in this
study owing to its wide industrial importance for protein expression and purification, the transfer
of oxygen from gas to liquid becomes crucial for its production. The effect of various key
operating variables such as agitation rate (50-800 rpm), aeration rate (0.5-2.0 L/min.), impeller
diameter (4-5 cm), bioreactor working volume (0.25-0.75 L). The findings of this work can be

summarized as follows:

e The volumetric mass transfer coefficient, k.a increases with an increase in agitation rate

and aeration rate for E. coli BL21 cultivation. However, the effect of agitation is more
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pronounced than aeration rate. It was also observed at lower agitation rates such as 50 and
100 rpm, the k.a values were almost same.

Different impeller diameters have been used in this study to test their effect on k.a,
however keeping the impeller to reactor diameter ratio between 0.33-0.50. It was observed
that at lower agitation rates such as 50 and 100 rpm, the effect of the impeller diameter was
not significant. As the agitation rate was increased, the effect of the impeller diameter was
appreciable.

It was observed that at lowest agitation rate employed, i.e. 50 rpm, the effect of the
bioreactor working volume on k.a was insignificant. However, as the agitation rate was
increased, the effect of the bioreactor working volume was found to be significant.

Among the examined impeller configurations, pitched blade turbine showed the highest k.a
(2.72 mint), thus suggesting that it is promising for the successful production of E. coli
BL21 as it also generates relatively less shear force owing to its low power number.

A new impeller type, i.e. dislocated blade Rushton turbine, was also investigated having the
same diameter as that of standard Rushton turbine and it was found to give superior mass
transfer (k.a for SRT= 1.6 min™ and kia for DRT= 2.0 min'! at 600 rpm) performance and
thus can be used in applications requiring higher oxygen transfer.

A scale-up correlation employing dimensionless groups such as Reynolds, Froude and
Flow numbers has been developed for different impeller configurations. A good agreement
between the experimental and predicted k.a has been found.

6.1.5 Rheological Behavior of E. coli BL21

The rheological behavior of E. coli BL21 was also investigated at 25°C and shear rate range of 100

to 3000 s. The samples were collected for two different experimental conditions, i.e. agitation

rates of 100 rpm and 350 rpm and aeration rate of 1 L/min and samples were collected initially

after every hour and then after two hours. The following inferences were made:

o All the samples collected using the two sets of experimental conditions were checked and

showed Newtonian behavior at a shear rate range of 100-3000 s™.

e The viscosity of E. coli BL21 after growing for several hours was almost close to that of

water showing that there would not be mass transfer limitations during E. coli BL21

culturing.
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6.2 RECOMMENDATIONS FOR FUTURE WORK

On the basis of the present study, the following recommendations can be made for the future study:

It is further needed to develop more robust and reliable method for determining the k.a in
STBRs. Especially the emphasis is needed on decoupling of k. and a to further
understanding the behavior of individual parameters. Further, more data need to be
generated to develop more accurate empirical correlations for k.a.

Design of new impeller types to deliver better mixing, consume less energy and also
produce less hydrodynamic shear to be used in cell culture and other similar applications
based on hydrodynamic studies with both experimental and computational studies.
Experimentation with different reactor geometries for their application as stirred tank
reactors at larger volumes.

Scale-up of stirred tank reactors remains a key challenge, thus new methods needed to be

devised for their scale-up, which are applicable over a large scale of reactors.
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