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ABSTRACT

As the distillation columns call for energy consumption and huge capital
outlays, the energy management in distillation has become a need of the hour.
Energy management involves the reduction of energy consumption and
identification of the regions where energy can be better utilized.

This thesis brings out a theoretical investigation on energy management in
distillation by the use of heat pump with conventional distillation column. The use
of heat pump for energy management has been described by replacing coolant with
an evaporating refrigerant at low pressure and by replacing steam heating of a
reboiler with a condensing refrigerant at a high pressure. Heat pump assisted |
distillation columns reduce the requirement of hot utilities and cold utilities which
will bring down the total costs involved in the process. But, at the same time,
employing new equipments like combressor, heat exchangers etc. which require
additional capital costs, pose a challenge to the economic efficiency of the process.
Thus, the dissertation work includes the determination of hot and cold utilities by
Ponchon Savarit method (a graphical method) and by simulétidn of distillation
column.

Economic analysis of the heat pump assisted distillation configuration h;dS
been done. Due to reductioﬁ in requirement of utilities in the heat pump assisted
distillation configuration, saving in the total costs has been shown compared to the

conventional distillation column.
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CHAPTER - 1

INTRODUCTION

Chemical Process Industries (CPI) are reasonably intelligent users of energy.
Mass and energy-balances are the backbones of chemical engineefing and the
efficient use of energy and energy management are well established concepts which
have always been practised up to a certain extent. However, following the‘
escalating energy crisis and subsequent large increase in oil prices, the importance
of efficient use of energy has greatly enhanced. There is a long term need to
improve further the efficiency of energy utilization within a chemical process
industry.

Chemical process industries employ a variety of separation processes such as
absorption, crystallization, distillation, evaporation, extraction etc. in order to
separate a binary or multicomponent mixture into its components. Of all these:
separation processes, distillation is the most widely used technique and is well
known for its high energy consumption. Estimates indicate that 30-60% of the total
_energy demand by chemical industries is used to run distillation equipment only
[15]. Therefore, it is essential that distillation pfocess be-analyzed for identifying
various places of energy losses and suitable energy management measures be taken.

Various techniques bly which energy consumption in distillation can be
reduced, are : reduction éf temperature-gradient in the reboiler and the condenser to
permit use of low temperature steam and heat recovery at higher temperatures
respectively; recovery of heat by side stream-withdrawal; tray-retrofit; heat pump;

splitting of column; feed optimization; minimizing pressure drop inside the column;



adequate insulation etc. Use of these techniques depend upon the process conditions
and the individual systems. Bulk of the literature available on this subject is based
on actual plant observations wherein ways are suggested to reduce the energy
consumption in CPI. Therefore, there is a need to further explore these energy
management techniques so that they can have much broader applicability than
indicated in literature, so far.

Heat pumping is one of fhe promising and potential techniques for energy
management in distillation. Heat pump is used to upgrade thermal energy by
recovering heat from a relatively low temperature and delivering it at a higher
temperature. Their use in CPI, has been limitéd, primarily due to the high capital
cost of the equipment, the higher temperatures that are typically encountered in
industrial processes, and some of the complexities associated with their use.
However, several factors are expected to change the present situation :

. the critical need to save energy (application of heat pumps is usually

associated with process integration),

. the progress that has been made recently in designing andl
constructing heat pumps, which has led to improved reliability and
efficiency, and

. the launching of demonstration and promotional programs for heat
pump applications.

Besides the reduction of energy consumption, heat pump systems can be

" considered in grass-root or retrofitting design because they are easy to introduce and

the plant operation is simple [2].



Keeping in view the above facts, it was proposed to investigate the

applicability of heat pump in distillation with the following objectives :

(1)

@)

To determine the requirement of cold and hot utilities in the
conventional distillation column for a particular system and to show
the reduction in requirement of utilities with the help of heat pump.

To recommend the suitability of using heat pump as a method of
energy management and thereby obtain the feasible and economic
range of temperature gradient across the reboiler in heat pﬁmp

assisted distillation column.



CHAPTER -2

LITERATURE REVIEW

— N R

Null [4, 12] conducted a study to develop guidelines for conditions under
which heat pumps can be economical in distillation process design. He summarised
his findings as mentioned below. | |

Heat pumpﬁ have extensive applicability to distillation wherever direct
refrigeration or chilled water are required for condensation. The heat pump
configuration is most advantageous when the fractionation system has a low
temperature difference across the column. The heat pump system requires a certain
balance of thermal loads to minimize the use of external heat on refrigeration
sources. The thermal balance of the system is particularly sensitive to the thermal
conditions of the feed and products. He compared the economics of conventional
distillation column to the heét pump assisted distillation configurations (heat pump
with external refrigerant, heat pump with compression of overhead vapour, heat -
pump with reboiler liquid flashing).

Kenney [5] discussed the two projects by which Exxon Chemical had
achieved significant reduction in the energy demand of two separation procesées.
The first was the application of the multiple effect principles. The principle was :
Use the energy discarded from one step of the separation to drive a second,
gen.eral]y lower pressure, separation step. In grass root installations, this principle
was applied liberally since economics were favourable and the designer had éontrol
over the many other factors which might influence his decision. Basicaliy, the
project involved raising the pressure on a xylene splitter tower so that the overhead

could be used to reboil an adjacent debenzenizer. The potential fuel savings were in



the order of 55-60 million Btu/hr. The return on this project was high enough to
make all the trouble well worthwhile on an energy saving basis alone.

The second project was the addition of a major heat pump, or vapour
recompression distillation.system, to a light ends tower. The principle of the system
involved the use of a compressor to recycle the latent heat in the vapour from the
top of the tower at conditions suitable for during the reboiler at the bottom of the
tower. By doing this, energy input to the tower was reduced to between 10 and 15%
of the gross energy normally consumed in the reboiler. The key variables in
analyzing heat pump installations on distillation towers included pressure difference
between the top and bottom of the tower, the absolute pressure level of the tower
(which affects both the relative volatility and the compressor ratio) the log mean
temperature difference for the reboiler versus the horse power required to provide it,
and the size of the duty involved. It was shown that for a tower of 50-100 million
Btu/hr range,. economics could be very attractive if the temperature diffé_rence
between the t.op‘ and bottom of »the tower was below 10-16°C.

One of the energy saving methods in distillation is the use of intermediate
condensers and reboilers. This method allows some heat to be introduced into the
column at lower temperatures‘than the bottom reboiler and some of the heat to be
removed - at higher temperatures than the overhead condenser. The economic
feasibility of such an application depends on the investment for additional
equipment necessary for the modified operation and on the extent the thermal
efficiency of the process can be increased with limited number of additional
condensers and reboilers. Kayihan [6] described the optimum use of the heat
exchanger equipment such that the thermodynamic efficiency was maximized by
appropriate choice of location and load for a given number of those intérmediate

elements.



An objective function was defined in terms of the net work consumption of
the column with any specified number of condensers and reboilers. Constraining
conditions were set such that the total heat load and sepafation remained the same
as the conventional case with only one reboiler and condenser. The resulting non-
linear problem could be solved numericaily for specific cases. The solution gave the‘
best locations and the loads for interstage heat removal and/or addition. The results
showed that the intermediate condenser (réboiler) significantly changed the
thermodynamic efficiency when the feed concentration was low (high) and that the
dominant contribution was due to the first additional condenser (reboiler) where the
subseqﬁent ones had decreasing effects.

Bannon and Marple [7] illustrated the improvement in heat recovery with:
two-stage cohdensaﬁon of column overhead and properly designed circulatory
reflux systems. He summarized his findings as mentioned below :

For a column having a boiling range top product and an overhead
temperature high enough to be useful, heat recovery can be considerably increased-
by condensing the overhead in two stages. The first stage produces reflux and the
second stage condensate/non condensibles form the column top product. The heat
from reflux condensation is available for use at significantly higher temperature
level than would otherwise be the case. If such two-stage top condensation is added
to a column previously set-up with single-stage condensation, the entire first stage
of the condenser will deliver its heat at a temperature above the previous column
top temperature.

Circulating reflux systems are commonly used in side product columns to
generate intermediate reflux. The temperature level and thus the value of the heat
removed from these sysfems can be increased by using multiple systems and high

circulating rates.



Townsend and Linnhoff [10] described site combined heat and power, on
plant generation, heat pumpé and refrigeration system. He explained the concept of
"appropriate heat engine" and heat pump placement in process networks based on a
fundamental new insight. "Appropriate" placement took advantage of integration
opportunities with the remainder of the process and yielded marginal efficiencies far
greater than that would have been achieved through stand alone heat engiﬁes. In this
study, criteria for heat engine and heat pump placement in chemical process
networks were derived, based on the "temperature interval" (T.1.) analysis of the
heat exchanger network problem. Using these criteria, the author gave a method for
identifying the best éutline design for any combined system of chemical process,
heat engines and heat pumps. The method eliminated inferior alternatives early, and
positively led on to the most appropriate éolutions.

Colmenares and Seider [11] presented a non-linear programmiﬁg strategy for
integration of heat engines and heat phmps with chemical processes. The strategy -
utilized the temperature interval method and showed how to use negative heat
deficits to obtain lower cost designs. Two important situations were presented in
which the resulting designs were less costly when the heat engines and heat pumps
" were integrated with temperature intervals having negative heat deficits. Their
conclusions can be summarised as .

1. When multiple hot utilities are available, the optimal integration of heat
engines above the pinch temperature often involves driving the heat
engine with heat from a temperature interval having a negative hot
deficit. This violates the initial guidelines of Townsend and Linnhoff
[10] and 1s successful when a low-cost hot utility can replace high priced

fuel to drive a heat engine.



2. Be_low the refrigeration temperature , the optimal integration of heat
pumps often involves delivering the heat of condensation to temperature
. intervals with negative cold deficits. This also violates the initial
guidelines of Townsend and Linnhoff [9], but adopts the quantitative
recommendations laid by them and is successful when the cost of
compfession to condense the working fluid with cooling water exceeds
the added cost of cooling water due to heat transfer to the process below

the refrigeration temperature.

Glinos and Malone [13] discussed the application of thermodynamic
principles to the synthesis of distillation sequences. The thermodynamic analysis
had an advantage when heat integration of the distillation system was planned or to
further discriminate among configurations having comparable economic
performance. Network coﬁsumption was taken as objective function because of its
two properties. The properties are :

(1) It is approximately constant with respect to temperature and pressure
changes;, 1t is also independent of the number of effects when
multieffect distillation is employed.

(2) It is directly proportional to a lower bound on the minimum energy
requirement of an extensively heat integrated separation trains.

The method was used to evaluate the optimality regions for the two alternative
simple sequences for a ternary mixture (direct and indirect) and the results égreed
well wi;h the commonly used heuristics.

Swaney [14] developed an extended transportation array representation for
the design of process heat recovery networks incorporating heat engines and heat
pumps. The formulation automatically accounted for the relocation of pinches in the

integrated system. The optimal heat flow pattern was determined based on simple



economic cﬁteria. Simplified models of heéat engines and heat pumps systems were
developed that permitted integration options to be identified on the basis of heat
flows without requiring specific cycle designs. The solution array identified design
alternatives and provided a decision framework to guide in selecting the final design
topology.

Meili [15] described the fundamental of heat pumps and their use in
distillation. Two conﬁgurations of heat pump assisted distillation were explained
along with their ddvantages, disadvantages and their application criteria. The three
typical distillation columns with heat pumps (those separating ethylbenzene-
styrene; propane-propylene and isopropanol-water) described in this study showed
that heat pumps could yield significant ranges on energy costs in distillation.

Humphrey and Seibert [16] discussed the thermodynamic efficiency of a
separator which could have profound impact on the overall cost of a process. The
energy saving technologies suggested by him included the recovery of energy lost at
the reboiler through the condenser. In this heat recovery approach, energy expended
n one' distillation column was reused in the same or a different unit.

Chou [17] explained the advantages of subcooled distillate in distillation to
reduce the costs. According to his findings, the temperature of distillate condensate
depends on certain factors like pressure drop between the tower and drum, weather
conditions, fouling factor, and safety factor incorpérated in design process, and
distillate vapour flow rate. He suggested that using two cooling media, such as
cooling water and a refrigerant or a cooling water and air might be more economical
in addition to the size consideration.

Ziegler and Riesch [18] compared the absorption systems to conventional

compression system and summarised their findings as mentioned below :



Absorption systems have large potential for energy saving especially when
they are operated from cogeneration systems or by waste heat. Compression-
absorption systems allow the use of well-known compression technology, but are
more flexible with regard to temperature range of application. So, temperature as
high as 150°C, for example, can be reached with moderate pressure of 20 bars or
below if NHy/H,0 is worked with the experimental results and data frém the
existing plant. Ziegler showed that well designed compression machinery can be
superior to absorption system. Absorption machines are operated by heat, therefore
their use is considered where waste heat from cogeneration plants including
engines, 1s available.

Fonyo and Mizsey [19] scrutinized the influence of relevant parameters on
the economics of distillation plants involving distinct heat pump cycles and
compared the results to conventional and integrated schemes. On the basis of the
COP, energy costs and efficiencies, simple expressions were proposed for
preliminary economic analysis and design of heat pump assisted distillation. The
influence of heat pump type, purity requirement, column pressure drop, feed rate,
energy cost, relative volatility etc. on the energetic aspects and economic range of
application was presented. A design strategy for selecting the most economical
disﬁllation system, considering different types of heat pump structures (vapour
recompressor, bottom flash, closed cycle, absorption cycle), was proposed, based on
pinch technology, primary energy rate, energy cost factor and estimated payback
time of excess capital. The strategy was demonstrated by industrial case studies.

Ognisty [20] employed thermodynamic analysis as a tool for identifying
opportunities for improvement in distillation column design. He used lost work |

profiles in terms of pressure-drop and heat transfer and mass transfer-mixing

10



effects. The goal of reducing the lost work was to lower the utility consumption as
close as practical to the thermodynamic minimum. -

Annakou and Mizsey [21] investigated a propylene propane splitter
associated by a heat pump of the vapour recompresson type by rigorous methods.
They scrutinized two schemes, a single compressor scheme and a double
compressor scheme in parallel arrangement and compared to the conventional stand
alone column. The invesfigation included parametric study and operability
assessment. The system studied consisted of a distillation column designed to
separate a mixture of propylene and propane. The column had 180 trays and a high
reflux ratio. The overhead vapour was split into two parts : one going to the heat
pump compressor and then used to reboil the bottoms in the reboiler condenser, the
other part fed to the second compressor. In the second compressor, the steam was
lifted up to high enough pressure so that the cooling water could bé used to
condense 1t. The distillate product was withdrawn and rest was sent to a flash tank.
Results of the iﬁvestigation showed that both the schemes (a‘ single compressor
scheme and a double compressor scheme) had lower annual total cost than the
conventional stand alone column by about 37%.

Offers, Dussel and Stichlmair [22] presented a novel method for the
calculation of minimum reflux. This method needs the knowledge of the phase
equilibrium at the feed concentration only. With this data, the characteristic
direction of internal concentration profile was deduced and a further step led to the
direct calculation of the minimun’1 reflux without any iteration. This method was-
used for rough estimations and for calculating a starting value for rigorous column

simulations.
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Gelegenis and Koumoutsos [23] explained the application of heat pumps inv
chemical process industries, their selection and applicability criteria. They also
discussed how the selection of the working fluid and equipments (compressor,
drives and heat exchanger) was to be made.

Taprap and Ishida [24] adopted the graphical construction called an energy
utilization diagram (EUD) for analysis of energy transformation and energy losses
in distillation columns. They decomposed the overall energy loss on one plate of a
column into six kinds of energy losses and represented the losses graphically. Two
of them were caused by mixing and cooling in the vapour phase and the other two
by mixing and heating in the liquid phase. To display the remaining two yielded by
condensation and evaporation of each component, the concept of the individual
energy level was applied. The relationship between the individual energy level and
the x-y diagram was presented as well as the effects of the reflux ratio and the feed
location on the EUD for the whole column, The methodology was illustrated for the
separation of n-hexane and n-octane.

Agrawal, Fidkowski and Xu [25] introduced the distillation systems
composed of a prefractionator and a main column. The columns were operated at
different pressures, but the temperatures of the utilities were the same as for a single
column performing the same separation. The energy integration of the columns was
realized by condensing a vapour overhead from the prefractionator in an
intermediate reboiler located in the stripping section of the main column or by
boiling a bottoms liquid from the prefractionator in an intermediate condenser
placed in the rectifying section of the main column. Analysis was performed to
determine feasible regions of operational parameters and to minimize vapour flows.
A detailed simulation example of the benzene-toluene separation showed that for

certain feed compositions, it was possible to reduce energy requirements of a
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conventional binary distillation column by almost one third using this new
distillation column.

Bausa, Watzdorf and Marquardt [26] presented a new general method for
calculating the minimum energy demand for distillation columns applicable to all
types of splits and mixtures in both simple.and complex columns. This method
stemmed from a geometric analysis of the plate to plate profiles and used all pinch
points of both column sections. No a priori choice of relevant solution branches of
the pinch equation was required. The computational effort was low since no
rigorous plate to plate calculation were necessary.

Agrawal and Herron [28] identified optimal thermodynamic feed conditions
for distillation of ideal binary mixture through thermodynamic efficiency analysis
of distillation column. Due to simplifying assumptions, temperatures did not appear.
explicitly in the final thermodynamic efficiency equations. These equations were
found to be functions of only feed compositions, the thermodynamic state of the
feed, and the relative volatility‘ of the more volatile component A with respect to
component B. According to their findings, for most binary mixtures, two feeds with
same composition, but one saturated vapour and the other saturated liquid, can
improve a distillation column’s efficiency substantially. They found that the
maximum benefit was obtained for a 50-50 mixture. They stressed that two feed
case was less efficient than the single two phase feed case when the relative
volatilities exceeded certain calculable values.

Fonyo and Benko [30] analysed the various heat pump assisted process
configurations for two industrial case studies using a design strategy based on
preliminary screening, rigorous steady state simulation and economic evaluation.
The influence of heat pump type, heat load, column temperature difference, utility

cost, exchanger minimum approach temperature (EMAT) on the energetic aspects
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and economic range of application were examined. Certain well designed heat
pump options showed better economic figures than the base case separat_ion system
which used only steam and cooling water. The results of the study conducted by
Fonyo and Benko showed that larger heat load and smaller process temperature
difference provided shorter payback time for heat pumping.

Meili [31] compared the conventional steam heated recycle column against
several heat pump assisted systems (systems using vapour ejector, system usingb
direct vapour recompression and systems using an auxiliary circuit) in terms of

savings in money and payback time.
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CHAPTER -3

THEORETICAL INVESTIGATION

As described in Chapter 2, various energy saving measures can be used to
reduce the consumption of utilities in an existing distillation column. Heat pumping
is one of the potential techniques that can be incorporated in the conventional
design without major investments and without much difficulties. Heat pumping
affects directly the quantum of energy in terms of the steam in reboiler and cooling
water in condenser, thus reducing the total costs involved, - considerably. This
chapter brings out theoretical investigation regarding the determination of the
following :

(1) Bubble points and Dew points for binary mixture at different

cbmpositions.‘

(2) Enthalpies of mixture in liquid state and gaseous state at different ‘

compositions

(3) Heat loads for conventional distillation column by Ponchon Savarit

method.

(4) Number of stages in conventional distillation column

(5) Compressor work required in heat pump assisted distillation column,

with the help of Lee and Kesler generalised correlations and virial

coefficients.

3.1 DETERMINATION OF BUBBLE POINT AND DEW POINT
When a state of equilibrium exists between a vapour and liquid phase
composed of two components A and B, the system 1s described by the following set

of independent equations
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P.VA :PAxA
Py, =F;x,
Yatyp=1
X, +x, =1

Equilibrium relationships (3.1)
where it 1s understood that Raoult's law is obeyed since P, and Py depend on T
alone, Eq. (3.1) consists of four equations in six unknowns. Thus, to obtain a
solution to this set of equations, two variables must be fixed. For the determination
of bubble point, the total pressure P is fixed, a solution is obtained for each of
several temperatures lying between the temperatures at which the separate vapour
pressures, P, and Pgare equal to the total pressure P. Addition of the first two
expressions of Eq. (3.1) followed by rearrangement of the result so obtained yields
P = Ppxp + Ppxp

Pyxa +Ppxp
P

1 ' (2

Elimination of xp by use of the fourth expression of Eq. (3.1) followed by

rearrangement of the result so obtained yields

. _P-Py
A Py —Pg

(3.3)
From the definition of a mole fraction (0<x, <1), Eq. (3.3) has a meaningful
solution at a given P for any T lying between the boiling point temperafures T, and
Tp of pure A and pure B, respectively. After x, has been computed by the use of
Eq. (3.3), at the specified P and T, the corresponding value of ya which is in

equilibrium with the value of x, so obtained is computed by the use of first

expression of Eq. (3.1)
P
YA = (?AJ XA

Py
= [—=|x
¥B (P) B

(3.4)
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Eq. (3.4) in combination with fourth expression of Eq. (3.1) gives

P[Y—A + E-] =1 (3.5)

Pa Py

An algorithm developed for the calculation of bubble points and dew points for

different compositions of the binary mixture, is given below :

Algorithm :

1)
2)

3)

4)

Assume a temperature for a particular composition of binary mixture

For that temperature calculate the vapour pressures (Ph, Pp) of each
component by using Antoine equation given in the Appendix-B.

For the assumed temperature, if the Eq. .(3.2) and (3.5) are satisfied within the
prescribed tolerances, the bubble point and dew point respectively, has been

achieved. Otherwise, follow step 4.
., .o Paxp +Ppxp :
For the bubble point if ——P——<1, then increase the assumed

tefnperature by the step-size chosen judiciously and repeat steps 1 through 3,

PAXA + PBXB

otherwise, if, >1, then decrease the assumed temperature by

the step-size and repeat steps 1 through 3.

For the dew point, if P [;—A + ;—B) > 1, then increase the assumed temperature
A IB

by the step-size and repeat steps 1 through 3, otherwise, if, P (Y—A + ;—B-} <1,
A 'B

then decrease the assumed temperature by the step-size and repeat steps 1

through 3.
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3.2 ENTHALPY OF MIXTURE

Liquid solution enthalpies include both sensible heat and the heat of mixing
of the components

H, =C,, (I, ~T,)+ M, (3.6)

L, mix

AH, is the heat of solution at T, and the prevailing concentration referred to the

pure liquid components. For saturated liquids, Ty, is the bubble point correspoﬁding
to the liquid concentration at the prevailing pressure. P:or an ideal solution, such as
benzene-toluene solution, heat of solution is zero and the heat capacity is the
weighted average of those for the pure components.

For present purposes, saturated vapour enthalpies can be calculated
adequately by assuming that the unmixed liquids are heated separately as liquids to

the gas temperature, T, (the dew point), each vaporized at this temperature, and the

vapours mixed.

Hg = vy [Cop (T —T,) + Ay [+ 0-9Cy 5 (T, -T,) +1,) 3.7)

33 OVERALL MATERIAL BALANCE AND ENTHALPY BALANCE
Total material balance for envelope I, Fig. 3.1 gives |
Vi = D+L,
=D+RD = DR +]) (3.8)
Enfhalpy balance for envelope 1 gives | |
Q. = D[R +1Hg, ~ Ry -Hp I (3.9
which provides the heat load of the condenser.
The reboiler heat is then obtained by a complete enthalpy balance about the entire

apparatus, envelope II

Qg = DHp + WHy +Q, +Q; ~ FH; (3.10)
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Fig 3.1 Material and Enthalpy Balance of a Distillation Column
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Heat economy is frequently obtained by heat exchange between the residue product,
which issues from the column at its bubble point, and feed for purposes of
preheating the feed. Eq. (3.10) still applies provided any such exchanger is included

inside envelope II.

There two graphical methods to develop the relationship between number of
trays (stages), liquid/vapour ratios, and product compositions are :

(1) Ponchon Savarit method

(2) McCabe and Thiele method

The first of these, the method of Ponchon and Savarit 1s rigorous and can

handle all situations but it requires detailed enthalpy data for its applications.

3.4 DETERMINATION OF HEAT LOADS BY PONCHON AND
SAVARIT METIiOD
The heat loads (i.e. condenser duty and reboiler duty) for a distillation
column are determined by applying enthalpy balance equations for each tray, in

enriching section and stripping section separately.

3.4.1 Enthalpy Balance in Enriching Section

Consider the enriching section through tray j envelope III, Fig. 3.1 . Tray j is
any tray in this section. An enfhalpy balance, envelope III with heat loss negligible
1

Viu HGjH = LiHy; +Q, +DHp (3.11).

Let Q' be the heat removed in the condenser ‘and the permanently removed distillate,

per mole of distillate. Then |

. Q. +DHp, Q
= XeFPMp | Req 3.12
Q D D P (.12
and V,, H, -LH, = DQ (3.13)
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The internal reflux ratio in the enriching section can be calculated as

Lj — xD - -yj+l _ Q' _HG_IH (314)

V;‘+1 Xp — X; Q'_HL_,'

j
Ap represents a fictitious stream, in amount equal to the net flow outward (in this
case D) and of properties (Q', Xp) such that

Vit - L; =Ap | (3.15)
The ratio of molar flowrate of liquid stream at any stage, j in enriching section and

that of the distillate is defined as

L _ Q= Ho,  _ X =¥y (3.16)
D H, -H, y.,-X

G]+l

Applying this to the top tray provides the external reflux ratio, which is usually the

one specified

R = _L_o: Q" -Hg, _ li.ne ARV _ li'neADV1 (3.17)
®“ D H;-H lineV|L line VD

For a given reflux ratio, the line length ratio of Eq. (3.17) can be used to locate Ap
vertically on fig. C.1, given in the Appendix -C and the ordinate Q' can then be used

to compute the condenser heat load.

3.4.2 Enthalpy Balance in Stripping Section
Consider the envelope IV in Fig. 3.1, where, j 1s any tray in the stripping

section. An enthalpy balance for envelope IV 1s

L_]HLJ + QR = Vj+1 I‘IGj+1 + WHW (318)
Q" is defined as the net flow of heat outward at the bottom, per mole of residue

Q' = _mWH"(V“ R - om, —% . (3.19)

and L. HLj ~V.

J w1 Hg wQ" (3.20)

j+l

21



Thus Ay is a fictitious stream, in amount equal to the net flow outward (in this case

W), of properties (Q", Xw), such that
Lj=Viu = Aw . (3.21)

The ratio of molar flow rate of liquid stream at any stage, j , in the stripping section

\

and that of residue 1s defined as

‘ H O o
L Mo ¥ Y% (3.22)
W Hg -Hy o yu-x

3.4.3 Enthalpy Balance in the Complete Distillation Column

Eq. (3.10) is a complete enthalpy balance for envelope I, Fig 3.1. If in the
absence of heat losses (Qr = 0), the definition of Q' and Q" are substituted into Eq.
(3.10), it becomes

FH; = DQ'+ WQ" (3.23)
The ratio of molar flow rate of distillate to that of residue is defined as

D xp-x, Hp-Q"

= (3.24)
W Xp — Xf Q' - HF

This 1s the equation if a straight line on the H-xy diagram throﬁgh (Q), xp) at Ap,
- (Hg, xp) at F, and (Q", xy) at Ay as plotted in Fig. C.1.
In other words,

F=Ap + Ay (3.25)
The location of F, representing the feed is decided by its thermiodynamic state. F
may be on the saturated-liquid or vapour curve; between them; above the saturated
vapour curve or below the saturated liquid curve. In any event, the two A points

and F must lie on a single straight line.
After locating F and the concentration abscissas xp and xw corresponding to

the products on the H-xy diagram, Ap is located vertically on the line x = xp by the
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computation of Q' or by the line length ratio of Eq. (3.17) using the specified reflux

ratio R. The line ApF extended to x = xw locates Ay, where ordinate can be used

to compute Qg.

3.5 DETERMINATION OF NUMBER OF STAGES IN CONVENTIONAL
DISTILLATION COLUMN

The enriching stages can be located on the H-xy diagram alone by
alternating construction lines to Ap (Q', xXp) and tie lines, each tie line representing
an ideal tray. Similarly, stripping stages can thus be determined entirely on the H-xy

diagram by alternating construction lines to A, (Q", x,) and tie line, each tie line

accounting for an equilibrium stage. The algorithm developed for the determination

of number of stages has been described below.

Algorithm :

(1) For the known Q', xp and reflux ratio, R, the value of x, (or L,) is calculated
as explained further. For a total condenser x,(or L,) and y, (or V,) are equal to
xp (or D).

(2) From the known equation of y in terms of f(x), i.e., y = f(x), the value of x
which satisfies the equation for known value of y, (or V) is calculated by
Newton-Raphson method.

(3) Extending the vertical from x, calculated above, such that it intersects the H; x
line at a point, which 1s x = x; (or L).

(4) From the two point (x;, Hy, at x;) and (xp, Q'), a straight line is drawn such
that it intersects a Hg-y line, and y, is obtained by linear regression method.

(5) Now, for known value of y, (or V3) value of x, (or L,) is obtained by steps 1

and 2 and value of y; (or V3) is obtained by step 3. This procedure is repeated
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(6)

(7

®)

©)

3.6

for particular number of iterations (i) for which x; reaches the composition of
feed. These number of iterations give the number of stages or trays in
enriching section.

Starting with the value of xr (the composition of feed as obtained above), or
F, and known values Q", the value of x 1s obtained which satisfies the value of
equation y = f(x) for known value of yp+;(or Vr+1) by Newton-Raphson
method.

Extending the vertical from xp;;(or Lgs;) such that it intersects the Hy-x line at
a point which 1s X =xp,.

From the two point (xg.;,Hy at xps1) and (xy, Q") a straight line is drawn such
that it intersects a Hg-y line and yg,o(or Vi) is obtained by linear regression
method.

Now for known value of yg.; (or Vi), the value or xgy, (or Lgys) is obtained
by steps 5 and 6 and value of yr; is obtained by step 3. This procedure is
repeated for particular number of iteration (j) for which x; reaches the
composition of residue. These number of iterations give the number of plates
in stripping section. Number of plates in enriching section and stripping

section minus one gives number of plates in the column.

DETERMINATION OF COMPRESSOR WORK IN HEAT PUMP
ASSISTED DISTILLATION COLUMN

Ideal gas equations cannot be applied to the gases or vapours at very high

pressures. Therefore, Lee and Kesler generalised correlations for determination of

residual properties (residual enthalpy and residual entropy), which along with virial

coefficients are used for the determination of compressor -work. As evident from

Eq. (3.26), the properties for the real gases at high pressure can be calculated if the-
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properties for the gases at ideal state and residual properties are known. Eq. (3.26) is

applicable for enthalpy and entropy of the gas
H = H¢ + B}
S = g% 4 st
here HE = Hi + [ Ci8dT
where = H, ITO p

" and = j c‘g dT - Rln—IlJi

0

Substituting into the preceding equation gives
. T . '
- s ig R
H = H/ +jTocp dT + H

and S=S§g+_[ C’ggz—Rlni—SR
T P T . B

' (3.26)

(B.27)

(3.28)

(3.29)

(3.30)

Eq (3.29) and Eq (3.30) may be expressed alternatively to include mean heat

capacities
H = HE + <CE>y (T-T,)+H®

H = S + <Cl > lnTl—Rln£+SR

) 0

where H and S® are given by (3.33) and (3.34)

RT RT RT

c Cc c

R R R

(3.31)

(332)

(3.33)

(3.34)

Calculated values of the quantities (H*)°/RT,., (HY)'/RT,, (S®)°/R and (S®)'/R as

determined by Lee and Kesler are given as function of T, and P, (reduced

temperature and pressure) in Tables B.7.1 through B.7.4 in Appendix-B. These

values, together with Eq. (3.33) and Eq. (3.34) allow estimation of residual
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enthalpies and entropies on the basis of three parameter corresponding states

principle as developed by Lee and Kesler.

As with the generalised compressibility factor correlation, the complexity of
the functions (HY)/RT,, (HY)YRT, (SY°/R and (SM)'/R precludes their general
representation by simple equation.

However, the correlation of Z based on generalized virial coefficients and
valid at low pressure can be extended to the residual properties. The equatioﬁ

relating Z to the function B® and B! is

P P
Z =1+B°;rL+(nB1T—’. (3.35) -

r r
B® and B' are functions of temperature only. The residual enthalpy and entropy

based on the virial coefficient [27] is given as

R Rl 1
LCa P | B —Tr—diﬂo B‘-Trdi (3.36)
RT, dT, dT,
R 0 1
and S - _p |9 B (3.37)
R dT,  dT,

The dependence of B° and B' on reduced temperature is given by Eq (3.38) and Eq
(3.40). Differentiation of these equations provide expression for dB%/dT, and
dB'/dT; given by Eq (3.39) and Eq (3.41). Thus, the four correlations required for

application of Eq. (3.36) and (3.37) are :

0.422 :
B° = 0.083 - 16 (3.38)
r
dB®  0.675 |
Tl (3.39)
: or
B! = 0.139—%?72 . (3.40)

r

26



dB' 0722

r r

(3.41) |

The generalized correlations for HR® and S®, together with ideal gas heat
capacities, allow calculation of enthalpy and entropy values of gases at any
temperature and pressure by Eq. (3.31) and Eq (3.32). For a change from state 1 to

state 2, Fig. 3.2, we can write Eq. 3.31 for both states

: . T, .
H, = H® + jT- ClE dT + HY (3.42)
1

. T, .
H, = HE + [rf CltdT + H} (3.43)

The enthalpy change for the process, AH = H, - H; is given by the difference

between these two equations

AH = |’ CEdT + H, -H, | (3.44)

T
Similarly by Eq. (3.32) for entropy we get

T’) 1
as = [Pcedl_ g2y sRog® (3.45)
Tl T Pl

Again these equations may be written in alternative form

AH = <Cl® >y (T, -T) +H —Hf (3.46)
AS = <C>gIn Ll R[22 |k gk | (3.47)
T Py

The co’rripression work is given by Eq. (3.46).

3.7 COST ANALYSIS OF DISTILLATION COLUMN
Distillation columns are costly equipments and cannot be replaced easily
until they have been used completely for their life period. On the other hand, steam

and water costs form a heavy burden on the money bill, therefore it seems logical to

consider the total cost of the utilities used in the conventional distillation column , *

27



(Real)
.......... v
................. »
TI,PI ------------------------
(Real) -----------------------
1 -
_Hln HzR
_SJR SZR
1i8 AH® ASE 2
Tls Pl | Tz, PZ
(Ideal) (Ideal)

Fig 3.2 Calculational Path for property changes AH and AS

28



Fig 3.3, in addition to the fixed costs of condenser and reboiler. In the heat pump
. assisted distillation configuration, Fig 3.4, fixed cost of compressor will add to the

fixed costs of the equipment and the electricity costs will add to the utility costs.

3.7.1 Cost of Compressor

Using the data available in the graph [8], an equation relating cost of
compressor with its power has been developed. The equation has been converted to
the presen‘g cost index. It is of the form

Ceomp= 145221 W07 (3.48)
It is assumed that the service life of the compressor is equal to n years and salvage
value at the .end of its life is zero. Cost of piping and instrumentation etc. are
generally taken as 40% of the fixed cost of compressor. Annual maintenance cost of
compressor is assumed as 10% of the fixed cost of compressor.

1.4x CComp

Therefore, Ceompa = - +0.1x 1.4 x Ceonp

n

=  02x14x145221 x W™ (3.49)

3.7.2 Cost of Reboiler
Based on data available in graph form [8] for floating head type exchanger

- the cost equation 1s developed on the basis of present cost index :
Cr = 104420 A2

Annual cost of reboiler is based on n years of service life and no salvage value.

Annual maintenance cost of the reboiler is assumed as 10% of fixed cost of reboiler.
CR
Therefore, Cy a=—=+0.1x Cp
' n

=0.2 x 104420 x A3**
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_ D[Hgp ~Hg(Xp); 1+ Qc

L. = I1<j<F-2 423
i [Fg (), ~ ] (1<) ) (4.23)
Similarly
D[H.~ —H- (X V.[H -H
Ly, = [Hep GEHDE)P{‘]'!') fE ;(yf;F (1t Q (4.24)
¢ ¥r-r ~ L,
and  Qu = L, [Hy(xg), - Hy, |+ D[Hg (Xp), — Hop (4.25)°

where the enthalpy expressions appearing in these equations are defined in a
manner analogous to those stated below Eq. (4.22) |

The flow rates in the stripping section may be determined by using enthalpy
balances that enclose either the top of the bottom of the column. When the reboiler
is enclosed, the following formula for the computation of the vapour rates is’

developed in a manner analogous to that demonstrated above.
_ W[HL (Xw); _HLW]+ Qr

1= F<j<N (4.26)
[HGH - HL(yj+l)j]

where

2
HL(XW)j = Z Hyji Xy
i=1
2 .
HL(yj+1)j =ZHLjiyj+l,i

1=

The reboiler duty Qg is found by use of the overall enthalpy balance [The last
expression given by Eq. (4.1)
The total flow rates of the vapour and liquid streams are related by the following

total material balances, which are readily obtained by use of enclosures shown in

Fig. 4.1.
Viq = Lj+D (0<j<F-2)
Vp+Vp=Lg +D
L=V, +W (F<j<N) (4.27)
F=D+W

After the L's for the rectifying section and the Vj, for the stripping section have

been determined by use of the enthalpy balances the remaining total flow rates are
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found by use of Eq. (4.27). The most recent sets of values of the variable

Ty Viwn} and {L; ,} are used to make the next trial through the column. -

The procedure described 1s repeated until values of the desired accuracy have been

obtained.

4.6 ALGORITHM FOR SIMULATION

1. Assume a set of temperatures {T;} -and a set of vapour rates {V;}. [The set of
liquid rates corresponding to one set of assumed vapour rates are found by use
of the total material balances as shown in Eq. 4.27].

2.  On the basis of the temperatures and ﬂéw rates assumed in step 1, compute the
component flow rates by use of Eq. 4.10 for each component 1.

3. Find that 6 > 0, that makeé g(0) = 0 [see Eqgs. 4.14 through 4.16]. [Newton's
method always converges to the desired 0, provided that the first assumed
value of 6 is taken to be equal to zero.

4. Use equation 4.17 to compute the set of corrected x ii 's for each component i
and plate .

5. Use the results of step 4 to compute the K;, for each j by use of the first
expression of Eq. 4.19. Use the Kj's so obtained to compute a new set of
temperatures {Tj,.} by use of Eq. 4.20.

6. Use the results of steps 4 and 5 to compute the new sets of total flow rates,
{Vja+1) and {Ljn41} by use of Egs. (4.23) through (4.27).

7. If 9, the Tj's and Vj's are within the prescribed tolerances, convergence has

been achieved; otherwise repeat steps 2 through 6 on the basis of the most

recent set of Tj's and V's.

The computer program for the simulation of distillation column (for benzene-

toluene system) and its results are given in Appendix A.
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3.7.3 Cost of Condenser

Similarly, based on data available in graph form [8], the cost equation for
condenser is developed on the basis of present cost index:

Cc=78963.5 A2
Annual maintenance cost of .the condenser 1s assumed. as 10% of fixed cost of

condenser.

CC,A=&’+ 0.1x Cc
n

=0.2x78963.5 x C¢
The cost of expansion valve and flash drum is generally quite less when compared
to that of other equipments like reboiler and compressor. Therefore, these costs
have not been considered here.

An. inspection of Eq. 3.42 and 3.46 shows the work done by compressor
depends on the value of AT, where AT, = T, —T;. For the fixed value of Tl and
T, as T, increases H, increases, and hence the compression ;Vork increases.
Consequently cost of compressor, which is a function of work done, also increases.

Thus, the cost of compressor increases with the increase in the value of AT;.
However, increase in the value of AT, decreases the value of surface area, Ay,
which in turn decreases the cost of reboiler. Thus, increase in AT, has two

counteracting effects — one is to increase the cost of compressor and another 1s to

decrease the cost of reboiler. This suggests that there occurs a AT, value for which

the total cost of compressor and the reboiler becomes minimum.
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CHAPTER - 4

SIMULATION OF DISTILLATION COLUMN

4.1 EQUILIBRIUM RELATIONSHIPS, MATERIAL BALANCES AND
ENTHALPY BALANCES

For a distillation column at steady state operation, following specifications
are to be made :

(1) number of plates in each section of the column

(2) quantity, composition, and thermal condition of feed

(3) the pressure maintained throughout the column

(4) type of overhead condenser (total or paﬁial)

(5) reflux ratio, L/D or V; orL, |

(6) one specification on the distillate such as total flow rate D.
For this set of given conditions, the problem is to find the compositions of top and

bottom products. Following equations apply to the distillation of binary mixture.

Equilibrium Relationships

y)lzK_]lx_]l 1=1,2, OS_]SN'{’l
2
1Yy =1 0<j<N+1 (“.1)
i=1
2
2 %=1 0<j<N+1
L =l

Material Balance

( Vj+lyj+1,i=ijji +DXDi i=12; 0<F-2

) VeYr + Ve¥s = LpXpo; +DXpy 1212 4.2)
Via Yisi = LiXj — Wy i=1,2; FEj<N

| FX; = DXy, + Wxy, i=12
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Enthalpy Balances

[ Vi Hgy = LyHy; + DHp + Q¢ 0<j<F-2

| Vi Hy + ViHp = Le Hyp , +DHp +Qc | @3)
VinHgyy =LHy; — WHpy, + Qg F<j<N

| FH = WH,, + DH}, + Q¢ - Qg

A schematic representation of the component material balance is shown in Fig, 4.1
As the benzene and toluene form ideal solution, the enthalpy per mole of vapour

and the enthalpy per mole of liquid leaving plate j are given by the following

expression
2
Hy = > Hei V5 (vapour)
i1
2 . .
Hy; = Zl Hy; x; (liquid)
1=

where the enthalpy of each pure component i1 in the vapour and liquid streams
leaving plate j are represented by Hg; and Hy;; respectively. These enthalpies are, of
course evaluated at the temperature and pressure of plate j. The meaning of Hp
depends on the condenser used. In the system under study, the total condenser is
used. For a total éonden_ser, (D is withdrawn from the accumulator as a liquid at its
bubble point te;mperature Ty, at the column pressure, and y; = x; = Xy ),
2 2
Hy, = EHLOiXDi = EHW X = Hro

The enthalpy per mole of residue has double but equivalent representation, Hpw and

Hin+1, that 1s

2 2
Hyw = Z Hyw Xy = Z Hyneti *nei = Hinw

i=1 i=1
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Fig 4.1: Representation of Component -Material Balance (given by Egs. 4.1 to 4.3)
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The symbols Q¢ and Qg are used to denote the condenser and reboiler duties,
respectively. The condenser duty Qc is equal to the net amount of heat removed per
unit time by the condenser and the reboiler duty is equal to the net amount of heat

introduced to the reboiler per unit time.

42 COMPONENT-MATERIAL BALANCE AND EQUILIBRIUM
RELATIONSHIP AS A TRIDIAGONAL MATRIX

In the case of the component-material balances, a new set of variables, the

component flow rates in the vapour and liquid phases are introduced, namely,

vji = VJ in and lJl

= L; xj; 4.4)
Also, the flow rates of component i in the distillate and residue are represented by

di = DXp; and w; = Wxy,
and the flow rates of component 1 in the vapour and liquid parts of the feed are
represented by |
vg = Vpy; and le, = Lexg

1

The equilibrium relationship y i=K may be restated in an equivalent form in

i Xji
terms of component flow rates v and 1; as follows. First, observe that the

expression yi = Kjx; may be restated in the form

Vg = | R |
iYi 5| 7L i Xii
J

and from Eq. (3.4) it follows that

Vji =S]i ljl and lJl = Aji Vji (45)
1 L
where Ay = — =
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Instead of enclosing the end of the column and the respective plates in each section
of the column aé demonstrated by Eq. (4.1) through Eq. (4.3) and Fig. 4.1, an
equivalent set of component balance is obtained by enclosing each plate (=0, 1, 2,
.. ..., N, N+1) by a component material balance as demonstrated in Fig. 4.2.

The corresponding set of material balance for each component 1 are as follows :

(’lm‘dﬁ"li:o

lp_o; = Vpop; ~ oy *VE = — Vg
y | | - (4.6)
F-1i ~VEi TR T VR T s :
lj—l,i =V —lji +Vig T 0 (F+1<j<N)

{ g = Ve~ W = 0

Except for the first expression of (4.6), the lj,s may be eliminated from equation
(4.6) by use of equilibrium relationship, Eq. (4:5). For the total condenser, 1y, and d;

have the same compositions, and thus,

L

ly = (3") d; | (4.7)

lc;i = Aoi di (48)
where, A, = Lo
D

Also, -the form of Ayy; differs slightly from that for A; because of the double

representation by the subscripts "N+1" and "W" that is

Vi, K -
N+1"*N+1,1
VN+1i YN+Li = [_———W J Wxwi

or Wi =Ani1; VN+L

(4.9)

w

Where AN+1,i = K———'—\—/—
N+14 YN+1
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Fig 4.2 Representation of Component -Material Balance (given by Eq 4.6)
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when the 1;;'s and w; are eliminated from Eq. (4.6) by use of Eq. (4.5), (4.7), (4.8)

and (4.9), the following results is obtained.

(— (A, +1)d, +v;; =0
Aj—l,i Vieli — (Aji +1)vji Vi T 0 (1<j<F-2)

AF—Z,i VF_z,i - (Ap_l +1)vF—1,i + Vv =—Vg

Ap_1j Vi ~ (Ag; H)Vp,j + Ve = g
Ajyi Vi ~ A+ DV + Vi = 0 (Frl<j<NN)

| Agi Vi ~ AN D Vg = 0

This set of equations may be stated in the matrix form as

Ajv; =-G : - (4.10)
where
——poi 1 0 0 0 ]
Ay —py; 1 OA cer e 0
A 0 0 Ap,; —Ppy; | 0 0 0
! O 0 AF—],l _pFl 1 0 e 0
0 . s . aee 0 AN—l,i —le ves 1
L 0 ces e vos .o 0 0 ANl ves _pN+1,i_
Vi =[di, Vi, Vo SVE-1,i VEiveea VNG Vi)
T
£ =[0 0 0. N P 0 0]
Pji = Aji+l

The remainder of the development of the calculation procedure 1s ordered in the
same sequence in which the- calculations are carried out. The calculational
procedure is initiated by the assumption of a set of temperatures {T;} and a set of
vapour rates {V;} from which the corresponding set of liquid rates {L;} is found by

using the total material balances enumerated below. This particular choice of
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variables was proposed by Thiele and Geddes. On the basis of the assumed
temperatures and total flow rates, the absorption factors {Aji} appearing in
Eq. (4.10) may be evaluated for component 1 on each plate j. Since matrix A; in
Eq. (4.10) is of tridiogonal form, this matrix equation may be solved for calculated
values of the vapour rates for component 1 [denoted by (v;)] by use of the Thomas
algorithm. Consider the following set of linear equation in the variables x,, x;, ...
XN, Xn+1, Whose coefficient form a tridiogonal matrix of the following form

B, %, +Coi% = Dy

Al,i)::o + Bl,ix1 + Cl’ix2 = Dl,i

Ayxp+ By ixy +Cyix3 = Dy

Ani*n T BN o %N = Py

B

ANstsi XN Byt X =D,

For each component, the following coefficients are determined.

a5 =By by = Dy /By
AjC._;;
a; = Bj _ At
aj_1; ) .
( 1<) N+1
_ Dy - Ajby;
bji =
aji )
XNe T VNaLi = DN 1=12
Ci Vit
Xj=Vji=bji——Jﬂ i=1,2; OSjSN
aji
di = voi

After these recurrence formulas have been applied for each component i and the
complete set of vapour rates {(v;)c.} has been found, the corresponding set of liquid‘

rates {(lji)ca} 1s then found by use of Eq. (4.5). These sets of calculated flow rates
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can be used in conjunction with the 6-method of convergence and the Ky, method in

the determination of an improved set of temperatures.

43 FORMULATION OF THE 6-METHOD OF CONVERGENCE

In this application of the 6-method of convergence, it is used to weight the
mole fractions that are employed in the K, method for computing a new temperaiu_re
profile. The corrected set of product rates is used as weight factors in the calculation
of improved sets of mole fractions. The corrected terminal rates are selected so that
they are both in overall component-material balance and in agreement with the
specified value of D, that is

FXi = (di)co +(wi)co (411)
2

and > (d), =D | (4.12)
i=1

These two conditions may be satisfied simultaneously by suitably choosing the

multiplier 0, which is defined by

N
. =Ll

The subscripts 'co" and "ca" are used throughout this discussion to distinguish

between the corrected and calculated values of a variable, respectively.

i

Elimination of (l;,—‘J from Eq. (4.11) and (4.13) yields the formula (d;)co, namely
ca

FX,
(4.14)

(di)co = —T—
1+9(—i]
d.

ca

1
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Since the specified values of (d,),, are to have a sum equal to the specified value of

D, the desired value of 0 isthat 6 > 0 that makes g(0) = 0, where
2 ,
g® => (), - D (4.15)
i=1

In the determination of 8 by Newton's method, the following formula for the first

derivative g' (0) is needed.

g®) =

1

W .
1 FX.
2 d(d;) (di) ‘
1/ca :_Z ca (416)
=1

do i=1 I w. 2
1+6] =
i )ea

After the desired value of 6 has been obtained, (w;), may be computed by
Eq. (4.13). Note that Ngwton's method converges to the positive root of g(9),
provided that 6 = 0 is taken to be the first trial value. |

The corrected mole fractions for the liquid and vapour phases are computed as
follows :

l..
ji
[&?] (di)co
X:. = . 2 (4. 17)

ji

Yi T 27y J (4.18)
ca

These expressions are consistent with the definition of 6 given by Eq. (4.13).
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44 DETERMINATION OF AN IMPROVED SET OF TEMPERATURES |
BY USE OF THE K, METHOD

On the basis of the mole fractions given by Eq. (4.17) and (4.18) and the last

temperature profile (the one assumed to make the nth trial), the new temperature

profile is found by using the K, method in the following manner

For any plate j,

| -
KjblTjn-H ) 2
’ Z aji('l‘- Xji A
1=1 " (4.19).
K -y i
or jblTj 1 = Zl o ’
,n+ 1= .o
n Tjn J
where

o = K;i/Kjp, the relative volatility of component i at the temperature of

plate J. The rate of convergence of the entire calculational procedure is dependent
upon the precise choice of Ky, .
It can be shown that the x;'s and y;'s defined by Eq. (4.17) and (4.18)

respectively, form a consistent set in that they give the same value of Kj,.

Component b represents a hypothetical base component whose K value is given by

log, K, = Ti +b (4.20)
’ J

where the constants a and b are evaluated on the basis of the valu.es of K at the
upper and lower limits of the curve fits of the mid boiling component of the mixture
or one just lighter. Thus after K;, has been computed by use of Eq. (4.19), one
temperature Tj,.; to be assumed for the next trial is calculated directly by use of

Eq. (4.20).
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The corrected compositions and the new temperatures are used in the enthalpy
balances to determine the total flow rates to be used for the next trial through the

column.

45 DETERMINATION OF AN IMPROVED SET OF TOTAL FLOW
RATES BY USE OF THE CONSTANT COMPOSITION METHOD

In the constant composition method, one total flow rate (V; or L) is eliminated from
each of the enthalpy balances given' by Eq. (4.3) by use of set of the component
material balances given by Eq. (4.3). To illustrate the development of these
equations, consider the eqthalpy balance enclosing any plate j of the rectifying
~ section, namely . |

ViuHe = LiH;j +DHy +Q; (05 j<F-2) 4.21)

The total flow rate Vi, is eliminated from Eq. (4.21) by use of component material
balance enclosing plate
Vj+1,i = 1_]1 +di (OSJSF—Z)

as follows

2 2
ViuHgin = 2. HgiiVing = 2 Hga (i +d;)
i=1 i=1

N

2
= L ZHGjH,ixji t DZHGjH,iXDi
i=1

1=

= L Ho(x)j,y + DHG(Xp)y (422

2
where HG(xj)j+l = ZHGjH,i X
i=1

2
HG(XD)j+l = ;HGjH Xbi

Elimination of V; +iHg, from equations 4.21 and 4.22 yields



CHAPTER -5

RESULTS AND DISCUSSIONS

This chapter discusses results and interpretations of the analysis of a conventional
distillation configuration. Benzene-toluene system has been considered for
conventional distillation column as well as heat pump assisted distillation

configurations.

5.1 COMPARISON OF HEAT LOADS

The condenser and reboiler duty as calculated by Ponchon-Savarit method
compared with that calculated by the simulation of distillation column (for benzene-

toluene system)

Table 5.1: Comparison of heat loads

Type of heat load By Ponchon-Savarit method By Simulation
Condenser Duty, kW 596.882 593.796
Reboiler Duty, kW 661.418 672.954

Therefore, as evident from the table, it can be inferred that the heat loads as
calculated by the graphical method (Ponchon-Savarit method) are very close to that

obtained by simulation of the column for the benzene-toluene system,

52 ECONOMICAL ANALYSIS OF HEAT PUMP
In distillation column coupled with heat pump, the temperature difference
between the bottoms of the column and the compressed vapour stream in reboiler,

AT plays an important role in determining whether the use of heat pump is

economically feasible or not. The annual costs of reboiler and that of compressor

v447




are directly related to AT, . In the case of reboiler, it decreases continuously with
increase in AT whereas for compressor , it increases. The annual electricity charges
depends on the power of compressor, and hence depends on AT.. These costs have

been plotted in Fig 5.1 for a given set of economic data. The total costs, as seen,
from the figure, passes through a point of minima. This point represent the optimum

value of AT, . It may be mentioned here that the value of optimum AT, is valid only

for the set of economic data used in this investigation.

The total annual cost of the conventional distillation system has been
compared with that of system coupled with heat pump to determine the range of
AT, for which application of heat pump is justified economically.. This plot is
shown in Fig. 5.2. The dotted line in this figure represerlts the total annual cost of
the conventional column whereas firm line represents that of column with heat
pump. The region abe of firm line lying below the dotted line represents the range
of AT, for which the cost of column with heat pufnp is less than that of the
conventional column. Therefore, this region establishes the range of AT, for the
applicability of héat pump in distillation unit. For thé present data, range of AT, is
found to be 1 °C to 8.5 °C. Although use of heat pump has been found to be
profitable in this range, yet the system should be examined for its normal operation.

It is important to mention here that the above range of AT, is valid only for
the fixed cost of reboiler, condenser, compressor and cost of electric energy used in
this investigation. Costs are never static in nature. They, as present day trend
indicates, increase continuously depending ﬁpon inflation. Therefore, this analyéis‘

of determining the range of AT, for the applicability of heat pump has been
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Fig. 5.1 : Variation of annual fixed costs and electricity charges
for heat pump with AT,
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extended to futuristic utilities and fixed costs. This has been carried out by defining

two cost indices, as given below :

Prevalent fixed cost of equipment
Reference fixed cost of equipment

Fixed cost index (FCI) =

Prevalent cost of equipment
Reference cost of equipment

and  Utility cost index (UCI) =

In the present investigation, reference cost of utilities and equipment has
been taken as those used in Fig. 5.2.

To determine the effect of variation of UCI on the applicébility range of
AT, , a plot between annual cost of both the cases (column with and without heat
pump) and AT, with UCI hgs been shown in Fig. 5.3. This plot is for a given value
of FCI. The dotted lines of the plot represent the case of conventional column

(at minimum AT, for a particular value of UCI and FCI) whereas the firm lines of
column coupled with heat pump (for the range of AT ). From this plot, following

salient features are noted.

(1) For a given value of FCI and UCI, there exists a unique range of AT, for which
the use of heat pump is economically justified.

(2) For a given vélue of FCI, an increase in the cost of utilities (UCI) increases the
applicability range of AT,. However, the optimal value of AT, suffers a little
decrease.

These points suggest that the use of heat pump in distillation is favoured

when cost of utilities rises due to inflation as it corresponds to a large range of AT; .

Fig. 5.4 also contains a plot similar to that of Fig. 5.3 but for FCI = 2.0, this

plot has the same trend as that observed earlier.
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Fig. 5.3 : Variation of total annual cost for heat pump assisted
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To obtain the parametric effect of variation of FCI on applicability range of
AT, , plot between annual total cost of column with heat pump and AT, with FCI as
a parameter has been drawn in Fig. 5.5 and 5.6. These plots also contain annual total
cost data conventional column. They are for 1.0 and 2.0 values of UCI respectively.

An examination of the plot contained in Fig. 5.5 shows that the column
coupled with heat pump for which the value »of FCI is equal to 1.0, has an
applicability range of AT, from 1 to 8.5 °C. However, systems having values of FCI
equal to 1.5 and higher always show annual total cost to be higher than that of
conventional column. Therefore, the use of heat pump for columns having FCE
more than 1.5 and UCI equal to 1.0 is not recommended. The plot of Fig. 5.6 clearly
shows that for the value of UCI equal to 2.0, there exists applicability ranges of AT,
for FCI = 2.0. The range of AT, goes on shrinking as the value of FCI increases. In
the case of FCI = 3.0, use of heat pump is not recommended.

Tables given in Appendix-D provide applicability range of AT, for various
values of FCI and UCI. These tables are of immense utility to energy conscioug
plant managers to determine the range of AT, for which use of heat pump in
distillation is economically viable for various values of fixed and utility costs.

For the value of AT, at which the total costs of utilities and equipments
taken together, are minimum, the comparison of costs of utilities and equipments is

shown in the table given below :
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Table5.2: Comparison of Costs of Utilities and Equipments (in Rs.) for

Conventional Distillation Column and Heat Pump Assisted

Distillation Column

Utility/Equipment Conventional Heat pump assisted
distillation column distillation column
Cooling water 3,44,573.44
Steam | 21,45,194.99 1,73,776.00
Electricity - 16,80,000.00
Condenser 96,639.92 2,22.434.00
Reboiler 4,81,992.01 2,64,934.06
Auxiliary reboiler 61,904.70
Compressor 5,44,950.59
Total 30,67,999.96 29,47,999.35

From the table given above, it is evident that annual total cost for the column
coupled with heat pump is less than that for conventional distillation. So, it can be

concluded that heat pump assisted distillation column 1s economically feasible for

AT, =4°C.
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CHAPTER - 6

CONCLUSIONS AND RECOMMENDATIONS

It can be concluded from the present investigation pertaining to energy
management in distillation that the heat pump assisted distillation configuration

which use external refrigerant, can be recommended. The range of AT for which

the use of heat pump is economically justified, has been determined for a given set
of economic and process data. The present analysis has also considered inflation in
the cost of steam and cooling water. This analysis has been extended to futuristic
costs by properly accommodating the inflation in the costs of equipments and of
utilities.
Following recommendations are made for further studies
(1)  The non-ideal solutions like methanol-water, etc. should be analyzed
~ to obtain the generalized behaviour.
(2) The economic analysis of other heat pump assisted distillation
configurations should be carried out. These configurations are
mentioned below :

()  Heat pump with recompression of overhead vapour.
(1)  Heat pump with reboiler liquid flashing |

(i)  Heat pump with intermediate condensers and reboilers.
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APPENDIX-A

SOFTWARE LISTING

/* BENZENE-TOLUENE SYSTEM */

PROGRAM NO. 1

/* PROGRAM TO CALCULATE VAPOUR COMPOSITION, BUBBLE-POINT TEMPERATUREY*/
/* AND ENTHALPY OF LIQUID MIXTURE AND ENTHALPY OF VAPOUR MIXTURE*/
/* FOR A LIQUID COMPOSITION*/

#include<stdio.h> ‘

#include<math.h>

#include<conio.h>

void main/{()

{

int i;

float plsat,p2sat,x,pt=1.0,d,t,sum=0,y,Cben,Ctol,Cmix,t0=273.16;
float hl,hg,latb,latt,T[3],X[3]:;

clrscr() ;

printf ("ENTER THE COMPOSITION OF RESIDUE, FEED AND DISTILLATE:") ;
foxr (i=0;i<=2;i++) ///’

{ ’ .

scanf ("8£",&X[i]) ;

}

printf (" X Y T HL HG\n") ;
for (x=0.0;x<=1.1;x=x+0.1)

{

t=350;

d=10;

aa:

plsat=exp(15.9008—2788.51/(t-52.36))/760}

p2sat=exp (16.0137-3096.52/ (t-53.67))/760;

sum= (x*plsat+ (1-x) *p2sat) /pt;
if (fabs (sum—-1)>0.00001)

{

if (sum<l) { t=t+d; goto aa; }

if (sum>1) { t=t-d; d=d*0.1; goto aa;}

}
y=plsat* (1-p2sat)/ (plsat-p2sat) ;
Cben=155.6259*(t—t0)—0.2710512*(t*t—t0*t0)/2.0+6.750819*pow(10,—
4) * (pow(t,3) -pow(t0,3))/3.0;
Ctol=147.0419*(t-t0)-0.1140537*(t*t-tO*tO)/2.0+4.896709*pow(10,—
4) * (pow(t,3) -pow(t0,3))/3.0;

Cben=Cben/ (t-t0) ;

Ctol=Ctol/ (t-t0) ;

Cmix=x*Cben+ (1-x) *Ctol ;

hl=Cmix* (t-t0) ;

latb=30.761*pow((562-t)/208.69,0.38) ;

latt=33.179*pow ((593.1-t)/209.37,0.38);
hg=y*(Cben*(t-t0)+latb*pow(10,3))+(1—y)*(Ctol*(t-t0)+latt*pow(10,3));
printf(" $.2f $£ %.3f %.3f 8.3f\n" ,x,y,t,hl,hqg);
}
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printf ("\n\n\n") ;

printf ("\nResidue-1 Feed-2 Distillate-3\n\n") ;
printf (" X Y T : HL
HG\n") ;

for (i=0;i<=2;i++)

{

T{i]=350;

d=10;

bb:
plsat=exp(15.9008-2788.51/(T[i]-52.36))/760;
p2sat=exp(16.0137~3096.52/(T[i1-53.67))/760;

sum= (X [i] *plsat+ (1-X[i]) *p2sat) /pt;

if (fabs (sum-1)>0.00001)

{

if(sum<l) { T[il=T[i]+d; goto bb; }
if(sum>1l) { T[i]=T[i]-d; d=d*0.1; goto bb;}
} _
y=plsat* (1l-p2sat)/ (plsat-p2sat) ;

Cben=155.6259* (T[1]-t0)-0.2710512*(T[i]*T[i]~

t0*t0) /2.046.750819*pow (10,~4) * (pow (T[i],3) ~pow(t0,3))/3.0;
Ctol=147.0419*(T[i]-t0)~0.1140537*(T[i]*T[i]~ o
t0*t0) /2.0+4.896709*pow (10,~4) * (pow (T[i],3) -pow (t0,3))/3.0;
Cben=Cben/ (T[i]-t0) ;

Ctol=Ctol/ (T[i]-t0) ;

Cmix=X[i] *Cben+ (1-X[i]) *Ctol;

hl=Cmix* (T[i]-t0) ;

latb=30.761*pow{ (562-T[i])/208.69,0.38) ;

latt=33.179*pow ((593.1-T[i])/209.37,0.38);

hg=y* (Cben* (T[i]-t0)+latb*pow(10,3))+(1l-y)*(Ctol* (T[i] -
t0)+latt*pow(10,3)) ;

printf("3d &£ £ %.3f - %.3f
%.3£f\n",i+1,X[i],y,T[i],hl,hg);

} .

getche() ;

}
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PROGRAM NO. 2

/*PROGRAM TO DETERMINE THE Q-MIN LINE*/

#include<stdio.h>

#include<math.h>

#include<conio.h>

void main ()

{ float t,plsat,p2sat,x,hl,y, hg,thetal, theta2 hf;

float all,al2,al3,a2l,a22,a23,cl,c2,sum,xf hfc,d,tl, t2;
clrscr() ;

printf ("ENTER THE COMPOSITION OF FEED:") ;

scanf ("%f", &xf) ;

printf ("ENTER THE ENTHALPY OF FEED CALCULATED BY GRAPHICAL METHOD:") ;
scanf ("$£f", &hfe) ; .

printf ("ENTER THE TEMPERATURE RANGE WHERE THE Q MIN LINE IS EXPECTED
IN KELVIN:\n");

printf(" SUGGESTTION\n");

printf ("Q-MIN LINE LIES SOMEWHERE BETWEEN 366 K-367 K:\n");
printf ("FIRST ENTER LOWER TEMPERATURE\n") ;

scanf ("$£%£f",&tl1,&t2) ;

for(t=t2;t>=tl;t=t-0.0001)

{ .
plsat=exp(15.9008-2788.51/(t-52.36))/760;
p2sat=exp(16.0137-3096.52/ (t-53.67))/760;

*=(1.0-p2sat)/ (plsat-p2sat) ;

hl=17527.6-6920.65%x; :

y=plsat* (p2sat-1)/ (p2sat-plsat) ;

hg=51282.2-9423.89%y;

thetal=atan2 ( (hg-hl) , (y-x));

theta2=atan2 ( (hl-hfc), (x—-x£f)) ;

thetal=180*thetal/3.14159;

theta2=180*theta2/3.14159;

sum=0 ;

all=2;al2=sumtx+y;

a2l=sumtx+y; a22=sumtx*x+y*y;

al3=sumthg+hl; a23=sum+x*hl+y*hg;
c2=(al3*a2l1-all*a23)/(al2*a2l-all*a22);
cl=(al2*a23-a22*al3) / (al2*a2l-all*a22) ;

hf=c2*xf+cl;

if (fabs (hf-hfc)<=0.2)

{

printf ("\nISOTHERM LINE FOR QMIN PASSES THROUGH=%.3£f\n", t) ;
printf ("\nQMIN INTERSECTS HL-x LINE AT x=%f AND HL=%.3f\n",x,h1);
printf ("\nQMIN INTERSECTS HG-y LINE AT y=%f AND HG=%.3f\n",y,hq):;
printf ("\nEQUATION OF Q-MIN LINE: H=%.3fx%.3f\n ",c2,cl);
printf ("\nthetal=%f theta2=%£f\n", thetal, theta2);
printf("\nENTHALPY OF FEED=%.3f\n", hf);

}

}

getche () ;

}
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PROGRAM NO. 3

/ *PROGRAM TO CALCULATE NO. OF STAGES IN DISTILLATION COLUMN FOR */
/ *BENZENE -TOLUENE SYSTEM*/

#include<stdio.h>

#include<math.h>

#include<conio.h>

void main ()

{int stagel,stage2,i, j,

float x,x old,fx,dfx,a0,al, a2,a3,ad,as;

float y,aIi,alZ,alB,aZl,a22,a23,h,Q,xd,C2,Cl,c2,cl,sum,hF,hgl,th;
float X,xw,Qw,F,D,W,R, hW, hD,Qc,Qxr,xmin;

clrscx () ;

printf ("ENTER COMPOSITION OF RESIDUE AND DISTILLATE: ");

scanf ("S£3E", &xw, &x4d) ;

printf ("ENTER MOLAR FLOW RATES OF RESIDUE, FEED AND DISTILLATE:") ;
scanf ("SE£IE£SE" , &W, &F, &D) ;

printf ("ENTER ENTHALPY OF RESIDUE,. FEED AND DISTILLATE:") ;

scanf ("S£3£%£" , &hW, &hF, &hD) ;

printf ("ENTER REFLUX RATIO:") ;

scanf ("%£",&R) ;

printf ("ENTER THE ENTHALPY OF OVERHEAD VAPOURS LEAVING TOP PLATE:") ;
scanf ("%£",&hgl) ;

printf ("ENTER THE ENTHALPY OF LIQUID ENTERING THE TOP PLATE AS
REFLUX: ") ;

scanf ("$£f" ,&h10) ; .
.printf("ENTER THE VALUE OF x AT WHICH Q-MIN LINE INTERSECTS HL-x
LINE:") ;

scanf ("$£f" , &xmin) ;

printf(" Stage X ¥\n")

@R=R* (hgl-hl10)+hgl;

Qc=(Q-hD) *D/3600;

c2=-9423.89;C1=51282.2;

a0=3.41329*pow (10, -5) ;al=2,33928;

a2=-2.71257;a3=2.34031;

ad=-1.29036;a5=0.323333;

y=xd;

do

{

x_old=x;
fx=al+al*x+a2*x*x+a3*pow(x,3)+tad*pow(x,4)+aS5*pow(x,5) -y’
dfx=al+2.0%a2%x+3. 0*a3*x*x+4 O*ad*pow(x,3)+5.0*%ab*pow(x,4) ;
x=x-fx/dfx;

} .

while ( (fabs (x-x_o0ld)>=0.0000001) && (dfx!=0)) ;
Qw=(F*hF-D*Q) /W;

Qr=(hW-Qw) *W/3600; .

printf ("\t%d 73 $£\n",1,x,y) ;
stagel=0;

i=0;

do

{

stagel=stagel+l;

i=i+l;

h=17527.6- 6920 65%*x;

sum=0;

all= 2,a12=sum+xd+x;

a2l=sumtxd+x; a22=sumt+x*x+xd*xd;

Ad



al3=sum+Q+h; a23=sumt+xd*Q+x*h;
c2=(al3*a2l1-all*a23)/(al2*a21-all*a22) ;
cl=(al2*a23-a22*al3)/(al2*a2l-all*a22);
y=(cl-Cl)/(C2-c2);

do

{ _

x_old=x;
fx=aO+al*x+a2*x*x+a3*pow(x,3)+ad*pow(x,4)+ab*pow(x,5) -y’
dfx=al+2.0*a2*%x+3.0*a3*x*x+4.0*%ad*pow (x,3)+5.0%a5*pow(x,4) ;
x=x-£x/dfx; '

}

while ( (fabs (x-x_o0ld)>=0.0000001) &&(dfx!=0)) ;

printf (*\t%d $£ $£\n" i+l ,x,y):

}
while(x_old>=xmin) ;

x=x_9ld;

C2=-9423.89;C1=51282.2;

a0=3.41329*pow (10, ~-5) ral=2.33928;

a2=-2.,71257;a3=2.34031;

a4=-1.29036;a5=0.323333;

3=1;

stage2=0;

do

{

j=3+1;

stage2=stage2+l1;

h=17527.6-6920.65*%x;

sum=0;

all=2;al2=sumtxwtx;

a2l=sumtxw+x;  a22=sumt+x*x+xwr*xw;

al3=sumtQw+h; a23=sum+xw*Qw+x*h; .
c2=(al3*a2l~all*a23)/(al2*a2l-all*a22) ;
cl=(al2*a23-a22*al3)/(al2%a2l1-all*a22);

y=(cl-C1l)/ (C2-c2) ;

do

{

» _old=x;

fx=al+al*x+a2*x*x+a3*pow(x,3)+ad*pow(x,4)+ab*pow(x,5) -y;
dfx=al+2.0*%*a2*x+3.0%a3*x*x+4.0*%ad*pow(x,3)+5.0*a5*pow(x,4) ;
x=x-fx/dfx;

}

while((fabs(x-g_old)>=0.0000001)&&(dfx!=0));

printf (*\t%d sf $£f\n",3+1,x,y);

}

while (x_old>=xw) ;

printf ("NO OF STAGES EXCLUDING REBOILER STAGE=%d\n\n",stage1+stage2);
printf ("CONDENSER DUTY=%.3f kW REBOILER DUTY=%.3f kW\n“,Qc,Qr);
getche() ; -

}
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PROGRAM NO. 4

/* SIMULATION OF BENZENE-TOLUENE SYSTEM */

#include<stdio.h>

#include<conio.h>

#include<math.h>

void main ()

{int i,3,N,feed, k,count;

float )
T[20],L[20],V[20] ,delV,D,W,F,VF,pt=1.0,To[20], temp,Lo[20],Vo[20];
float K1[20] ,K2[20],A1[20] ,A2[20],v1[20],v2[20];

float XD ,XF,XW,d1l,d2,wl,w2,1F1,1F2,tfo,tx;

float vF1l,vF2,theta,ftheta,dftheta;

float dlco,d2co,x1[20],x2([20],11[20],12[20];

float C1[20],C2[20],D1[20],D2[20],al1l[20],a2[20]},b1[20] ,b2[20];
float AA1[20],AA2[20],B1[20],B2[20];

float alphal[20],alpha2[20],Kb[20] ,KB1,KB2,Ti,TE;

fleoat all,al2,al3,a2l,a22,a23,a,b,sum,Tn[20];

float t0,Cpl[20],Cp2[20],Cmix[20],h1[20],y1[20],y2[20];

float 1atl[20],1at2[20],ps1[20],ps2[20];

float hgl[20],hg2[20] ,hg[20],h11[20],h12[20] ,Rex,suml[20];
float
XD1,XD2,hD,Qc,QL[20] ,XW1 ,XW2,hW,Qw hF ,diffT[20] ,diffL[20] ,diffVv[20];
clrser() ;

N=18;feed=7;

D=26,355124;F=58.163082; W=31.807959;
X¥F=0.440209;

1F1=F*XF; 1F2=F*(1-XF);

vF1=0; vF2=0; /* LIQUID FEED */
printf ("Enter the External Reflux Ratio:");
scanf ("%£f", &Rex) ;

/*ASSUMPTION OF TEMPERATURE */

forxr (3=0;3<=N+1;j++)

{ TI[31=390;

}

/*ASSUMPTION OF TOTAL VAPOUR FLOW RATES*/
foxr (j=1;3<=N+1;j++) E

{ V[jl=100;

}

/*CALCULATION OF TOTAL LIQUID FLOW RATES*/
for (j=0;j<=feed-2;3j++)

{

LI3]1=v[j+1]-D;

}

VE=0;

L[feed-1]=V[feed]+VF-D;

for (j=feed;j<=N;j++)

{LIJ]1=V[i+1]+W;

}

/*LOOP STARTS HERE */
count=0;

do

{ count=count+l;
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/ *ASSIGNMENT*/

for (j=0;3<=N+1;j++)
{. Tol3jl=TI[31;

}

/*ASSIGNMENT */
for (§=0;J<=N+1;j++)
{ Lo[jl=L[3];

}

/*ASSIGNMENT */

for (§=0;3<=N+1;j++)

{ Voljl=VIjl:;

} .

/*CALCULATION OF K-VALUES */

for (j=0;j<=N+1;j++)

{
pslijl=exp(15.9008-2788.51/(T[j]1~-52.36))/760;
psz[j]=exp(16.0137—3096.52/(T[j]—53.57))/760;
K1[jl=psiljl/pt;

K2[jl=ps2[jl/pt;

}

/*CALCULATION OF A FOR COMPONENTS*/
AAl1[0]=L[0]1/D;
AA2[0]=L[0]/D;

for (j=1;j<=N;j++)

{

AAL[J1=L[3j1/(R1[31*V[]]);
AA2[31=L[3j1/(R2[31*V[3]);

}
AAL[N+1]=W/ (K1 [N+1]*V[N+1]) ;
AA2 [N+1]=W/ (K2 [N+1] *V[N+1]) ;

/*SOLUTION OF THOMAS ALGORITHM FOR DETERMINATION OF COMPONENT VAPOUR
FLOW RATES*/

for (j=1;3<=N+1;j++)
{ A1[3j]1=AA1[j-1];
A2[j]1=ARn2[3-1]1;

}

for (j=0;3<=N+1;j++)
{
Bl[j]=~-(RA1[j]+1);
B2[j]=—-(AA2[3j]+1);
}

for (3=0;3<=N;]j++)

{ Cl[3jl=1; cC2[3]1=1;

}

for (3=0;j<=feed-2;j++)

{ D1[j]=0; D2[j]=0;

}

Dl[feed-1]=-vFl; D2[feed-1]=-VF2;
Dl[feed]l=-1F1; D2 [feed]=-1F2;

for (j=feed+1; j<=N+1;j++)
{D1[3]1=0; D2[]j]=0;
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}
al[0]=B1[0];
a2[0]=B2[0];

b1[0]=D1[0]1/B1i[0];
b2[0]=D2[0]/B2[0];

for (3=1;3<=N+1;j++)
{ al(3j1=B1[j]-Al1[jl*C1l[j-1]/al([]j-1];
a2({j]1=B2[jl1-A2[jl1*C2[j-11/a2[3-1];

bl[3j1=(D1[3]1-A1[3]1*b1[]-1])/al[]];
b2 [j]=(D2[j]1-A2[31*b2[j-1])/a2[j];
} ;

vl [N+1]=bl[N+1];
V2 [N+1]=b2 [N+1] ;

for (4=N;j>=0;3--)

{
vi[jl=bl[jl-c1l{jl*vi{j+11/allil;
v2[jl=b2[j]~C2[j]1*v2[j+1]1/a2[3]};
}

dli=vi[0];

d2=v2[0];

wl=2AA1l[N+1]*vl[N+1];
w2=AA2 [N+1] *v2 [N+1] ;

11[01=v1[1]-d1l;
12[0]=v2[1]-d2;

for (j=1;j<=feed-2;j++)
{ .
11[ji=v1[3+1]-v1[j]+11[3-1];
12[j]=v2[j+1]—~v2[]j]1+12[3~-1];
}
ll[feed-1]=vl1[feed] ~vi[feed-1l]+1ll[feed-2]+VF]l;
12 [feed-1]=v2[feed] -v2 [feed-1]+12[feed-2]1+VF2;

ll[feed]l=vl[feedt+l]-vl[feed]+1ll[feed-1]+1F1;
12 [feed]=v2[feed+l] —v2[feed]+12[feed~-1]+1F2;

for (j=feed+l;j<=N;j++)

{
11[3]1=v1i[j+1]-v1[j]1+11[])-1]);
12{31=v2[3+1]1-v2[3]+12[3-1];
}

1i[N+1]=wl;

12[N+1]=w2;

/ *DETERMINATION OF THETA*/
theta=0;

do

{
ftheta= (F*XF)/ (1+theta*wl/d1l)+F* (1~XF) / (1+theta*w2/d2) -D;

dftheta= (w1l*F*XF/d1l) /pow (1+theta*wl/dl,2)+
(W2*EF* (1-XF) /d2) /pow (1+theta*w2/d2,2) ;
dftheta=-dftheta;
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theta=theta-ftheta/dftheta;

} : .
while((ftheta>=0.000001) && (dfthetat!=0)) ;

dlco=F*XF/ (1+theta*wl/dl) ;
d2co=F* (1-XF) / (1+theta*w2/d2) ;

for (3=0;j<=N+1;J++)

{
x1[j]=(ll[j]*dlco/dl)/(ll[j]*d1co/d1+l2[j]*d2co/d2);
x2[j]1=(12[j]1*d2co/d2)/ (11[j]*dlco/d1+12 [31] *d2co/d2) ;

}

/*BASE COMPONENT FOR CALCULATION OF RELATIVE VOLATILITY IS N~HEPTANE*/

for (3=0;9<=N+1;j++)

{ .

alphal[j]l=exp(15.9008-2788.51/(T[j1-52.36))/
exp(15.8737-2911.32/(T[j]1-56.51)) ;

alpha2[jl=exp(16.0137-3096.52/(T[§]1-53.67))/

exp (15.8737-2911.32/(T[j]1-56.51)) ;

} _ : .

for (j=0;3<=N+1;j++)

{

Kb[jl=1/(alphal[3j]*x1[j]+alpha2[j]*x2[j]);

}

sum=0;

Ti=270;

T£=400;

KBl=exp (15.8737-2911.32/ (Ti-56.51))/ (760*pt) ;

KB2=exp (15.8737-2911.32/ (T£-56.51) ) / (760*pt) ;

all=2;al2=sumt+l/T£+1/Ti;
a2l=sum+1/T£+1/Ti;a22=sumtpow(1/T£,2)+pow(1/Ti,2) ;

al3= sumtlog(KBl)+log{(KB2) ; a23=sum&log(KBl)*(1/Ti)+log(KBZ)*(1/Tf);
a=(al3*a2l-all*a23)/(al2*a2l-all*a22);

b=(al2*a23-a22*al3)/ (al2*a2l-all*a22) ;

for (j=0;j<=N+1;j++)

{

Tn[jl=a/ (log(Kb[3j1) -b) ;
}

+£0=273.16;
for (3=0;3<=N+1;j++)

{
Cpl[j1=155.6259*(Tn[j]-t0)~0.2710512*(Tn[j]*Tn[j]-t0*t0)/2.0+
6.750819*pow(10,-4) *(pow(Tn[j],3) ~pow(t0,3))/3.0;
Cp2[j]=147.0419*(Tn[j]-t0)~-0.1140537* (Tn[j]1*Tn[j]1-t0*t0)/2.0+
4.896709%pow (10,-4) * (pow(Tn{3j],3) -pow(t0,3))/3.0;
Cplijl=Cpl[3]1/(Tn[j]1-%0);
Cp2[jl=Cp2[j1/(Tn[3j]1-t0);

Cmix [J1=x1[jl*Cpl[jl+x2[j]*Cp2[]];
hl[3]1=Cmix[31*(Tn[j]1-t0);
hll{j]=Cpl[j]*(Tn[j]-t0);
hl2{j]l=Cp2[j]*(Tn[j]1-t0);
1at1[3j]=30.761l*pow((562-Tn[j])/208.69,0.38) ;
lat2[j]=33.179*pow((593.1-Tn[j])/209.37,0.38);
psl[j]l=exp(15.9008-2788.51/(Tn[3]1-52.36))/760;

A9



ps2[jl=exp(16.0137-3096.52/(Tn[j]-53. 67))/760
K1[jl=ps1[jl/pt;
K2[jl=ps2[jl1/pt;
y1[jI1=K1[jl*x113};
y2[31=K2[3]1*x2[3];
hg[jl=yl[j1*(Cpl[jl1*(Tn[j]l-t0)+latl[j]*pow(10,3))+
y2[31*(Cp2[j1*(Tn[j]1-t0)+1lat2[j]*pow(10,3));

hgl[jl=yl[j]1*(Cpl[j]1*(Tn[j]-t0)+latl[]j]*pow(10,3));
hg2[jl=y2[j1*(Cp2[3]1*(Tn[j]-t0)+1lat2[]]*pow(10,3));
) .
hD=(x1[0] *Cp1[0]+x2[0] *Cp2[0]) * (Tn[0]-t0) ;
for (3=1;3<=N;j++)
{QL[j]1=0;
}
L[0])=Rex*D;
Qc=L[0]*(hgl[1]1*x1[0]+hg2[1]*x2[0]1-h1[0])+

D* (hgl[1]*x1[0]+hg2[1]*x2[0]~hD) ;

for(j=1;j<=feed-2;j++)

{ . . .

L[3j]=(D* (hD-(hgl[j+1]*x1[0]+hg2[j+1]*x2[0]})+Qc+QL[3])/
(hgl[j+1]1*x1[j]l+hg2[j+1]*x2[j]-h1l[3]) ;

}

L[feed—~1]=(D* (hD~ (hgl[feed] *x1[0]+hg2 [feed] *x2[0]) ) +Qc+QL[j])/

(hgl[feed] *x1[feed-1]+hg2 [feed] *x2 [feed-1]-hl [feed~1]) ;

Tn [feed]=342.45;
t£0=303.16;
Cplifeed]=155.6259* (Tn [feed] tfo) ~0.2710512* (Tn[feed] *Tn [feed] -
tfo*tfo)/2.0+
6.750819*pow(10,-4) * (pow(Tn[feed] , 3) ~pow(tfo, 3))/3 0;
Cp2[feed]=147.0419* (Tn[feed]-tfo)-0.1140537* (Tn[feed] *Tn[feed] -
tfo*tfo) /2.0+
4.896709*%pow (10, ~4) * (pow (Tn [feed] ,3) ~pow (tfo0,3))/3.0;
Cpl[feed]=Cpl[feed]/ (Tn[feed]-tfo) ;
Cp2[feed]=Cp2[feed]/ (Tn[feed]-tfo) ;
hF=(x1[£feed] *Cpl [feed] +x2 [feed] *Cp2 [feed] ) * (Tn[feed] -t0) ;
tr=318.16;
Cpl[N+1]=155.6259* (Tn[N+1]-tr)-0.2710512* (Tn[N+1] *Tn[N+1]-tr*tr)/2.0+
6.750819*pow (10,-4) * (pow(Tn[N+1] ,3) -pow(txr,3))/3.0;
Cp2 [N+1]=147.0419* (Tn[N+1]-tr) -0.1140537* (Tn[N+1]*Tn[N+1]-tr*tr)/2.0+
4.896709*pow (10,~-4) * (pow (Tn [N+1],3) -pow(tx,3))/3.0;
Cpl[N+1]=Cpl [N+1]/(Tn[N+1]=-tr) ;
Cp2 [N+1]=Cp2 [N+1]/(Tn[N+1]-tx) ;
hW=(x1 [N+1] *Cpl [N+1]+x2 [N+1] *Cp2 [N+1]) *(Tn[N+1]-t0) ;
Qw=W*hW+D*hD+Qc-F*hF;

for (j=feed;j<=N;j++)

{ .

VI[j+1]=(W* (h11[J] *x1 [N+1]+h12[j] *x2 [N+1]~-hW)+Qw-QL[j])/
(hg{3+11-(h11{j]1*yl[j+1]+h12[3]*y2[j+1]));

}

for (j=0;j<=feed-2;j++)
{

V[j+1]=L[j]+D;

} )
VEF=0;
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V[feed]=L[feed-1]-VF+D;

for(j=feed;j<=N;j++)
{L{31=V[3+1]4W;
}
/*ASSIGNMENT */
for (§=0;3<=N+1;j++)
{ TI[31=Tnl3jl;
}
/ *DIFFERENCES OF OLD AND NEW VALUES OF T*/
for (3=0;j<=N+1;j++)
{ diffT[j]l= fabs(To[j]l-Tn[3jl]);
}
temp=0;
foxr (§=0;3<=N;j++)
{
if (AiEET[J1<difET[+1])
{ temp=diffT[j];
AiffT[j]1= diffT[5+1];
diffT[j+1]=temp;
}

temp=0;
for (j=0;j<=N+1;j++)
{ diffL[jl= fabs(Lo[j]l-L[jl);
}
fox (j=0;3<=N;j++)
{
1f(diffL[JI<diffL[j+1])
{ temp=diffL[j];
diffL[j]= diffL[j+1];
diffL[j+1l]=temp;
}
}
temp=0;
for (§=0;3<=N+1;3j++)
{ dif£V[j]l= £abs(Vo[j]1-VIjl);
}
foxr (3=0;3<=N;j++)
{
Af(EEVIII<AifEV[i+1])
{ temp=diffV[i];
diffV[jl= diffv[j+1];
diffv[j+ll=temp;
}
}
} .
while((diffT[0]>=0.000001)&&(diffL[0]>=0.000001)&&(diffV[0]>=0.000001)
):
/ *OUTPUT STATEMENTS*/
printf ("\n\n\n") ;
printf (" Temp Stage v Stage
L\n") ;
for (j=1;j<=N+1;3++)
{
printf ("\t%.5f 8d L33 ad $£\n" ,Tnf3-11,3,vI31,3-1,L[35-11);
) ]
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~e

getche ()
clrscr()

e

printf (" Stage

for (3=1;j<=N+1;j++)

{

printf ("\tsd &f
}

printf ("\n\n\n") ;
printf£ (" Stage

for (j=0;j<=N+1;j++)

{ .

printf ("\t%d 8f
} .

getche () ;

clrscx () ;

printf (" Stage

foxr (j=1;3<=N+1;3++)
{

printf ("\t'd - 3£
;rintf("\n\n\n");
printf (" Stage
foffj=0;j<=N+1;j++)
;rintf("\t%d - 8f

}
getche () ;
clrscxr();
printf ("
printf ("\t 8f
printf (" Stage
for (j=1;J3<=N+1;j++)
{
printf ("\tsd L33
}
printf ("
printf ("\t S £
getche() ;
clrscr() ;
‘printf (" Stage
for (=0 ;j<=N;j++)
{
printf ("\t%d 3f
}
printf ("\n\n\n") ;
printf (" Stage
for (3=0;j<=N+1;j++)
{
printf ("\tsd 3
}
getche() ;
clrscr() ;
printf ("\n\n\n") ;
printf (" Stage
for (3=0;j<=N+1;Jj++)
{

K1 K2\n") ;

#£\n" ,3j,K1[31,K2[31);

Aal AR2\n") ;

$f\n ",3j,AA1[3],AA2[7]);

Al A2 \n");

$£\n",3,A1[3]1,A2[3]1);

B1 B2\n"};

$f\n",3,B1[31,B2[3j]);

di d2\n") ;
&£\n",d1,d2) ;
vi v2\n") ;

$£\n",3,v1131,v2[3]1);
wl w2\n") ;
gf\n" ,wl,w2) ; '

11 ' 12\n") ;

8£\n",3,11[3],12(3]1);

x1 x2\n") ;
£ \n",3,x1[3],x2[31) ;
vl y2\n") ;
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printf ("\t%d

}

getche() ;

clrser() ;

printf (" Stage
for (j=0;j<=N+1;j++)
{

printf ("\ts%d

}

printf ("\na=%£f
printf ("\n\n\n") ;
printf (" Stage
for (j:o ; J<=N+1,'j++)
(.

printf("\t%d

}
~getche() ;

clrscr();

printf ("CONDENSER AND REBOILER DUTY IN kJ/hr\n");

printf ("$f

printf ("CONDENSER AND REBOILER DUTY IN kJ/sec\n");

printf ("$f
printf ("
getche() ;
}

$£

£

Kb\n") ;

8£\n",j,Kb[j]);

- b=%£f",a,b);

Tn\n") ;

$£\n",3,Tn(3j]);

$£\n\n",Qc,0Ow) ;

\n",j,y1[31,y2[31);

$£\n\n",Qc/3600,Qw/3600) ;

Enter the External Reflux Ratio:

Temp Stage
356.63403 1
357.56158 2
358.84216 3
360.48489 4
362.46420 5
364.70605 6
367.12512 7
342.45001 8
370.12015 9
371.08728 10
373.00723 11
375.52094 12
378.08438 13
. 380.27206 14
381.91595 15
383.04718 16
383,78165 17
384.24142 18
384.52310 19
stage K1
1 1.139813
2 1.184168
3 1.243024
4 1.316940
5 1.404739
6 1.504504

68
74
85

101.
127.
le2.
206.

70

69.
69.
69.
69.
69.
69.

69.
70.
70.
70.
70.

\'4
.523323
.757004
.116951
898895
602646
356110
226898
.094788
822998
357880
131836
192558
437263
726700
975479
157509
278831
355408
402084

K2
.445226
.464676
.490619
.523406
.562637
.607569

(= elolololNe]

Al3

PRESS ANY KEY TO RETURN TO PROGRAM") ;

Stage

V1IN WNE O

MR RRE R R
OdJ O WNRO

L
42.168198
48.401878
58.761826
75.543770

101.247520
136.000992
179.871780
101.902748
101.630959
101.165840
100.939796
101.000519
101.245224
101.534660
101.783440
101.965469
102.086792
102.163368
102.210045



10
11
12
13
14
15
16
17
18
19

Stage

WO WNKO

1.611801
1.635524
1.679660
1.769996
1.893871
2.026950
2.146088
2.239081
2.304839
2.348315
2.375848
2.392836
2.403181

AAl
1.600000
0.571617
0.572072
0.555140
0.543518
0.540031
0.539602
1.859314
1.118932
1.023362
0.907676
0.797553
0.713207
0.658081
0.625589
0.607634
0.598071
0.593062
0.550445
0.171560

Al
1.600000
0.571617
0.572072
0.555140
0.543518
0.540031
0.539602
1.859314
1.118932
1.023362
0.907676
0.797553
0.713207
0.658081
0.625589
0.607634
0.598071
0.593062
0.590445

0.656335
0.667115
0.687304
0.728821
0.786161
0.848257
0.904262
0.948234
0.979458
1.000161
1.013295
1.021409

1.026352

AA2
1.600000
1.455782
1.453241
1.408498
1.378712
1.369993
1.369073
5.040493
2.820171
2.552184
2.232211
1.932242
1.705908
1.559908
1.474708
1.427932
1.403113
1.390140
1.383365
0.401852

A2
1.600000
1.455782
1.453241
1.408498
1.378712
1.369993
1.369073
5.040493
2.820171
2.552184
2.232211
1.932242
1.705908
1.559908
1.474708
1.427932
1.403113
1.3590140
1.383365
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Stage

VOoONOUEdx WNNMO

Stage

AU dxWNRPLO

Bl
-2.600000
-1.571617
-1.572072
-1.555140
-1.543518
-1.540031
-1.539602
-2.859314
-2.118932
-2.023362
-1.907676
-1.797553
-1.713207
-1.658081
~1.625589
-1.607634
-1.598071
-1.593062
-1.590445
-1.171560

dil
25.222685

vl
65.578979
62.708740
61.,096596
59.139870
57.366264
56.202248
55.549519

102.902779
114.760002
117.059746
105.871078
84.056519
59,568413
38.819614
23.903898

14.143575

8.077619
4.409291
2,222203

wl
0.381241

11
40.356293
37.486053
35.873909
33.917183
32.143578
30.979561
30.326832

B2
-2.600000
-2.455782
-2.453241
-2.408498
-2.378712
-2.369993
-2.369073
-6.040493
-3.820171
-3.552184
-3.232211
~-2.932242
-2,705908
-2.559908
=-2.474708
-2.427932
-2.403113
-2.390140
-2.383365
-1.401852

d2
0.294551

v2
0.765832
1.409434
2.342799
3.594378
5.250164
7.487237
10.545123
20.888008
26.643131
35.733562
47.500221
59.517311
69.266464
75.784729
79.495705
81.249817
81.738075
81.362770
80.289825

w2

32.264614

12
0.471281
.114884
.048248
.299828
. 955613
.192687
.250572

O~ WNhR
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10
11
i2
13
14
15
16
17
18

Stage

VodoaudsWNMNRO

Stage

COoONdUdWNHO

103.284004
115.141228
117.440971
106.252304

84.437744

59.949638

39.200840 -

24.285124
14.524800
8.458844
4.79051%7
2.603429

x1
0.966684
0.919309
0.855796
0.776924
0.687287
0.593400
0.500619
0.397017
0.398424
0.369172
0.31099%1
0.237647
0.166716
0.109475
0.068580
0.041555
0.024525
0.014084
0.007777
0.003988

vl
1.071574
1.047841
1.013406
0.965735
0.905116
0.833572
0.753183
0.639953
0.651632
0.620084
0.550453
0.450072

-0.337925

0.234943
0.153555
0.095777
0.057592
0.033462
0.018608
0.009583

53.152626
58.907749
67.998184
79.764847
91.781937.

101.531080
108.049355
111.760330
113.514442
114.002701
113.627396
112.554451

x2
0.033316
0.080691
0.144204
0.223076
0.312713
0.406600
0.499381
0.602983
0.601576
0.630828
0.689009
0.762353
0.833284
0.890525
0.931420
0.958445
0.975475
0.985916
0.992223

- 0.996012

y2
0.014378
0.035926
0.067008
0.109445

- 0.163676

0.228768
0.303408
0.395759
0.401320
0.433570
0.502164
0.599332
0.706839
0.805268
0.883204
0.938757
0.975632
0.999024
1.013466
1.022259
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Stage Kb

0 0.583473
1 0.601956
2 0.628275
3 0.663434
4 0.707954
5 0.761350
6 0.822674
7 0.889431
8 0.904215
9 0.931931
10 0.989037
11 1.068143
12 1.154118
13 1.231925
14 1.293187
15 1.336782
16 1.365727
17 1.384107
18 1.395468
19 1.402393
a=-4287.670898 b=11.483850
Stage Tn
o 356.634033
1 357.561584
2 358.842163
'3 360.484894
4 362.464203
5 364.706055
6 367.125122
7 342.450012
8 370.120148
9 371.087280
10 373.007233
11 375.520935
12 378.084381
13 380.272064
14 381.915955
15 383.047180
16 383.781647
17 384.,241425
18 384.523102
19 384.693878

CONDENSER AND REBOILER.DUTY IN kJ/hr
2137666.750000 2422636.750000

CONDENSER AND REBOILER DUTY IN kJ/sec
593.796 672.954

PRESS ANY KEY TO RETURN TO PROGRAM
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APPENDIX-B

VAPOUR PRESSURE OF VARIOUS SUBSTANCES

. Antoine Equation:
In(p*)=A-B/(C+T)

Table B.1 Coefficients of antoine equation

Formula Normal
Name Wt.. Boiling Range(K) A B C
(kg/kmole) | Point (K) ‘
Benzene 78.11 353.26 280-377 |. 15.9008 2788.51 -52.36
Toluene 92.13 383.78 280-410 16.0137 3096.52 -53.67
n-heptane 100.2 | 371.59 270-400 | 158737 | 291132 -56.51
HEAT CAPACITIES OF SUBSTANCES IN LIQUID STATE
Heat Capacity equation :
Ci=A+BT+CT?
Table B.2 Coefficients of heat capacities equation in liquid state
Name Range A B Cx10°
Benzene 278.7-383.31 155.6259 -0.2710512 6.750819
Toluene 178-413.73 147.0419 -0.1140537 4.896709
HEAT CAPACITIES OF GASES IN IDEAL-GAS STATE
Heat Capacity Equation:

Cp/R=A+BT+CT*

Table B.3 Coefficients of heat capacity equation of gases in ideal-gas state

Name Tmax (K) A Bx 10° Cx10°
Benzene 1500 - -0.206 39.064 -13.301
Toluene 1500 0.290 47.052 -15.716
Iso-butane 1500 1.677 37.853 -11.945

Bl




ENTHALPY OF VAPORISATION

Enthalpy of Vaporisation equation:

038
T -T
HVAP=HVAP1 x { £ }

Tc —Tl

Table B.4 Coefficients of equation for enthalpy of vaporisation

Name

HVAPI

Tl

Tc

Benzene

30.761

353.31

562

Toluene

33.179

383.73

593.1

THERMODYNAMIC PROPERTIES OF BENZENE, TOLUENE AND ISOBUTANE

Table B.5.1 Thermodynamic properties of saturated benzene

)
T () P (bar) "X /ig v, kg | kikg hy Kl/kg

330 0.4665 1.192 0.7379 442.1 852.4

340 0.6615 1.207 0.5332 460.8 863.6

350 0.9162 1.224 0.3938 479.6 875.0

360 1.2419 1.241 0.2965 498.7 886.7

370 1.6517 1.259 0.2233 518.1 898.6

380 2.1588 1.277 0.1767 5377 910.6

390 2.7774 1.297 0.1393 557.6 922.9

400 3.5228 1.318 0.1112 5719 035.2.

410 4.4091 1.340 0.08972 598.6 947.8

420 5.454 1.363 0.07309 619.7 960.4

Table B.S.2 Thermodynamic properties of saturated toluene
-3 .
T (K) P (bar) V‘nfi /112 v, whg | b Kikg by kl/kg

330 0.1633 1.201 1.80 419.6 812.9
340 0.2416 .1.215 1.25 437.4 825.2
350 0.3430 1.230 0.891 456.0 337.8
360 0.4894 1.245 0.698 475.1 850.7
370 0.6736 1.261 0.481 494.6 363.8
380 0.9090 1.277 0.364 514.4 8772
390 1.2049 1.294 0.279 534.7 890.9
400 1.5713 1312 0.218 555.4 904.8
410 2.0651 1.331 0.178 576.8 919.0
420 2.5589 1.350 0.137 598.1 9331 .
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Table B.5.3 Thermodynamic properties of saturated isobutane

3
T (K) P (bar) Vlln’g(ﬂig v, mkg | Iy klkg h, k/kg
300 3.7365 . 1.824 0.104 381.1 708.4
310 4.934 1.868 0.0794 406.4 721.7
320 6.392 1.916 0.0614 432.4 734.8
330 8.140 1.971 0.0481 459.2 747.7
340 10.21 2.032 0.0380 486.9 760.0
350 12.64 2.103 0.0301 515.7 771.8
360 15.46 2.187 0.0240 545.6 7827
370 18.72 2.289 0.0190 5711 792.3
380 22.48 2.420 0.0150 610.6 799.8
390 26.82 2.604 0.0115 647.1 803.1
400 31.86 2.920 0.0083 689.6 799.6
408.1(T.) 36.55 4.464 0.0045 752.5 7525
CRITICAL PROPERTIES OF PURE SPECIES
Table B.6 Critical properties of pure species
Name ® Te (K) Pc (bar) Zc Ve cm’/mol
Benzene 0.21 562.2 48.98 0.271 259
Toluene 0.262 591.8 41.06 0.264 316
Isobutane 0.181 408.1 36.48 0.282 262.7
LEE AND KESLER GENFRALISED CORRELATIONS
. Table B.7.1 Values of (H®)/RT,
T/Pr ] 0.01 0.05 0.1 0.2 0.4 0.6 0.8 1.0
0.30 -6.045 |-6.043 [-6.040 [-6.034 [-6022 |-6011 |-5999 |-5987
0.35 5906 | -5.904 [-5901 [-5895 [-5.882 |-5.870 |-5.858 |-5.845
0.40 -5.763. | -5.761 | -5.757 [-5.751 [-5.738 |-5726 |-5713 |-5.700
0.45 5615 [-5612 [-5609 |-5603 |-5590 |-5577 |-5.564 |-5.551
0.50 5465 | -5463 |-5459 |-5453 [-5440 [-5427 |-5414 |[-5.401
0.55 0032 |-5312 [-5309 [-5303 |-5290 |-5278 |-5265 |-5.252
0.60 0.027 [-5.162 [-5159 [-5.153 [-5.141 |-5.129 |-5.116 |-5.104
0.65 -0.023 ]-0.118 [-5008 |-5.002 [-4.991 |-4980 |-4.968 |-4.956
0.70 -0.020 [-0.101 [-0216 |-4.848 |-4838 |-4.828 |-4.818 |-4.808
0.75 -0.017 | -0.088 [-0.183 | -4.687 |-4.679 |-4672 |-4.664 |-4.655
0.80 -0.015  [-0.078 [-0.160 [-0.345 [-4507 [-4504 |-4499 |-4.494
0.85 -0.014  ]-0.069 [-0.141 [-0300 [-4309 [-4313 |-4316 |-4.316
0.90 -0.012 [-0.062 |-0.126 [-0264 [-0596 |-4.074 |-4.094 |-4.108
0.93 -0.011  [-0.058 [-0.118 [-0246 [-0545 [-0960 |-3.920 |-3.953
0.95 -0.011 [-0.056 [-0.113 [-0235 [-0516 |-0.885 |-3.763 |-3.825
0.97 -0.011 | -0.054 [-0.109 [-0225 [-0490 |-0.824 |-1356 |-3.658
0.98 -0.010  [-0.053 [-0.107 [-0221 [-0478 |-0797 |-1273 |-3.544
0.99 -0.010 [-0.052 [-0.105 [-0216 [-0466 |-0773 |-1206 |-3.376
1.00 -0.010  [-0.051 [-0.103 [-0212 [-0455 |-0750 |-1.151 |-2.584
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Table B.7.2 Values of (H*)'/RT.

Tr/Pr 0.01 0.05 0.1 0.2 0.4 0.6 0.8 1.0
0.30 -11.098 | -11.096 |[-11.095 |-11.091 |-11.083 |[-11.076 [ -11.069 [-11.062
0.35 -10.656 | -10.655 | -10.654 | -10.653 | -10.650 [ -10.646 | -10.643 | -10.640
0.40 -10.121 {-10.121 | -10.121 |-10.120 |-10.121 |-10.121 | -10.121 }-10.121
0.45 -9.515 -9.515 -9.516 -9.517 -9.519 -9.521 -9.523 -9.525
0.50 -3.868 -8.869 -8.870 -8.872 -8.876 -8.880 -3.884 -8.888
0.55 -0.080 -8.211 -8.212 -8.215 -8.221 -8.226 -3.232 -8.238
0.60 -0.059 - | -7.568 -7.570 -7.573 -7.579 -7.585 -7.591 -7.596
0.65 -0.045 -0.247 -6.949 -6.952 - | -6.959 -6.966 -6.973 ~6.980
0.70 -0.034 -0.185 -0.415 -6.360 -6.367 -6.373 -6.381 -6,388
0.75 -0.027 |-0.142 [-0306 |-5796 |[-5.802 |-5.809 |-5816 |-5.824
0.80 -0.021 -0.110 -0.234 -0.542 -5.266 -5.271 -5.278 -5.285
0.85 -0.017 -0.087 -0.182 -0.401 -4.753 -4.754 -4.758 -4.763
0.90 -0.014 -0.070 -0.144 -0.308 -0.751 -4.254 -4.248 -4.249 -
0.93 -0.012 -0.061 -0.126 -0.265 -0.612 -1.236 -3.942 -3.934
0.95 -0.011 -0.056 -0.115 - |-0.24]1 -0.542 -0.994 -3.737 -3.712
0.97 -0.010 -0.052 -0.105 -0.219 -0.483 -0.837 -1.616 -3.470
0.93 -0.010 -0.050 -0.101 -0.209 -0.457 -0.776 -1.324 -3.332
0.99 -0.009 -0.0438 -0.097 -0.200 -0.433 -0.722 -1.154 -3.164
1.00 -0.009 -0.046 -0.093 -0.191 -0.410 -0.675 - | -1.634 -2.471
Table B.7.3 Values of (S%)"/R

Tr/Pr 0.01 0.05 0.1 0.2 0.4 0.6 08 |10
0.30 -11.614 |-10.008 | -9.319 -8.635 | -7.961 -7.574 -7.304 -7.099
0.35 -11.185 |-9.579 | -8.890 -3.205 -7.529 -7.140 -6.869 -6.663
0.40 -10.802 | -9.196 -8.506 -7.821 -7.144 -6.755 -6.483 -6.275
0.45 -10.453 | -8.847 -8.157 -7.472 -6.794 -6.404 -6.132 -5.924
0.50 -10.137 | -8.531 -7.841 -7.156 -6.479 -6.089 -5.816 -5.608
0.55 -0.038 -3.245 -7.555 -6.870 -6.193 -5.803 -5.531 -5.324
0.60 -0.029 |-7983 |-7294 [-6610 |-5933 [-5544 |-5273 |-5.066
0.65 -0.023 -0.122 -7.052 -6.368 -5.694 -5.306 -5.036 -4.830
0.70 -0.018 | -0.096 -0.206 -6.140 -3.467 -5.082 -4.814 -4.610
0.75 -0.015 -0.078 -0.164 -5.917 -5.248 -4.866 -4.600 -4.399
0.80 -0.013 -0.064 ~ | -0.134 -0.294 -5.026 -4.694 -4.388 -4.191
0.83 -0.11 -0.054 -0.111 -0.239 -4.785 -4.418 -4.166 -3.976
0.90 -0.09 -0.046 -0.094 -0.199 -0.463 -4.145 -3.912 -3.738
0.93 -0.08 -0.042 -0.085 -0.179 -0.408 -0.750 -3.723 -3.569
0.95 -0.08 -0.039 -0.080 -0.168 -0.377 -0.671 -3.556 -3.433
0.97 -0.007 -0.037 -0.075 -0.157 -0.350 | -0.607 -1.056 -3.259
0.98 -0.007 -0.036 -0.073 -0.153 -0.337 -0.580 -0.971 -3.142
0.99 -0.007 |-0.035 |-0.071 [-0.148 |-0326 |[-0.555 |-0.903 |-2972
1.00 -0.007 |-0.034 [-0.069 [-0.144 |-0315 ]-0.532 |-0.847 |-2.178
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Table B.7.4 Values of (S¥)'/R

Tr/Pr -0.01 0.05 0.1 0.2 0.4 0.6 0.8 1.0
0.30 -16.782 | -16.774 | -16.764 | -16.744 | -16.705 | -16.665 | -16.626 | -16.586
0.35 -15.413 | -15.408 |-15.401 |-15.387 |-15.359 ]-15.333 |-15.305 | -15.278
0.40 -13.990 | -13.986 |-13.981 |[-13.972 |-13.953 ]-13.934 | -13.915 | -13.896
0.45 -12.564 | -12.561 | -12.558 |-12.551 | -12.537 |-12.523 [-12.509 | -12.496
0.50 -11.202 {-11.200 |-11.197 |-11.092 | -11.082 j-11.172 |-11.162 | -11.153
0.55 -0.115 [-9948 [-9946 |[-9942 [-9.935 [-9.928 |-9.921 |-9.914
0.60 -0.078 |[-8.828 |-8.826 |-8.823 |-8.817 |-8.811 [-8.806 |-8.799
0.65 -0.055 [-0309 [-7.832 (-7.829 |-7.824 [-7.819 (-7.815 |-7.510
0.70 -0.040 [-0216 |-0491 [-6951 |-6945 |-6.941 |-6.937 |-6.933
0.75 -0.029 |-0.156 }-0.340 |-6.173 |-6.167 |-6.162 |-6.158 |[-6.155
0.80 -0.022 |-0.116 |-0.246 |-0.578 |-5475 |-5468 |-5462 |-5.458
0.85 -0.017 |-0.088 [-0.183 |-0.400 |-4.853 |-4.84]1 |-4.832 |-4.826
0.90 -0.013 [ -0.068 [-0.140 |-0.301 -0.744 1-4269 |-4249 |-4238
0.93 -0.011 |-0.058 |-0.120 [-0.254 1-0.593 [-1.219 |-3914 |-3.894
0.95 -0.010 [-0.053 |[-0.109 }-0.228 |-0517 [-0.961 |-3.697 |-3.658
0.97 -0.010 | -0.048 |-0.099 [-0206 |[-0456 [-0.797 |-1570 |-3.406"
0.98 -0.009 [ -0.046 | -0.094 [-0.196 |-0429 [-0.734 |-1270 |-3.264
0.99 -0.009 | -0.044 |-0.090 |-0.186 |-0.405 [-0.680 |-1.098 |-3.093
1.00 -0.008 1-0.042 )-0.086 [-0.177 ]-0382 |-0.632 |-0.977 |-2.399
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APPENDIX-C

CALCULATIONS

Problem Under Study

A benzene toluene solution containing 40 wt% benzene at 30°C is to be
continuously rectified at 1 std atmosphere pressure at a rate of 5000 kg/hr to provide
a distillate containing 95% benzene and a residue containing 1% benzene (by
weight). The feed is to be preheated by heat ex.change with the residue, which (i.e.,
residue) will leave the system at 45°C. The distillate is to be totally condensed to a

liquid and the reflux returned at the bubble point.

Solution by Ponchon Savarit Method
Molecular weight
Benzene : 78.113 kg/kmole
Toluene : 92.14 kg/kmole

g 5000 (0.4) 5000 (0.6)
78.113 92.14
= 25.603933 +32.559149

= 58.163082 kmol/hr

603933
xp = 2209933 4 440200
58.163082
5
M, for feed = —2000__ _ 85065179 ke/kmole
58.163082
95/78.113
Xp = = 0957287
95 5
78.113  92.14
- 100
M,, for distillate = = 78.712143 kg/kmole

05 5
78.113 92.14

1

x - 78113
w 1 99

-+
78.113 92.14




100
1 99
+
78.113 92,14
D+ W = 58.163082

D(0.957287) + W(0.011775) = 58.163082(0.440209)

= 91.974838 kg/kmole

M,, for residue =

Solving both equations simultaneously, we get
W = 31.807959 kmol/hr
=31.807959 x (91.974838) =2925.531876 kg/hr
D = 26.355124 kmol/hr
=26.355124 x (78.712143) = 2074.468289 kg/hr
The bubble points at different compositions of the benzene-toluene mixture
calculated by Program No. 1, are tabulated below. The corresponding value of 'y
(i.e., mole fraction of benzene vapour in benzene foluene mixture) at that

temperature is also given.

Table C.1: Bubble points of benzene-toluene mixture at different compositions

X ‘ y Bubble point (K)

0.0 - 0 383.77615

0.1 0.209161 379.28714

02 0.376082 375.25345

0.3 0.511123 371.60809

04 0.621830 368.29312

0.5 0.713620 365.26309

0.6 | 0.790513 362.48010

0.7 0.855544 359.91208

0.8 0.911022 357.53207

0.9 0.958711 35531808

1.0 - 1.0 353.25208
0.011775 (Residue) 0.027263 38322104
0.440209 (feed) 0.660752 367.04306
0.957287 (Distillate) 0.983065 35411725
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The dew points for different compositions of vapour of benzene-toluene mixture

calculated by Program No. 1 are tabulated below

Table C.2: Dew points of benzene-toluene mixture at different compositions

y Dew Point (K)

0.0 383.77615

0.1 381.69818

0.2 379.49615

0.3 377.14920

0.4 374.63538

0.5 371.9240

0.6 368.97415

0.7 365.73209

0.8 362.11908

0.9 ‘ 358.02103

1.0 353.25208
0.011775 (residue) 383.53711
0.44-0209 (feed) 373.57111
0.957287 (distillate) 355.38742

The equation for the calculation of the heat capacity of liquid mixture, C, in
" kl/kmole, is given by

C.=A + BT + CT?

The values of constants A, B and C for both the components (benzene and toluene)
is given in Table B.2. Enthalpies of liquid and enthalpies of vapour at different

compositions of the mixture calculated by Program No. 1 are tabulated below
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Table C.3 : Enthalpies of liquid and vapour for benzene-toluene mixture at

different compositions

X H;, (kJ/kmole) Hg (kJ/kmole)
0.0 18020.412 51196.633
0.1 16994.512 49297.742
0.2 16072.198 47770.707
0.3 15237.559 46522.566
0.4 14477.225 45486.473
0.5 13780.691 44614.933
0.6 13139.300 43872988
0.7 12545.826 43234391
0.8 11994.252 42679.250
0.9 11479.643 42192.445
1.0 10997.930 41762.176
0.011775 (Residue) 17893.563 50948 711
0.440209 (feed) 14190.050 45118.434
0.957287 (Distillate) 11199.863 41939.578

With the use of software POLYMATH, we obtain the equation Hy, vs x and Hg vs y

as mentioned below

H, = 17527.6 — 6920.69x
Hg = 51282.2 — 9423.8%y

Atx=0.011775

H; = Hy = 17527.6 — 6920.69 x 0.011775
= 17446.10935 kJ/kmole

Aty =0.957287

Hgy = Hg =51282.2 - 9423.89 x (0.957287)

=42260.83261 kJ/kmole

Hp = Hyp = Hy = 17527.6 — 6920.65 (0.957287)

=10902.55172 kJ/kmole
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According to the problem given, the feed is preheated by heat exchange with the
residue. The teﬁlperature of feed (on the feed plate) can be obtained by the enthalpy
balance for feed and the residue, between which heat transfer takes place. By hit
and trial, the temperature of feed (on the feed plate) can be obtained.

Heat capacities of different components of the feed and feed itself at their
bubble point, are given as

Chenr = 138.561661 kJ/kmole K

Cior 5 = 161.313004 kJ/kmole K

Creed = 0.440209 x 138.561661 + (1 — 0.440209) x 161.313004

=151.297653 kJ/kmole K

Now, by enthalpy balance

58.163082 x (151.297653) (Tr — 303.16)

=31.807959 x (167.160736) x (383.22104 —318.16)

Tr=342.47076 K
Enthalpy of preheated feed at calculated temperature by taking 0°C as reference
temperature 1s

Hp = 151.297653 x (342.47076 - 273.16)

= 10486.555664 kJ/kmole

The location of Q,y, line on the x-y diagram was obtained by program no. 2. Qpg,
line is obtained at isotherm line (at 366.22K). At this isotherm line, the composi'tion
and enthalpy of liquid are respectively

x =0.467401 Hy, = 14292.877930 klJ/kmole
and the composition and enthalpy of vapour mixture are

y =0.685513 Hg = 44822.00 kJ/kmole
The equation of Qui, line can be written as (as obtained by linear-regression
method)

Quin = 139970.171875x — 51129.382812
By putting x = xp.and x = xy separately, in breceding equation, we obtain the

enthalpy of distillate and residue
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Atx =0.957287
Q'uin = Quin = 139970.171875 x 0.957287 — 51129.382812

= 82862.243112 kJ/kmole

At x =0.011775
Q" i = Quin = 139970.171875 x 0.011775 — 51129382812
| = -49481.234038 kJ/kmole
The minimum reflux ratio (R, for the benzene-toluene system can be calculated
as |
’ Hg - Hi,

_ (82862.243112 — 42260.83261
(42260.83261-10902.55172)

=1.295
The optimum reflux ratio is generally taken as 1.2 to 1.5 times of minimum reflux
ratio
R =1.2x1.295=1.554
Taking reflux ratio, R, = 1.6

Q- Hg,
Hg - Hy, |
Q' = 92434.078125 ki/kmole
The value of Q" can be obtained by following enthalpy balance equation
FH; = DQ + WQ" | |
58.163082 (10486.555664) = 26.355124 (92434.078) +31.807959 Q"

Q" =-57412.710938 kJ/kmole

l16=

The condenser duty and reboiler duty are

Condenser Duty

Y = H 4+
Q--HD+D

Qc = D(Q' - HD)
Q. = 26.355124 (92434.078125 — 10902.55172)
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x = mole fraction of benzene in liquid

Fig.C1 H-xy Diagram for Benzene-Toluene System
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= 2148773.5 kJ/hr =596.882 kW

~ 597 kW
Reboiler Duty
. QR
[ H - N
T w

Qg = (Hy ~ QW
= (17446.10935 + 57412.711) x 31.807959
=2381106.25 kJ/hr
=661.418 kl/sec
~ 661 kW

By program no. 3, we find the number of stages in the distillation column. The

values of x and y on each stage is tabulated under

Table : C.4 : Values of x and y on each stage

Stage No. X y
1 ~ 0.897010 0.957287
2 0.818201 0.920262
3 0.728026 0.872060
4 0.639026 0.817189
5 10.562730 0.763329
6 0.504628 0.717389
7 0.464177 0.682546
8 0.437563 0.658212
9 0.398930 0.620717
10 0.347292 0.566172
11 0.285301 0.493049
12 0.219639 0.404933
13 0.158502 0.311204
14 0.107864 0.223566
15 0.069720 0.150707
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6 0.042940 0.095663
17 0.025035 0.056934
18 " 0.013445 0.031000
19 - 0.006097 0.014197

xy = 0011775 yw = 0.027263

W =31.807959 |

Lig=Vy+W

Lig _ Yw %y

Viv X138 ™ Xw

By solving the preceding equations

Lg =V, +31.807959

Lig _ (0.027263 - 0.011775)
V,  (0.013445-0.011775)

w

Lig = 35.652168 kmole/hr
V= 3.844210 kmole/hr

Fraction of the bottom product, sent as reflux in stripping section (B) calculated as

v, 3.844210

P V, +W  3.844210 + 31.807999

=0.107825
Amount of heat per kmole required by residue product for vaporisation is
H, = B*Hg, +(1-B)H,, |
=0.107825 x 50981.953125 + (1 — 0.107825) x 17893.558599
=21461.328125 kJ/kmole

Heat rate required by residue product 1s

1

.=21461.328125 x (31.807959) x
3600

= 189.622513 kl/sec
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Calculation of Quantity of Coolant and Steam
T, = 25+27316=298.16K  T,, = 40+273.16=313.16K

T,=35538 K T,=35412 K
Properties of water at.average temperature (i.e., 32.5°C)

- 0 . 3
Cow =4.1795 kJ/kg"C Py = 994.9kg/m

Qc = Meootant - pr (Toz = Tw1)
Q, 597

Meoolant — =
Cpy(Tyy —Ty) 4179515

= 9.52267 kg/sec

_ m
Volume of cooling water = —t. = 0.009571 m?> /sec
w

No. of operating hrs. = 8000 hrs/yr
Volume of cooling water required =.0.009571 x 3600 x 8000
=275658.75 m*/yr
Assuming that low pressure steam 1s available at 387.379, the mass of steam
required for heating the bottom products can be calculated

T,=383537K  Tp=383221K  T;=387.379K

A at 387.379 K =2218.54 kJ/kg

steam

Mgeam = 061/2218.54 = 0.297944 kg/sec

0.297944 x 3600 x 8000
Myteam = X DXV — 8580.77 tonnes/yr

1000

Heat Pump Assisted Distillation Column
In this heat pump assisted distillation column, an external refrigerant flows in a
closed cycle, and does not exchange mass with the distillation column.
Isobutane 1s selected here as a refrigerant because of the following reasons :
(a) Isobutane has low boiling point and fairly high vapour density at
atmospheric pressure
(b)  For the required temperature range, its compression ratio is fairly low
(c) It does not affect metals of the equipments -

(d) Regarding environmental consideration also, it is a safe refrigerant.
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The temperature of evaporating refrigerant is assumed as 340 K, t.e., T} = 340 K.
As evident from the plot in Chapter 6, total costs were found minimum at AT, =
4°C, so the temperature of condensing refrigerant at reboiler is 387.379 K (because

bubble point of residue is 383.379 K)

Hence T; =340 K , T;=387379K
P, =10.21 bar P, = 25.682 bar
® =0.181

T
T, =+ = 30~ 0833129
T,  408.1
Pl
P, = -1 =1021/36.55= 0.279343
Pc
o
0.
B ?65 =1.085055
dTl‘l Trl.
i
0.
B 75222 = 1.865663
dTﬂ Trl.
~ Entropy of refrigerant at real gas state 1
st dB® dB'
— = -P, + ®
R dT, dT,,
gR
Sl = _0.279343 [1.085055 + 0.181x (1.865663) |
S} = -0.397433x (8.3143)

= -3.304377 kl/kmole K
By hit and trial we get T, = 393.426

Coefficients of heat capacity equation(for ideal gas state)afe given in Table B.3.

. T T
<CB> In{-2| = 831431677 In| -2 |+37.853x107
P Tl T2 ‘

11.945x10°% ., o |
(TZ—TI)————z———(TZ T, )}
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=8.3143 [1.677 in (39;:)26J + 37.853x10_3(393.426 —340)

-6
_ 11.945x10 7 (393.4262 340* )}

=16.903484

Entropy change of refrigerant from ideal gas state 1 to ideal gas state 2

25.682
10.21

AS® = 16.903484 — 8.3143 ln(

=9.234183 klJ/kmole K
Reduced temperature and pressure at real gas state 2 are

L = 393426 _ 0.964043

2
T,  408.1

Tr2 =

P, = P— = 25.682 = 0.702654

2
2P 3655

By interpolating the values obtained from Table B.7.3 and B.7.4, we get

SR
% = —1.228925+0.181x (~1.542699)

S = —12.539242 k/kmole K
AS = SR —SR + ASE
=-12.539242 + 3.304377 + 9.234183
=-0.000687 |
Therefore, the compression of refrigerant 1s isentropic.
The degree of superheat = T, — T5 = 393.426 — 387.329 = 6.097°C can be neglected
for practical purposes.
Heat of vaporisation at condenser temperature (354.75K)
Benzene =30.6325x 10° kJ/Kmole '
Toluene =34.855x10° kJ/Kmole
Amount of heat required to be removed per kg of distillate in the condenser

=0.957287 x (30.6325 x10%) + 0.042713 x (34.855 x 10%)
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=29324.09403 x ! 1488.761615 x 1
78.113 92

=391.56367 k/kg

Amount of heat per sec to be removed in condensation

=391.56367 x 2074.408289 x

=225.635116 kl/sec

Latent heat of isobutane (at 340 K) = 273.1 kJ/kg
225.635116 = myrx 273.1 kl/kg

where my is the mass flow rate of refrigerant

m_, = 0.8262kg/sec

Compressor work

AH® = HB -HE = [ Cl¢ dT
1

37.853x1073

i -6
AH® = 8.143[1.677(1"2 ~T) = (T2 - T7) - %

37.853x1073

= 8.3143 [1.677(393.426 — 340) + (393.426%-340%)

-6
(1194510 7 (393.426° — 340%)]

- = 6196.142579 kl/kmole
T, =0.833129

B® = 0.0873 - O"f’f = -0.482162
rl
0
‘?} = 0'62765 = 1.085055
r Trl
B! = 0.139 0‘14722 ——0.231285
rl' ‘
1
B _ 0722 _ | e6s663
dTrl Tr5‘2
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Enthalpy of refrigerant for state 1

o B|
B P, B°—Tr1d—B—+co B'-T, g8
RT, ' dT, dT,,

=0.279343 [— 0.482162 — 0.833129x1.085055 +0.181(—0.231285 ~ 0.833129x1.865663) ]

H} = -1620.174438 kl/kmole

By interpolating the values obtained from Tables B.7.1 and B.7.2, the enthalpy of

refrigerant for state 2

H,R

= —1.473874 + 0.181x(-1.583847)

c
HR = -5973.663086 kl/mole
Isentropic enthalpy change of refrigerant
i R R
(AH), =AH® +H," - H|
=6196.142579 + (-5973.663086) + 1620.174438

=1842.653931 kJ/kmole of refrigerant
Molecular weight of refrigerant = 58.123 kg/kmole

W, = (AH), =1842.653931x 3 1123

=31.70266 kl/kg of refrigerant
W, =31.70266 x 0.8262
=126.19274 kJ/sec '
Compressor efficiency are usually in the range of 0.7 to 0.8. Assuming the overall
compréssor efficiency of 0.75

W = %ﬁ = 34923693 ~ 35 kW

Heat of vaporization of Isobutane at 387.379 K = Amount of heat per sec supplied by
refrigerantv | '

=0.8262 x 164.702

=136.076792 kJ/sec

Heat rate to be supplied by auxiliary reboiler
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=(189.622513 — 136.076792)
= 53.545721 kJ/sec
Amount of steam required in auxiliary reboiler

At387.379K A = 2218.54 kJ/kg of steam

steam

53.545721 = Mgyem X 2218.54
Mgtea, = 0.024136 kg/sec

Mgeam = 0.024136 x 3600 x 8000 x 10100
= 695.10433 tonnes/yr |
Cost of Utilities
Rates of
Cooling water = Rs. 1.25 /m’
Electricity = Rs. 6/kW-hr
Steam(low pressure) = Rs. 250/ tonne
(high pressure)= Rs. 800 / tonne

Conventional Distillation Column
Cooling water requirement = 275658.75 m’/yr
Cost of cooling water = Rs. 1.25 x 275658.75
= Rs. 3,44,573 .44
Steam requirement = 8580.778 tonnes/hr -
Cost of steam = Rs. 250 x 8580.778
| =Rs 2145194.50
Total utility cost = Rs. 2489768.03

Heat pump with external refrigerant
Steam requirement = 695.104 tonnes/yr
Cost of steam = 695.104 x 250
=Rs. 173776.00
Cost of electricity = 35 kW x 8000 hrs/yr x Rs. 6 per kW-hr
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=Rs. 16,80,000.00
Total utility cost =Rs. 18,53,776.00

Calculation of Area of Heat Exchanger

Conventional Distillation Column

T,, = 298.16K T, =313.16K
T, = 355.38K T,, =354.12 K
6, = T, -T,, = 57.22
0, = T,~T,, = 40.96
el
q < 2, wecan use AMTD
U =600 W/m’K
Q=U A (AMTD)
597 x 10° = 600 x (Ag) x (ﬂ;—ﬂ’-ﬁj
A, = 20268 m*
~ 20.3 m?
Reboiler
Ts=387.379K Ty = 383.537K T =383.221 K

6, = T, T, =4158

0, =T, T, = 3.842

0.
e—‘ < 2, we can use AMTD

o

U =900

661 x 10° = 900 x (Ag) (M)

2
Ag = 183.61 m?
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Heat Pump Assisted Distillation Configuration

Condenser

6, = T, -T,, = 35538~340=1538

0, = T,~T,, = 354.12-340=14.12

0.
6'— < 2, wecan use AMTD

o]

U = 500 W/m?K
597 x 10° = 500 x (A;) x [-1338;—141%}
A, = 80.949 m*
~ 81 m*
Reboiler

8, = T,-T,=387379- 383221 =4.158

0, =T, -T, =387.379 - 383.537 = 3842

6.
' 6‘— < 2, we canuse AMTD

U =500 W/m’K

4.158+3.8_42j

136.076 x 10° = 500 x (Ag) ( )

Ag = 68.038m?

Auxiliary Reboiler
Ts = 120+273.16=393.16 K

0, =393.16 -383.221=9.939
0, =393.16 - 383.537=9.623

- U=900 W/m*K
53.545 x 10° = 900 x Ag (9.781)
Ag=6.08 m*
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Cost of Equipments

Conventional Distillation Column
Condenser

A, =20.268
Cca=0.2x78963.5 A
=Rs. 96639.92

Reboiler
Ap = 183.61m?
Cpa = 0.2x104420 AQ°%

—Rs. 4,81,592.01

. Heat Pump Assisted Distillation Column Using External Refrigerant
Condenser
. A, =80.95

Coa=0.2x 78963.5 AL6?

= Rs. 222434 .90

Reboiler

Ap = 34.02m?

Cpa = 02x104420 AZ?

=Rs. 174549.15

Auxiliary Reboiler

Ap = 6.08m?
Cpa = 0.2x104420 A6

= Rs. 61904.70
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Compressor
W=35kW

C = 0.2x1.4x145221 w973

comp,A

Rs. 544950.59

Economic Feasibility of Heat Pump
From the table 5.2, it is evident that total annual cost for the column coupled

with heat pump is less than that for conventional distillation. So, it can be concluded

that heat pump assisted distillation column is economically feasible for AT, =4°C.
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APPENDIX-D

TOTAL ANNUAL COST FOR DISTILLATON COLUMN
COUPLED WITH HEAT PUMP (IN LAKHS OF RS.)

Table D.1 : For various values of U.C.L (F.C.L. = 1.0)

U.C.L
AT: 1.0 1.5 2.0 3.0
1 31.69 39.01 46.34 60.99
2 29.98 37.49 44,99 60.01
3 29.54 37.23 44,92 60.29
4 29.48 37.34 45.21 60.93
5 29.59 37.63 . 45.66 61.74
6 29.8 38 46.21 62.62
7 30.08 38.47 46.85 63.63
8 30.45 39.04 47.63 64.81
9 30.87 39.67 48.47 66.07
10 31.24 40,21 49,19 67.15
11 31.63 40.8 49.96 68.3
12 31.92 4123 50.54 69.16
13 32.15 41.59 51.02 69.89
14 32.43 42 51.57 70.71
15 32.75 42.47 52.18 71.61
16 33.12 43 52.88 72.64
Table D.2 : For various values of U.C.L. (F.C.L = 1.5)
U.C.L
AT, 1.0 1.5 2.0 3.0
1 40.20 47.53 54.86 69.51
2 37.46 44,97 52.48 67.49
3 36.63 4431 52.00 67.38
4 36.36 4422 52.09 67.81
5 36.36 44.39 52.43 68.50
6 36.49 4470 52.90 69.32
7 36.73 45.12 53.51 70.28
8 37.09 45.68 54.27 71.45
9 37.51 46.31 55.11 72.71
10 37.88 46.85 55.83 73.79
11 38.28 4745 56.61 74.95
12 38.57. 47.88 57.19 75.81
13 38.80 48.23 57.66 76.53
14 39.08 48,65 58.22 77.35
15 39.41 49.13 58.84 78.27
16 39.80 49,68 59.56 79.32

D1




Table D.3 : For various values of U.C.L (F.C.I. =2.0) .

U.C.L
AT, 1.0 15 2.0 3.0
1 48.72 56.05 63.37 78.03
2 44,94 52.45 59.96 74.97
3 43.71 51.40 159.09 74.46
4 43.24 51.10 58.97 74.69
5 4312 51.15 59.19 75.26
6 43,18 51.39 59.60 76.01
7 4339 51.77 60.16 76.93
8 43.73 52.32 60.91 78.09
9 44.15 52.95 61.75 79.35
10 44.51 53.49 62.47 80.43
11 4493 54.10 63.26 81.60
12 45.22 54.53 63.84 82.46
13 45.44 54.87 64.31 83.17
14 45.73 55.29 64.86 84.00
15 46.07 55.79 65.50 84.93
16 46.48 56.36 66.24 86.00
Table D.4 : For various values of U.C.L (F.C.I. = 3.0)
U.C.L
AT: 1.0 15 2.0 3.0
1 65.75 " 73.08 80.41 95.06
2 59.91 67.41 74.92 89.94
3 57.88 65.57 73.25 - 88.63
4 57.00 64.86 72.72 88.45
5 56.64 64.68 72.71 88.78
6 56.57 64.77 72.98 89.39
7 56.69 65.08 73.47 90.24
8 57.00 65.59 74.18 91.36
9 57.43 66.23 75.03 92.62
10 57.79 66.77 75.75 93.71
11 58.23 67.40 76.56 94.90
12 58.51 67.82 77.13 95.75
13 58.73 - 68.16 77.59 96.46
14 59.02 68.59 78.16 97.29
15 59.39 1 69.10 78.82 98.25
16 59.84 "69.72 79.60 99.36
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