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ABSTRACT 

The airlift reactors have potential applications in biotechnology industries due to their simple 

construction and less shear stress imposed on shear sensitive cells compared with the 

mechanically stirred tanks. 

A tanks-in-series model and axial dispersion model are applied for mathematical 

modelling of the unsteady state performance of a batch operation in a 4.5 dm3  internal loop 

airlift bioreactor for the production of gluconic acid by fermentation. Tanks-in-series model 

consists of a set of simultaneous (176 equations for 44 stages) first order ordinary differential 

equations obtained from material balances of cell mass, product, substrate and dissolved 

oxygen around the hypothetical well mixed stages in the bottom, riser, top and down comer 

sections of an airlift reactor. In axial dispersion model each zone of the reactor is modelled 

separately according to mixing properties within (ideal mixing or plug flow with axial 

dispersion). These equations are solved simultaneously using ODE solver of MATLAB. 

Logistic and contois models used for kinetics are compared for prediction of time 

dependent concentration profiles of biomass, gluconic acid, glucose and dissolved oxygen in 

an airlift reactor. Both models have been validated with experimental data of Znad et al 

(2004). Validated logistic and contois models are used to predict the effect of change in 

initial biomass concentration (X0) and airflow rate (Qg), on the performance of gluconic acid 

production in airlift reactor. Effect of number of stages in tanks in series model and axial 

dissolved oxygen profile were investigated. 

The model is simple enough to be used in design studies and it can be adapted to 

airlift system configurations and fermentation systems other than gluconic acid fermentation. 
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Chapter-1 

INTRODUCTION 

Gluconic acid (C6H1207, molecular mass 196.16) and its salts have lot of 

applications due to their low toxicity, low corrosivity and capability of forming water 

soluble complexes with divalent and trivalent metal ions (Hustede et al., 1989). These 

chemicals are used in pharmaceutical, food, textile, detergent, photographic, leather, 

biological and metal etching industries (Das et al., 1987). There are different approaches 

available for production of gluconic acid: Chemical, Electrochemical, B io-

electrochemical and Biochemical processes (Das et al., 1987; Kulkarni et al., 2002 and 

Klein et al., 2002). Fermentation is one of the dominant routes for manufacturing 

gluconic acid at present, although it suffers from many drawbacks, including those 

associated with process conditions required for the fermentation and microorganisms 

used, which has limited its commercial applicability. Further, the oxygen transfer from 

the gas phase into the liquid phase was found to be a limiting step for the bioconversion 

(Markos et al., 2002). For this reason, a great attention has to be paid for the optimization 

of the bioreactor operation (mixing, aeration and bioreactor design) in order to enhance 

the oxygen transfer rate and, hence, maximizing the product at optimized condition. 

Different types of microbial species such as Aspergillus niger (Singh et al., 2001; 

Klein et al., 2002; Znad et al., 2004 and Mukhopadhyay et al., 2005), Penicillium 

chrysogenum (Ghose et al., 1990) and Gluconobacter oxydans (Velizarov et al., 1998) 

have been employed for gluconic acid production. In the present work Aspergillus niger 

is the selected microbial specie because it is capable of producing high activity of 

enzymes glucose oxidase (GOD) and catalase for gluconic acid production. 

The success of the technology for biological production depends upon the well 

chosen process conditions, micro organisms going to be used, choice of the bioreactor 

that will efficiently achieve mixing and contact of gas liquid phases, behaviour of the 

organisms under prevailing conditions and medium components, hence from the different 

types of fermentation phenomena, namely (i) Surface fermentation, (ii) Submerged 

fermentation and (iii) Solid state fermentation, the submerged fermentation phenomena 

has been chosen for our present work because of advantages involved in submerged 

fermentation over surface and solid state fermentation. Oosterhuis et al. (1983) 

1 



investigated that submerged fermentation process is best suited for high production level 

and it can be modified for the continuous operation also. 

1.1 Applications of Gluconic acid and its Derivatives 

Applications of gluconic acid follows from its most important characteristics: it is a 

week acid capable of dissolving the oxides, hydroxides and carbonates of polyvalent 

cations without attacking metallic or non-metallic surfaces. Gluconic acid, its lactones 

and salts are all destroyed effectively and quickly by biological waste water treatment 

processes (Hustede et al., 1989). Gluconic acid and its derivatives are used in the 

following applications: 

1. Used as an additive in the food, beverage and pharmaceutical industries. 

2. For removal of paint and varnishes without damaging underlying surfaces. 

3. In textile industry, for desizing polyamide fabrics, for finishing natural cellulose 

fibres and to prevent iron deposition. 

4. With gelatine, as sizing agent in paper industry. 

5. Sodium salt as gluconate forms complexes with metal cations in alkaline solution 

and stability of such complexes often increases considerably with increasing pH. 

6. For coagulation of soyabean protein in the manufacturing of tofu. 

7. In leather industry, e.g. tanning of leather. 

8. In concreting work sodium gluconate about 0.02-0.2 wt% is added to produce 

concrete highly resistant to frost and cracking. 

9. Ionization of hydroxyl groups allowing use of sodium gluconate in washing of 

glass bottles. 

10. Calcium gluconate is used to treat diseases caused by a deficiency of Ca in the 

body. 

11. Iron gluconate is often used to supply iron in cases of anemia. 

12. Ferrous phosphorgluconate is used chemotherapeutically. 

13. In removing calcareous and rust deposits from surfaces. 

14. Sodium salts are used in the galvanic deposition of nickel-cobalt brazing surfaces 

on the aluminium or in the baths required for preparing smooth, shiny surface 

plating of nickel, tin and zinc. 

15. In baking process, as a leaving agent. 
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1.2 Scope of the Present Work: 

Gluconic acid is a product of multiple industrial significance because of its wide 

range of applications. The future of a majority of these applications depends mainly on 

commercial availability of gluconic acid and gluconates. According to the recent 

estimates, the annual worldwide production of gluconic acid is more than about 60,000 

tones. Some companies, e.g. Prathsta Industries Ltd., Secunderabad, produce calcium 

gluconate (Source: Chemical Weekly, September, 2004) in small amount, against large 

requirement, using traditional chemical process. Large scale production of gluconic acid 

by fermentation process is not practiced in our country and is mostly imported nowadays 

because traditional chemical production processes give not only highly increased cost but 

also the poor yield and quality of the product. While opposite to this, bioconversion 

process for commercial scale production of Gluconic acid is potential as well as 

economic. This is the reason for present study to model the bioprocess to enhance the 

production using airlift bioreactor, which leads to develop a potential technology for 

economic fermentation process at large scale. 

1.3 Objectives of the Present Work: 

Looking at the scope for gluconic acid production by fermentation, which has 

tremendous potential for the country like ours. The present study for the production of 

gluconic acid in an airlift bioreactor has been taken up with following objectives: 

I. To develop the mathematical model for the production of gluconic acid using 

airlift bioreactor by using Tanks in Series Model and Axial Dispersion Model. 

2. To simulate the model and compare the results with results available in the 

literature. 

3. Through simulation, to investigate the effect of variation in intial cell mass (X0) 

and overall airflow rate (Qg) on the performance in an airlift bioreactor. 

4. To study the effect of number of stages on the conversion of gluconic acid, 

variation of dissolved oxygen concentration along the length of the airlift 

bioreactor. 
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Chapter-2 

LITERATURE REVIEW 

It had been observed that the production of gluconic acid is a function of reactor design, 

operating and kinetic parameters. This chapter of the report reviews the current status of 

the work done for the biotransformation process and its development for economic 

commercial scale production of gluconic acid with high yield. 

2.1 Industrial Production Practices 

Gluconic acid can be produced by different methods like chemical, electrochemical, bio-

electrochemical and biologial processes. 

2.1.1 Chemical Oxdation 

D-gluconic acid ( penta-hydroxy-caproic acid ) was discovered by Hlasiwetz and 

Habermann (1870) during the oxidation of glucose with chlorine. The catalysis generally 

employed in chemical oxidation have been finely divided platinum group metals 

suspended on activated charcoal; aluminium oxide, hydrogen peroxide, ozone and oxygen 

have been oxidants of choice. The economic viability of chemical catalysis is dependent 

largely on the activity, selectivity, lifetime, cost of the catalyst, measures required for 

product purification and energy demands. `Kawaken fine chemicals company limited, 

Japan' prepared gluconic acid by air oxidation of aqueous solution of monosaccharide in 

presence of catalyst containing palladium (Pd) and selenium (Se). This reaction gave 

98.5% conversion. 

Park et al. (1986) obtained gluconic acid in 50% aqueous solution by treating 

calcium gluconate, prepared by chemical oxidation of glucose with oleum to precipitate 

calcium sulphate (CaSO4), followed by passage over cataion exchange resin and 

concentration of the resulting solution. The product was 95.6% pure. Calcium gluconate 

was reported to react with sulphuric acid to form gluconic acid. This was treated with 

ferric carbonate (FeCO3) to form ferrousgluconate, which is used in food products for 

enrichment of iron. 
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Disadvantages of Chemical Oxidation 

1. Limited specificity even under carefully controlled and optimized reaction 

conditions. 

2. Unsatisfactory yields. 

3. Undesirable by-products. 

4. Difficult isolation and purification of the products. 

5. Rapid decrease in the catalyst activity. 

6. Need for highly purified glucose solutions. 

2.1.2 Electrochemical Oxidation 

Electrochemical oxidation electrolyzes a glucose solution with an insoluble anode 

in the presence of water-soluble iodide at a current density of 1-20 A/dm2. Carbonates or 

hydroxides are added to neutralize the resulting acid. The product yield based on glucose 

is 80-97% (Muller et al., 1980). 

The catalytic oxidation of glucose in alkaline solution at a gold (Au) electrode was 

studied by the cyclic voltameter at a rotating disk electrode as a function of glucose 

concentration and rotation velocity. The rate-determining step was concluded to be the 

transfer of electron from adsorbed carbohydrate radical species to the electrode. The 

mechanism was explained by a decrease in number of interactions between each glucose 

molecule and the catalytic hydrous 'Au' oxide as the glucose concentration was 

increased. Muller et al. (1980) investigated the adsorption and electro-oxidation of 

glucose on a smooth platinum electrode. The adsorption of glucose by Pt was 

accompanied by dehydrogenation of adsorbed molecules in neutral and alkaline solutions 

glucose electro-oxidation rates on Au were reported to considerably exceed those on 'Pt'. 

Pintauro et al. (1984) studied paired eletrochemical synthesis of gluconic acid and 

sorbitol in undivided flow cells. Reduction in energy consumption by 50% was achieved 

compared to the conventional synthesis. The synthesis of gluconic acid was carried out in 

parellel plate and packed bed cells. The optimum electrode materials and operating 

conditions for the synthesis were: an amalgamated zinc (Zn) cathode, graphite anode and 

initial glucose concentration of 0.8 mol/dm3, sodium bromide (NaBr) supporting 

electrolyte, electrolyte flow rate of 0.8 dm3/min and electrolyte pH of 7. 
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A catalyst was made by entrapping glucose oxidase in a polymeric film deposited 

on platinum electrode surface by anodic electro polymerization of pyrrole 0.1 mol/dm3  in 

phosphate buffer containing perchlorate ions 0.1 mol/dm3  as counter anions and glucose 

oxidase 1.5 g/dm3. The electrochemical step affected the enzymatic catalysis in two ways, 

the reactant oxygen was regenerated and the product, hydrogen peroxide (H202), which is 

glucose oxidase inhibitor, was consumed. When no potential was applied, the electrode 

only acted as an inert support. When a suitable potential was applied, H202 underwent 

oxidation at the electrode. The electrochemical step could occur throughout the polymeric 

structure rather than being limited to the electrode surface. 

Disadvantages of Electrochemical Oxidation 

Cost of the electricity is very high; in such a situation it is costly to use 

electrochemical method for oxidation of gluconic acid. The other disadvantages are the 

poisoning of the electrodes and low oxidation potentials of halogens. 

2.1.3 Bio-Electrochemical Oxidation 

Biocatalyst electrodes (oxidoreductase immobilized electrodes) in which the 

electrode behaved as a substitute for a chemical electron acceptor or donor of a 

oxidoreductase reaction were used in novel applications such as biosensors, bioreactors 

and biofuel cells. A film-coated glucose oxidase-immobilized 'Au' minigrid electrode 

with P-benzquinone-mixed paste and a film coated glucose oxidase-immobilized 'Pt' 

mesh electrode with oxygen permeable membrane were designed. These electrodes 

worked satisfactorily as biocatalyst electrodes oxidizing d-gluconate. Glucose was 

converted to gluconic acid and hydrogen by glucose oxidase from Aspergillus niger 

(Tokuji et al., 1985). 

Glucose oxidase and baker's yeast invertase catalyzed the conversion of sucrose 

to gluconic acid, fructose and hydrogen. Finally, glucose oxidase and cellulose 

transformed cellulose to gluconic acid and hydrogen. Another potential source of glucose 

for the bio-electrochemical cell, starch was degraded to glucose by the combined action 

of amylase and amyloglucosidase (Laane et al., 1984). 

A bio-electrochemical cell containing either glucose oxidase or xanthine oxidase 

with dichlorophenol indophenol as electron acceptor in one half and chloroperoxidase in 
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the other half of the cell was described by Laane et al. (1984). Due to the combination of 

chemical, biochemical and electrobiochemical reactions, specific biochemicals could be 

produced in the cell simultaneously and in both the compartments. Furthermore, H202 did 

not inactivate the oxidases in a bio-electrochemical cell and as a result, the operational 

lifetime of both the oxidases increased. 

2.1.4 Biochemical Oxidation 

The conversion of glucose to gluconic acid by biochemical methods can be 

classified into microbial and enzymatic routes. In microbial synthesis, the main strains 

used have been Aspergillus niger, Gluconobacter suboxydans and Zymomonas mobilis. 

The pathway by which gluconic acid is produced using these strains depends upon the 

type of strain used. Fermentation process can broadly be classified in three categories: 

surface fermentation, submerged fermentation and solid-state fermentation. In which 

submerged fermentation processes are undoubtedly the most frequently used fermentation 

technique, because it offers simple operation and is inexpensive to conduct with low 

fermenter cost etc. Although it is having some weakness too, like: limited maximum 

oxygen transfer rate and not always best fermentation method for all types of micro-

organisms. 

The present work is based on the microbial synthesis phenomena of Aspergillus 

niger using submerged fermentation. 

Aspergillus niger 

Aspergillus niger is economically important as a fermentation organism used for 

the production of gluconic acid. Currently industrial gluconic acid production by 

Aspergillus niger represents one of the most efficient, highest yield giving microorganism 

in use. 

Fig. 2.1 shows microscopic pictures of some types of Aspergillus niger micro 

organism. The biotransformation of glucose to gluconic acid represents a simple 

dehydrogenation reaction without involvement of complex metabolic pathways, which is 

realized with a high selectivity, high rate and high yield of conversion. Gluconic acid is 

formed by the hydrolysis of the gluconolactone (C6H1006), the by product of the reaction 
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(H202) is decomposed to water and oxygen by enzyme catalysis, which is present in the 

living cells. 

Fig 2.1 Different types of Aspergillus niger micro organism. 

The overall reaction mechanism can be described as follows. 

Cell Growth: 

C6H1206  + Biomass + 02 

 

Biomass 	 (2.1) 

 

Glucose Oxidation: 

Glucose oxidase 

C6H1206 

 

C6Fl1a06_+ H202 	 (2.4 
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Gluconolactone hydrolysis: 

FAD 

C6E110064+120 

H202 Decomposition: 

 

	► C6F11207  (Gluconic acid) 	(2.3) 

 

Catalysis 

H202 

 

	• 2 H20 + 02 (2.4) 

 

The overall reaction is represented by: 

Glucose + 0.5 02 	 

2.2 Operating Parameters 

► Gluconic acid 	 (2.5) 

To determine a suitable set of input operating parameters that provides an optimal 

set of output parameters is a major challenge, primarily due to the existence of multiple 

substrate, varieties of microorganisms and different design of experimental set ups. The 

purpose of this section is to search a suitable set of operating parameters. This task is 

constrained by a lack of uniformity of suitable data. The different workers proposed 

varying operating parameters for the submerged fermentation process. These proposed 

operating parameters may be used as the starting information for the bioprocess 

development. 

2.2.1 Aeration Rate 

Low solubility of oxygen in an aqueous media and the poor transport properties 

make the oxygen supply a rate limiting factor. The airflow should be such that it 

maintains the maximum oxygen concentration in the solution. The optimum range of 

airflow rate proposed by Znad et al., (2004) is 15 dm3/min in 10.5 dm3  internal loop airlift 

bioreactor operated for 57 h of batch time beyond which the process will not be 

economical. Das & Kundu (1987) and Markos et al. (2002) suggested about 1-1.5 vol 

air/vol solution per min (vvm) of air flow rate as optimum. This is equivalent to 4.5-6.75 

1pm in a 4.5 dm3  reactor (size of airlift reactor used in present study). 
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2.2.2 Temperature and Pressure 

Lantero et al. (2004) studied the effect of temperature and found that optimum 

temperature is 30°C. pH should be maintained 6.5 during the growth phase and at 5.5 

during the production phase by addition of NaOH as used by Markos et al. (2002). 

Further, the inoculation level found by Singh (2000) and Markos et al. (2002) is 

2%. Antifoam addition, if required, would be about 80-120 ppm. Higher pressure 

increases the oxygen solubility, but operating cost goes up. So the reactor should be 

operated at the pressure slightly above the atmospheric pressure. 

2.2.3 Superficial Gas Velocity and Oxygen Mass Transfer Coefficient 

The oxygen dissolved from the liquid is used only for biotransformation of 

glucose to gluconic acid. Thus the oxygen transport characteristic of oxygen from gas 

phase to the liquid phase influences the gluconic acid production. A higher airflow rate 

supports a higher supply of oxygen into the bioreactor and increases the gas hold up, 

enhance bulk mixing and improve DO and mass transfer. Thus, the optimum value of this 

parameter is of prime importance. 

Znad et al (2004) indicated riser superficial gas velocity as 0.0667 m/s (equivalent 

to 15 dm3/m) in 10.5 dm3  airlift fermenter beyond which the process may not be 

economic. 

2.2.4 Glucose Concentration 

This parameter is very conflicting as different workers proposed different values; 

Znad et al (2004) used a value of 200 g/dm3  in his work. Higher glucose concentration 

will reduce the inhibition effect of product in the solution during the fermentation of 

glucose. 

2.3 Submerged Fermentation Literature: 

Some of the reported literature is reviewed in following paragraphs. 

Kawase et al. (1996) used a tanks-in-series model for mathematical modeling of 

the steady state performance of continuous cultures in an airlift bioreactor. The objective 

of his study was to investigate effects of mixing in the riser and the down corner on 
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microorganism growth in an airlift bioreactor for continuous culture processes. A 

mathematical model was developed based on a tanks-in-series model with backflow, it 

consist of non-linear algebraic equations. Which are material balances of micro organism, 

substrate and dissolved oxygen for hypothetical well mixed tanks or stages. They have 

been solved using Newton-Rapson technique. It was found that the down corner is a 

unique feature of airlift bioreactors and liquid mixing in the downcomer may significantly 

influence their productivity. Therefore, the recycle flow rate into the down corner is one 

of the important parameters for the optimum design and operation of airlift bioreactors. In 

this study, the airlift bioreactor was assumed to operate under isothermal conditions, as 

heat balances in the airlift bioreactor are not considered. A simple kinetic model proposed 

by monod was used in this work which is given by 
S 

(Ks+S) 

In the work of Nakao et al. (1997) an external loop airlift bubble column (ELBC), 

an internal loop airlift (ILBC) and a normal bubble column (NBC) were employed as 

promising bioreactors to carry out the immobilized glucose oxidase catalyzed oxidation 

of glucose with air to produce gluconic acid as a model of immobilized enzyme reactions. 

Optimal reactor design and operating conditions were searched for in relation to its 

accmulation based on the reaction kinetics and reactor sharacteristics. A useful 

determination of optimal operating condition was proposed for each reactor type. ILBC 

and NBC were found to give higher productivity and lower glucose oxidase activity 

decay due to their better mass transfer than ELBC. 

Bioconversion of glucose to gluconic acid at low pH using Aspergillus niger 

immobilised on cellulose fabric was investigated by Sankpal et al. (1999). Glucose 

solution (100 kg/m3) was made to flow through capillaries of a vertical fabric support, 

used for immobilization and was oxidized to gluconic acid at the interface. Conditions of 

temperature, humidity, airflow and glucose feed rate have been optimized. The system 

could be run continuously for a period of 61 days utilizing the entire available glucose. 

According to Jurascik et al. (2000), gluconic acid fermentation by the filamentous 

fungi Aspergillus niger belongs to aerobic fermentation with high oxygen demand. The 

biotransformation of glucose to gluconic acid represents a simple dehydrogenation 

(2.6) 
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reaction without invovlvement of complex metabolic cell pathways. Whish is carried out 

with a high selectivity, high rate and high yield of conversion. 

Their study dealt with glucose-gluconic acid fermentation by Aspergillus niger in 

internal loop airlift reactors (ILALR). The fermentations were carried out in three ILALR 

(10.5 dm3, 40 dm3  and 200 dm3). Growth fermentations (40 dm3  and 200 dm3) were 

performed under constant air flow rate, and non-growth fermentations were carried out 

under varioue gas flow rates in order to study the effect of circulation velocity of the 

system. 

In the paper of Klein et al. (2002), a glucose-gluconic acid biotransformation 

system was suggested with Aspergillus niger strain for the experimental study of oxygen 

transfer in bioreactors. This biosystem was used for the investigation of the effect of the 

flow rate and biomass concentration on the volumetric oxygen transfer coefficient in a 10 

dm3  internal loop airlift bioreactor. For this purpose, the fermentation broth of the 

mycelial strain Aspergillus niger was employed, representing a three-phase system, where 

bubbles come in to contact with dense rigid pellets. The results showed that the presented 

biotransformation system could be . successfully utilized for the determination of the 

oxygen transfer rate in internal loop airlift bioreactors. 

The optimization of gluconic acid fermentation using immobilized Aspergillus 

niger on a highly porous cellulose support is described in the work of Sankpal et al. 

(2002). Experimental results showed the effects of variations in oxygen partial pressure, 

glucose concentration and biomass concentration for a continuous recirculation reactor. 

Levels of dissolved oxygen and glucose concentrations during fermentation significantly 

affected the production and fermentation time. Morphological characteristics of 

immobilized Aspergillus niger had also been investigated. Higher levels of glucose and 

DO enhanced the productivity of gluconic acid. They concluded that oxygen enriched air 

can substitute pure oxygen and reduce the fermentation period substantially. 

Calcium gluconate production by Aspergillus niger was investigated by Tripathi et 

al. (2003) in shake flask, rolling shaker, airlift reactor and stirred reactor at different 

initial glucose concentrations. They observed that success of the technology for biological 

products depends on the choice of bioreactor efficiently achieving mixing and contact of 

liquid and gas phases. Further, it was found that high calcium gluconate production was 
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achieved in airlift reactor with pellet form of cell growth at moderate specific growth rate 

and biomass concentration, while in stirred reactor pulpy mycelial growth was obtained 

and hence calcium gluconate production was poor. 

Responce surface methodology (RSM) was applied to optimize the speed of 

agitation and the rate of aeration for the maximum production of glucose oxidase (GOD) 

by Aspergillus niger in the work of Liu et al. (2003). A quadratic model for GOD 

production was obtained. Aeration had more negative effect on GOD production than 

agitation. Significant negetive interaction existed between agitation and aeration. The 

quadratic term of agitation presented significant positive effect. The fermentation kinetics 

of GOD by Aspergillus niger were also studied in a batch system. A simple model was 

proposed using the Logistic equation for growth, the Luedeking-piret equation for GOD 

production and Leudeking-piret-like equation for glucose consumption. The model 

appeared to provide a reasonable description for each parameter during the growth phase. 

Jian-Zhong et al (2003) studied the fermentation kinetics of gluconic acid by 

Aspergillus niger in a 5 dm3  stirred tank bioreactor with a working volume of 4.0 dm3. A 

mathematical model was proposed using the logistic equation, which discribes the 

inhibition of biomass on growth, to represent the behaviour of gluconic acid production in 

stirred tank bioreactor in batch. 

dX 
— = 1.1m 	Xm  X [1 — 	where, Xm  is maximum cell concentration 	(2.7) 
dt  

The model provided a reasonable description for each parameter during the 

growth phase. The evaluated value of maximum specific growth rate (ilm) is 0.22 ICI. It 

was found that the gluconic acid formation is strongly linearly related to cell growth and 

is growth—associated. Xm  is taken as the experimental value for modeling. 

A tanks-in-series model was applied for mathematical modelling of the unsteady 

state performance of a semi batch operation by Znad et al. (2004 a) in a 10.5 dm3  internal 

loop airlift bioreactor for the production of gluconic acid by fermentation. The kinetic 

model used considered the effect of two substrates (glucose and dissolved oxygen) on the 

growth rate. 
Both the effect of airflow rate and the height of the airlift bioreactor on the 

gluconic acid production were investigated. The model has been validated with 
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experimental data. The model is simple enough to be used in design studies and it can be 

adapted to airlift system configurations and fermentation systems other than gluconic acid 

fermentation. 

The model is suitable to predict the effect of airflow rate on the process. For 

gluconic acid fermentation an optimum range of airflow rate (9-45 dm3/min) is suitable 

in a 10.5 dm3  internal loop airlift bioreactor beyond which the process will not be 

economical. Also the effect of the bioreactor height on the axial dissolved oxygen has 

been predicted by the model. The shorter bioreactor, shows relatively more uniform axial 

DO concentrations than the longer bioreactor, where a greater variation in DO 

concentrations with the height was observed. The model has been tested and the values 

were compared with experimental data. 

Zand et al. (2004 c) conducted batch fermentation of glucose to gluconic acid 

using Aspergillus niger under growth and non-growth conditions using pure oxygen and 

air as a source of oxygen for the fermentation in 2 and 5 dm3  stirred tank reactors. 

Production of gluconic acid under growth conditions was conducted in a 5 dm3  batch 

reactor. Production and growth rates were higher during the period of supplying pure 

oxygen than that during supplying air, and the substrate consumption rate was almost 

constant. For the production of gluconic acid under non growth conditions, conducted in 

the 2 dm3  batch reactor, the effect of the pure oxygen flow rate and the biomass 

concentration on the gluconic acid production was investigated and an empirical equation 

suggested to show the dependence of the production rate rp  on the biomass concentration 

Cx  and oxygen flow rate Q, at constant operating conditions (30°C, 300 rpm and pH 5.5). 

Vunjak-Novakovic et al. (2005) showed that airlift reactors (ALRs) have great 

potential for industrial bioprocesses, because of the low level and homogeneous 

distribution of hydrodynamic shear. In this paper, they discussed the requirements for 

photosynthetic biomass growth in an ALR. The effects of the operating variables were 

analyzed using a mathematical model. They described the design and operation of this 

novel bioreactor and presented the first series of experimental data obtained for two 

different algal species in a pilot scale unit supplied with flue gases from a small power 

plant. 

Enzymatic oxidation of glucose to gluconic acid was carried out in a 40 dm3  

internal-loop airlift reactor by Markos et al. (2007 a). Due to different mixing in the 
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specific zones of the reactor four main sections, bottom, riser, separator and down corner, 

were recognized. Each zone was modelled by an adequate mixing model: bottom and 

separator sections by the model of ideally-stirred reactor; riser and down corner sections 

by the model of plug-flow reactor with axial dispersion. In the model, the effects of mass 

transfer, hydrodynamics, and reaction kinetics were taken into account. Here the effect of 

aeration was studied, also the simulation results were in good agreement with 

experimental data. 

In the paper by Markos et al. (2007 b) mathematical modelling of the fermentation 

process is given for an internal loop airlift reactor (ILALR) using a tank in series model. 

Fermentation of gluconic acid by the strain Aspergillus niger was chosen as a reaction 

system. Fermentations were carried out in three laboratory IALRs of different scale (12, 

40 and 200 dm3). Data from the smallest reactor were used for kinetic parameters 

estimation. All other model parameters, i.e., the gas hold-ups, the circulation velocities of 

the liquid and the gas, the volumetric mass transfer coefficient of oxygen were predicted 

by employing experimentally determined correlations from the literature. Simulated time 

profiles of the biomass, the substrate and the product were compared with experimental 

data, obtained in three laboratory ILARs, the results were in good agreement. Generally, 

the application of the presented model could be suitable for industrial application, 

particularly for process design, optimization and scale-up. 
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Chapter-3 

MATHEMATICAL MODEL DEVELOPMENT 

This chapter describes the development of mathematical model for airlift 

bioreactor. A mathematical model is a useful tool as it can be used for the analysis, 

design, control and operation of the process unit. 

Mixing in airlift bioreactors is usually imperfect and mathematical models for 

airlift bioreactors cannot be described by either perfectly mixed (CSTR) or plug flow 

(PFR) reactors alone. The mixing model used in most of the previous investigations as 

discussed in chapter 2 dealt with airlift bioreactors as an axial dispersion model or tanks 

in series model. 

In the present work mathematical models based on a tank-in-series with back flow 

and ADM are developed and simulated for a bioprocess in an airlift bioreactor under 

unsteady state condition. 

3.1 Assumptions 
Following assumptions have been made for the development of a mathematical 

model as used by (Znad at el., 2004). 

1. Temperature and air flow rate is constant. 

2. Reaction is taking place in the liquid phase only. 

3. The gas hold up in the top and bottom sections are equal to the gas hold up in the 

riser. 

4. There are no radial gradients in liquid and gas phase. 

5. Saturated concentration of oxygen in liquid phase is uniform in the reactor. 

Change in oxygen concentration in the gaseous phase flowing through the reactor 

is negligible, so the material balance of oxygen in the gaseous phase can be 

neglected (Klein et al., 2002). 

6. The back mixing in the down corner is neglected. 

7. The gas hold up and mass transfer coefficient are almost constant along the riser 

and down comer. 

8. Concentration of cell mass is used on dry basis. 
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9. During the multiplication process of the viable cell, no toxic compound is 

produced which can have adverse effect on cell growth and product formation. 

3.2 Formulation of Tanks-in-Series Model 

The internal airlift bioreactor is composed of a column of concentric tubes, which 

is divided into the region containing the gas-liquid up flow (the riser, inner tube) and the 

region containing the gas-liquid down flow (the down comer, the annular area). In the 

present work, the mixing characteristics are described by a tanks-in-series model, the flow 

in the airlift bioreactor is considered as flow through a series of equal sized, well mixed 

stirred stages or tanks and the parameter describing non ideal flow is the number of 

stages. Axial dispersion model is also used and described in later section. 

The mixing characteristics of the riser, down comer, top and bottom sections in 

airlift bioreactors are different. Introducing back flow incorporates micro mixing effects 

into the model. The model is represented schematically in Fig. 3.1. The bottom section 

(i=1) is treated as a well mixed stage. The riser and top sections (i=2,3, 	M) are 

described as tanks in series with back flow. Since the flow in down comer (j=M+1, M+2, 

N) is relatively well defined, the back flow in the down corner section is neglected. 

At the top section, most of gas bubbles passing upward in the riser disengage and 

only the rest is entrained downward by liquid re-circulation into the down comer. On the 

other hand, the flow in the down corner is almost single-phase and relatively well defined. 

Therefore, the back mixing in the down comer is neglected. The riser, including the top 

and bottom sections, is divided into (M) hypothetical well mixed stages. In other words, 

(M — 2) stages with back flow are used to characterize mixing in the riser. Consequently, 

mixing in the down corner is represented by (N —M) stages without back flow. The stages 

in the riser are numbered upwards and those in the down comer are numbered 

downwards. 

Table 3.1 gives the numbers and distribution of stages considered in airlift 

bioreactor for the present study. 
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• Qg, out 

M 

Qg, d 

M-1 M+1 

(l+b) 

4 

N 
	 2 

b 
(back 
Flow) 

Qg, in 

Fig 3.1 Schematic diagram of the tank-in-series model for the airlift bioreactor. 

Table 3.1 Distribution of stages among sections in an ALR. 

Section of ALR Stages Total stages 

Bottom i=1 1 

Riser i=2, 	 M-1 2 to 21 

Top i=M 22 

Down corner i=M+1, 	 N 23 to 44  
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3.3 Material Balances in Different Sections of the ALR 

Material balances of the biomass (X), product (P), substrate (S) and dissolved 

oxygen (Co) in a hypothetical well-mixed tank or stage can be written as follows the 

unsteady state material balances of these components with back flow (b) provide four 

simultaneous first order ordinary differential equations for each stage. 'C' is referred as 

component either of X, P or S. 

3.3.1 Bottom Section (i=1): 

Bottom section is referred as section 1 and material balance diagram for it is given 

in Fig 3.2 

Rate of change in C in section 1= [C in by liquid flow to section 1] 

—[C out by liquid flow from section 1] 

+[C (in-out) by back flow for section 1] 

+[Rate of generation in section 1] 

where C is either X, S or P 

Oxygen addition by MT 

N 

Qgd 
In by 
flow, Q 

CN, CON 

i=2 

Qgr 
Out by 
flow, bQ 
C1, Col  

In by 
back flow, bQ 
C2, CO2 

• 

Bottom section, i=1 Rci, Rcoi 

Fig 3.2 Material balances in bottom section 

Vb(1-c„
5 	dt
,)x dC , —QC N -(1+b)QC, +bQC 2 +Rc  x Vb (1-E gr )  

dC, _ 	Q 	c 	(l+b) 
 ‘.4

nci+ 	bQ 	c2±Rci  
dt Vb (1-egr ) N  Vb (1-cgr ) 	Vb (1-E gr) 

dC, 	—A1C N -B,C1 +D I C 2 +R ci  
dt 

... (3.1) 
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(l+b)Q bQ 441 
Where, A1= 	 , B1– 	, D1–  

Vb  (1-Egr ) 	Vb  (1 -E gr ) 	Vb  (1-Ed 

Aca, p0LnIA-112— 
Dat.3...m.114.05-2.- 

49404.fi- 

-. [2. rinn00 )  Similarly for dissolved oxygen (Co), unsteady state material balance gives 

Rate of change in Co in section 1=[Co in by liquid flow to section 1] 

–[Co out by liquid flow from section 1] 

+[Co (in-out) by back flow for section 1] 

+[Oxygen addition by mass transfer in sectionl] 

+[Rate of generation of oxygen in section 1] 

Using the oxygen transfer rate per unit reactor volume to be given by 

Oxygen transfer rate = k L  (Co* -Co)x  
V 

and gas liquid interfacial area for unit volume as, a= —
A 
V 

Vb  (1-8
g r 

 ) 
dCol
dt –

QCoN  -(1+b)QCoi  +bQCO2  

+(kLa)r  (Col* -Coi ) X Vb  (1-egr  )+Itco,  Vb  ( 1 -E gr  ) 

dCo1  – Q - 	Co (l+b) 	bQ  
N  Vb (1-Cgr )

QCol+
Vb(1-su)

Co2+(kLa),(Col*-Col)+Rco, 
dt 	Vb (1-Egr ) 

 

dCo1  	–A1CoN -BICo1 +D1Co2 +(kLa)r  (Co,*-Cot  
dt 	 )+Rc., ... (3.2) 

l+b 
Where, Ai= 	, B1– 	

( )Q , D1
–  

Vb (1-Egi ) 	Vb (1-cgr ) 	Vb( bQ  1-cgr ) 

3.3.2 Riser Section (1=2, 3, ..., M-1): 

For the micro organism, substrate and product (C=X, S and P) using unsteady state 

material balance for the riser section shown in Fig 3.3. 

20 



Section 
1+1 In by 

Back flow, bQ • Liquid 
Qgr (1+ b)Q Coi+i 

Ci, Co; 

Section Oxygen added by MT 
• 	 

Liquid 
Qgr 
	 (1+ b)Q 

Ci_1, Coi_i 

Section 
i-1 

Out by 
Back flow, bQ 
Ci+i, Coi+i 

Fig 3.3 Material balances in riser section 

f  V,(1-cgr ) dC;  x  
)QC 	(l+b)QC 

(1+b)Q , (C C )+ 

+bQC,+i -bQC,+11c,  

bQ -C ,)+R 

V,(1-Egr ) 

M M-2 dt 

dC 

M -2 

c,  
dt 1V,(1-Egr ) ' 

(C,+ , 
( V,(1-cgr )) 

M -2 	) M-2 	) 

dC;  =A2  (C, -C )+B2  (C  -C1 )+R -1 	2 	1+1 	C, ... (3.3) 
dt 

1 ( 
Where, A2- V 

(

r (i
+b)Q  

Cgr) 	
B2- 

 (Vr (
bQ  
i-Egi ) 

Similarly, dissolved oxygen balance in section-i (i=2,3, ..., M-1) can be written as 

( Vr (1-Cgr )) x  dCoi  _(1+b)QCo,_ -(1+b)QCo,+bQCo,n-bQCo.+ 
M-2 ) dt 

(k L a),.(Co * -Coi )x 
( Vr (1-sgr ) 

M-2 j  +R co, x 
Vr (1-Egr ) 

M-2 ) 

dCo, _  (1+b)Q 	 bQ  
(Co,_i  Co, )+ 

(  	
(Co,+,-Co,)+(kLa),(Co *-Co,)+Itco,  

dt 	V;(1-cgr ) 	 Vr  ( 1  gr  ) 

M-2 ) 	 ■ M-2 I 

M-2 	 M-2 
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A 

Qgr 

dCoi =A2  (Co;-1-Coi )+B2 (COi+ 1 -Col )+(k L a)r (CO * -Co. )+R co, dt 
... (3.4) 

3.3.3 Top Section (i=M): 

For the micro organism, substrate and product (C=X, S and P) transient material 

balance over top section (Fig 3.4), gives 

dt 	V,(1-E gt ) 

I Qg Oxygen addition by MT 

Top section, i=M RCM, RCOM 

Out by 
back flow, bQ 
CM, Com  

• 
In by 
flow, (1+ b)Q 

CM-1, Com-1 

Out by 
back flow, bQ 
CM, Com  

Qgd 

M+1  M-1 

Fig 3.4 Material balances in top section 

	

Vt(1-Egt)x dC
dtm 
	—(1+b)QCm _1 -QCm +bQ(0-Cm )+Rcm x Vt (1-cgr )  

	

dC m 	(l+b)Q  (cm i_cm)+Itc. 
dt 	Vt ( 1-E gr ) 

ddt
Cm  _A3(cm.i  _cm  )+1Ic.  (3.5) 

Where, A3—  
(l+b)Q  

, 	Vt  (1-£10 

For Dissolved oxygen balance in top section-M can be written as 

Vt(1-Egt)x 
dC m 	 — (1+b)QCo m _ i -QCo m  +bQ(0-Com )+ 

dt 
(k L a) r (Co m * -Com )x Vt (1-E gt )+R com  x Vt ( 

dCo M  _ (l+b)Q (Co m _ i -Co m  )+(k L a),(Co m * -Co m )+R co.  
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dCoM  
dt 

—A3  (COm _ i  -Com  )+(kLa),(Coms -Com )+Rco. 	 ... (3.6) 

3.3.4 Down Comer (i=M+1, M+2, N): 

Similarly dynamic state material balances for down comer section (Fig 3.5) are 

written as 

Section 
i-1 

In by bulk liquid flow, Q 
Ci_i, Coil 

• 
Section 

Out by bulk liquid flow, Q 
Ci, Co; 

• 
Section 

i-1 

Fig 3.5 Material balances in down corner section 

Qgd 

Qgd 

( Vd (1-g gd ) x 
 dC;  —QC 

N-M 	dt 
-QC; +R.c  x 

( Vd (1-Egd )) 
N-M 

dC, _ 	Q j-1-C )4-R c  
dt ( Vd (1-Egd )\  

N-M 

dC;  
=A4 I  

(C. 1  -C1  )+IZci  
dt 

... (3.7) 

Where, A4= ( V1- ) C is either X, S or P 
d  ( 60  
N-M 

Dissolved oxygen balance in down corner section-i (i=M+1, M+2, N) can be written as 

(Vd (1-cgd ) x  dCoi  _ 	 QCo,_, -QCo +(kLa)d  (Co * -Co, ) x 
N-M 	dt 

( Vd (1-Egd ) \  
N-M 

Vd  (1-Cgd ) 
x 	 ,o, 	N-M 
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Si 	Co, 
1-Lrn (kosX, +S ) (kocX, +Co, ) 

... (3.11) 

dCo, _ 	Q 
dt 	Vd(1-cgd)) 

(Co,_,-QCo,)+(kLa)d(Co,*-Co,)+Rco, 

dCo'. 	—A 4  x (Co,_,-QCo,)+(k La)d  (Co,*  -Co;)+Rco,  
dt 

... (3.8) 

3.4 Kinetic Equations 

The kinetic model presented in Znad et al. (2004 b) is used in the present study 

to describe the gluconic acid fermentation. In present study it is taken that the dependence 

of specific growth rate on carbon is assumed to follow the Logistic equation or Contois 

type model, which considers biomass inhibition and substrate limitation, respectively. 

The biomass growth can be described as 

N-M 

R 
dX _ 	_ 

x i 	dt 
... (3.9) 

The specific growth rate IA, is defined by logistic equation and is given by 

11M 

( 
1 ... (3.10) 

and when given by the contois type model it is 

The kinetics of gluconic acid formation was based on the Luedeking-Piret 

equation originally developed for the fermentation of lactic acid. It is an unstructured 

model, which combines growth- and non growth-associated contributions towards 

product formation. Thus, product formation depends upon both the growth dXi/dt and 

instantaneous biomass concentration Xi in a linear way 

Rate of product formation, 

dPdX. —a 	' +13X. 
dt 	dt 

... (3.12) 
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Where a and 3 are Luedking-Piret equation parameters for growth and non 

growth associated product formations, respectively. 

Glucose is consumed to form cell material and metabolic products as well as for 

the maintenance of cells. Therefore, substrate consumption can be described by the 

following equation 

Rate of substrate uptake, 

dS 1 dX, + 	1 	dP, 
mSXi ... (3.13) 

dt yx1, dt 	Yp,s  dt 

Where Yth  and Ypis  are the yield coefficients for biomass and product, 

respectively, and ms  is the specific maintenance coefficient. 

dP 
Substituting 	value from eqn 3.12 yields 

dt 

dS, _ 1 dX 	1 r  dX, 
a 	+pc, -msx, 

dt 	yes  dt Ypis 	dt 

dSi  
dt 

1 a dX, 
dt +ms Yp/s 

   

dS,dX 
— y 	 

dt 	dt 
... (3.14) 

Where y and X are the parameters for growth and non growth associated 

substrate consumption, respectively and are given as 

+ 	and A, = R  +m 
Y,es Yp/s 	Yp/s 

The oxygen uptake rate can be described by the sum of oxygen uptake for cell 

growth, product formation, and cell maintenance. 

dCo, 
	—k,a(Co, - 

dt 
... (3.15) 

25 



1  dX  1 dP. 
Where, ro  —   ' +moX i  

' Yvo  dt Yp/0  dt 

dP 
Substituting value of roi  and —L  into equation it gives 

dt 

dCo, 1 dX, 	1  (ct  dX,  +0x.)±mox  
at  —k La(Co, * Col ) Iv 

dt Yp10  dt 

[ 

	

dCo, —kLa(CO3* -Co,)- 	
1 

+ 
a .1dX, 	R  +m 0 

	

dt 	
A yx/0  yp10  dt Ywo 

dCo, 
	—k La(Co,* 

 Co;) 	dX  

	

dt 	 dt 
... (3.16) 

Where, 1l  and w are the parameters for growth and non growth associated 

oxygen uptake, respectively and are given as 

1 	a and w 	+mo  
Ywo YPio P/O 

3.5 Hydrodynamic and Mass Transfer Correlations 

Airlift reactor is a reactor in which the fluid dynamics is different in each part of 

the reactor. The superficial gas velocity is given by 

Ugr—Qg  / Ar 	 ... (3.17) 

The gas hold-up in the riser and the down corner are related to the overall hold 

up by the analytical relations. 

ArEgr  ±Ad Egd  

Ar +Ad  

Empirical equation for determining the overall gas hold up can be obtained by 

E =4.334 x 10-3 * 
( 	\0.499 

PG  

V L 
... (3.19) 

eg  ... (3.18) 
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2gh,,(cgr -cgd ) 
( 2 / 

A, 	1 
Ad / (1 -cgd  )2 

ULr 
KB  

Another way to determine overall gas hold up is the experimental method, 

which can be described by the following relation. 

h D -h  L  
g 11 D  

The equation necessary for calculation of gr or Egd is given by, 

e gd = 0 * 89E gr 

... (3.20) 

... (3.21) 

The liquid velocities in the airlift bioreactor are calculated using the well-known 

and widely tested model developed by Chisti et al. (2002) for airlift devices. 

0.5 

... (3.22) 

Where, KB  =11.40x A b 
r 	-NO 79 

Ad  

KB is form friction loss coefficient for the bottom section. 

The height of dispersion hp is calculated from the known height of the gas-free 

liquid and the overall gas hold up and the relation is given as 

h D  hL  
1-E g  

The overall oxygen transfer coefficient is calculated by the following equation 

given by Znad et al. (2004) 

kLa=1.27x 104 * 

( 	\0.925 
PG 

\, VL / 
... (3.23) 

Where, PG \ PLgU gr  
VL  ) 

1+ 
A 

\, A r  

(3.24) 
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(kLa)r  and (kLa)d values are selected in such a way that the following two 

equations are satisfied: 

kLa— 
(kLa),A,+(kLa)dAd 

A, +Ad  

(kLa)d —v(kLa),. 	 ... (3.25) 

The value of N' is fixed at 0.8 as recommended by chisti et al (2002). 

The superficial liquid velocity UL,- is converted to the linear liquid velocity in the 

riser (Vir) and the down corner (Via), 

L r  V r  
1 - E g r 

and Vir •-£ gr)ArVid ( -Egd  ... (3.26) 

3.6 Initial Conditions 

The model which have been formulated for present study is a initial value 

problem, thus initial values of parameters are necessary for the solution. At time t=0, the 

initial conditions are 

X—X0, P—P0, S=So and Co=Coo 	 ... (3.27) 

3.7 Axial Dispersion Model 

The difference between the tanks in series model and axial dispersion model is 

that the former utilizes two parameters, the number of tanks in series N and the back flow 

b, while later contains only one parameter, the axial dispersion coefficient Dax, which 

characterizes the deviations from ideal flow. 

For the axial dispersion coefficient of the liquid phase towel and Ackermann 

gave the following equation as cited by Znad et al. (2004 a). 

Dax =2.61(D r )15 (U gr )°5 	 ... (3.28) 

Peclet number, Pe=N/ [b+0.5] 	 ... (3.29) 

Where, Pe= (VOID) Dax 	 ... (3.30) 
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Fig 3.6 Schematic diagram of the axial dispersion model for the airlift reactor 

In the present mathematical model of internal loop airlift reactor, four 

interconnected parts of the reactor modelled individually are involved as shown in figure 

3.6. 

It is expected that the bottom part and separator behave as ideally mixed 

compartments respectively. Modelling of non-ideal mixing in the riser and the down 

corner is compared to plug flow with axial dispersion. Since the process is isothermally 

controlled, only the material balance is needed. 

3.7.1 Bottom Section: 

Material balances for oxygen (i = 0) in bottom section of the reactor are as 

follows: 
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Gas phase material balance 

d v c 	C. B_ ArGnG 	41-£ 	k a (c*
L 	)_xi.GPG +xiG 0G 

B'GR 	 iz=HR 	GR B L R i,B 	B'i,B 	in 
dt 

... (3.31) 

Liquid phase material balance 

dc
L  

V (1-E )-
iB 

D 	
LCiLB  +VB  (1-EGR  )ri  B GR dt  'iD ... (3.32) 

Material balances for X, S and P in bottom section of the reactor are as follows: 

Liquid phase material balance for (i=X, S and P) 

!-' 
VB  (1 -£GR )

dc 
 B ADC 
	 ( 

dt 	 D B'iB VB ... (3.33) 

3.7.2 Separator Section: 

Material balances for oxygen (i = 0) in separator section of the reactor are as follows: 

Material balance on gas phase 

dc, T  G G VT eGR 	dt 
 (VR CiA  )z_HR  .1 -EGR )VTkLaR (c:LT 	)- VT 	-voGut eiGout 

Material balance on liquid phase 

CICL 	L L VT  (1-EGR ) iT —VRCiA  +0-E ) k a (c 	) 
L L 

GR V  T L R i,T i,T CVT 	J.c v T  ( 	)ri,T  
dt 

... (3.34) 

... (3.35) 

Material balances for X, S and P in separator section of the reactor are as follows: 

Material balance on liquid phase for (i=X, S and P) 

dc, T  
VT (1-EGR  	01, ..x7 L 0 L +v 

dt 	
R -.R 	T '1T 	T (1-EGR )ri,T ... (3.36) 

3.7.3 Riser / Down Comer Section: 

Material balances for oxygen (i = 0) in riser / down comer section of the reactor are as 

follows: 
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Gas phase on material for riser / down comer section 

acG 	 a2ciG 	 ,,GL\ 

GR(D)`' 

	

I 	D 

	

SGR(D) at 	GR(D) aGR(D) az2 	 GR(D) L R(D) (1 E 	 )k a 	(c*L  -cL  ) ... (3.37) 
az 

Liquid phase material balance on riser / down corner section 

	

ac!- 	 a2cL, 
a(uLKD)ciL)  (1-E 	)–J--=o-EGR(D) )DaLR(D) 	 +( -CGR(D) )e 

	

GR(D) at 	 az2 	az 
... (3.38) 

Material balances for X, S and P in riser / down corner section of the reactor are as 

follows: 

Liquid phase material balance on riser / down comer section for (i=X, S and P) 

 —  2L a 
	
cL  (1-6 D))

a
1-EG(D)

" cnzmi )  +0-EOri 
at 	 a 	az  .... (3.39) 

For the axial dispersion model same kinetic and hydrodynamic equations as 

used in tanks in series model are applied. They are described in sections 3.4 and 3.5 

respectively. 

The model equations for ADM consists of ten ODEs in time domain and ten 

PDE's for riser and down corner sections in time and axial direction. For solving these 

equations PDEs are converted to ODEs using backward difference for partial derivatives 

in axial direction. 
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Chapter-4 

SOLUTUION OF THE MODEL EQUATIONS 

In this chapter solution technique and its suitability has been discussed. Kinetic, 

design and hydrodynamic parameters are tabulated. 

Model Equations and Parameters: 
Model equations of different sections of airlift reactor are summarized in this 

section. These equations are solved using ODE solver (ode 23s) of MATLAB. 

4.1 Model Equations for Solution: 

4.1.1 Tanks in Series Model (Logistic Equation): 

Bottom section (i=1): 

Xi  d, 	 , 	
X, 

dt 	 X. ) 

, Ai- dPi 	p B
1
p

1
+D

1
p

2 
dX1 

1-  +a 	 RAI 
d dt 	 dt  

dSI=AisN-BISI+DIS2-7 	 xx 
 dt dt 

dCol 	—AlCoN 	+DICo2 +(kLa), (Co,*  -Co, )-1-1 dX,  yX, 
dt 	 dt 

Riser section (i=2,3,..., M-1): 

d, —A2 (X,_1  -X, )+B2 (Xi+1  -X[t ) . 1 	X . X, 
dt 	 X m 

dXi  _a n(  
dPi  =A (P-1-PiYEB2(Pi+1"-Pi )±a dt dt 

dS, =A2 (S1 _1  -Si  )+B2  (S1+1 -S1 )-7 	' 
dt 	 dt 
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dCoi—A
X 

 	2  (Co;-,(C0 -Co;-00 )+B2 (C01+1 -CO )+(kLa)r (Co • * -Coi 	41/X;  
dt 	 dt 

Top section (i=M): 

X dX
dt  m 

  _A3 (xm_ i  Xm)-1-1 	
m  

t. (' x 
m J 

dPm  —A3 (M-1-PM )-Fa dt 
dX, 
dt 

dSM  =A3  (S1,4_, -3M )-7  dt 
dX 

dt 

dCom
t  _ 
	 dX, 

d 
A3  (Cow  -COM  )+(kLa),(Com* -Com )-ri 	 

dt 

Down corner section (i=M+1, M+2,..., N): 

Xi  dX —A, (X - .)+ (1 

	

X. 11. 	X; 
at 	 X' 

mi 

dt 
dP'. =A, (P 	

dt 
i-p)+a 	++13X.Xi 

dSI =A4  (S, -S1 )-y dX' XX 
dt 	 dt 

dCoi —A x (Co 
dt 	4  

QC0,)+(kL0d (CO3*-Coi)-11 dX 	 
dt 

i NIX; 
 

Where, constants are defined as 

Q(l+b)Q 	bQ  
Al= 	Bi= 	 , D1—  

Vb (1-£8,3
, 	

Vb (1-Egr ) 	Vb (1-egr ) 

(l+b)Q  ,  bQ  
A2  (v,(1_80  , Ann2 ) 	 vr (i_Egr )  

M-2 ) 	M-2 j  

(l+b)Q 	 Q A3— 	 and Azi- 
Vt  (1-Egr  ) 

x, 

(Vd (1-E0) \  
N-M 
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These form a set of 4 N number of simultaneous ordinary differential equations in 

time. That is for N being 44, a set of 176 ODEs is to be solved. A time interval of 3 h is 

used for the solution. 

4.1.2 Equations for Axial Dispersion Model: 

Bottom section: 

dXLEI  
	—E1X4D 	+ 

dt 	
P,m X1 ,B 

	

dPi 	 dXi 	_E  p 	 nx  
1 4,D 

Fp 
1 1,B

±ct 	±
P I B 

	

dt 	 dt 

dSim 	 dX1 B v 
	 E IS4,D  -FISIB 	' 

	

dt 	 dt 

Riser section: (i=1, 	n) 

( (111(2,1  _E  X21-2X2i-1+X2i-2  F  X2,1 X2,i-1  +vim 1  X2,1  
2 	 2 

dt 	 (m2 	 (Az) 	Xm 

Xzi  

dP2i _E  P2,1-2P2 i-1 +P2,1-2  F P2,1-P2,1_1 +a  dX 
2 	 2 	+13X 2,i  

dt 	 (AZ)2 	 (Az) 	dt 

	

dS2,, __E  S2,1  -2 S2i.1+S21-2 F  Szi 	dX2,, xx2,,  

dt 	2 	(AZ)2 	(Az) 	dt 

Top section: 

dX3,  
T —E3X2,R -F3X3,T +11m dt 

dP 	 dX 
3T —E3P2,R F3P3,T ±CIC 	+13X3T3T 

dt 	 dt 

dS3T  
E 3S 2,11  -F3S3 - dX3T  

dt ?X3T  dt 

1 
Xm 

 X3,T  
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Down corner section: (i=1, 	n) 

dX 4i _E X4  	-Xi -2X+X4,i-2 	X4,i 4,i-1  
4 	(Az)2 	(Az) 

±p,  / 	4,1  1 

dt 	
x 

4,i 

dt 4 	(Az)2 	4  (Az) 	dt 

dX 4'i  dS4i  _E S4 ;-2 S411 +  S4,1-2  F  S41-S 4,1-1  
4 	 4 dt 	(Az) 2 	(Az) 	dt 

Where, E1  = 
VD \TB  
	 5 

VB  (1-£GR ) 	VB(1-EGR)  

E 2 =D aLR F2 — 
(1-EGR) 

VT  VR  E
3 
 = 

VT  (1-EGR  ) 5 
F3— 

VT  (1-zGR ) 

E4  =Dam  , F4  1  

4.2 Kinetic Parameters: 

Kinetic parameters of contois model are taken from the work of Znad et al. (2004) 

and are tabulated in Table 4.1. 

Table 4.1 Kinetic parameters of contois model 

Si. No. Parameter Values 

1.  II. 0.3610 

2.  a 4.5865 

3.  13 1.3757 

4.  -y 3.9868 

5.  X 0.9660 

6.  11 1.52 

7.  kV 0.0808 

8.  kos 21.239 

9.  koc 0.004134 

P 	 P -P 	dX dP4,i _E  4,i -2P 4,i-1  +P 4,i-2  _F 4,i 4,i-1  +a 	4,i  +PX4,i  

1 

(1 -cGD  ) 

35 



Kinetic parameters of logistic equation are given in table 4.2. For the 

determination of maximum specific growth rate and initial cell mass concentration, 

experimental data and value of maximum cell mass concentration, as used by Jian-Zhong 

et al (2003) 

Table 4.2 Kinetic parameters of logistic equation. 

SI. No. Parameter Values 

1.  R.. 0.1335 

2.  Xo 0.308 

3.  a 18.028 

4.  P 0.751 

5.  7 13.144 

6.  X 0.604 

7.  11 0.58 

8.  yr 0.9339 

4.3 Estimated Design and Hydrodynamic Parameters: 

Following parameters have been calculated from the hydrodynamic and mass 

transfer correlations given in last chapter, for the present airlift bioreactor and used in the 

simulation. 

Table 4.3 Estimated design and hydrodynamic parameters: 

SI. No. parameter units • Value 

1.  Working volume (V) dm3  4.5 

2.  kLa h"' 94.7312 

3.  Pg/V W/m3  319.30229 

4.  Eg  - 0.077 

5.  Qg m3/s 1.3*10"4  

6.  Q m3/s 3.6*10"4  

7.  Ugr  m/s 0.10143 

8.  Uir m/s 0.2633 

9.  he  m 1.1159 

10.  Pe - 44.76 

11.  N - • 44 

12. M - 22 
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4.4 Solution Scheme Adopted 
In order to predict the performance of the model, solution of model equations is 

very essential. The system of partial differential equations in axial dispersion model is 

converted to a set of ordinary differential equations using the backward finite difference 

method for the space coordinate. So, the developed mathematical model in this chapter 

consists of a set of first order ordinary coupled differential equations. These equations 

constitute initial value problem (IVP), which has been solved using ODE solvers (ode 

23s), a routine for stiff differential equations of MATLAB. 
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Chapter-5 

RESULTS AND DISCUSSION 

Mathematical models for the production of gluconic acid from glucose in an airlift 

reactor are developed in chapter 3. The mathematical models use logistic equation and 

contois equation to represent concentrations of biomass, gluconic acid, glucose and 

dissolved oxygen in the reactor. The airlift bioreactor is divided into four sections, namely 

bottom, riser, top and down corner sections. The reactor has been modelled by two 

approaches i.e. tanks-in-series model and axial dispersion model. In tanks in series model 

total reactor is divided into 44 well mixed stages, where as in axial dispersion model bottom 

and separator sections are considered as CSTRs, riser and down corner sections are 

represented by axial dispersion model. The model uses four coupled ordinary differential 

equations to represent concentration of four variables, namely biomass, product, substrate 

and DO in each hypothetical well mixed stage of the reactor. Similarly, ADM for riser and 

down corner is described by 5 partial differential equations for each section. The complete 

set of model equations for tanks-in-series model is given in section 4.1.1 of chapter 4. The 

set of kinetic and hydrodynamic parameters are given in table 4.1, 4.2 and 4.3 respectively 

in chapter 4. Axial dispersion model is described in section 4.1.2 of chapter 4. The reaction 

mechanism is provided in chapter 2. 

The model has been validated by comparing simulation run results with the 

experimental data of Znad et al. (2004). In the present chapter the validated model is then 

used to predict the variation of output parameters with input parameters. Variation of initial 

cell biomass concentration (X0) and air flow rate as shown in Table 5.1 is used to predict the 

fermentation behaviour in an airlift bioreactor. Dissolved oxygen profile along the axial 

direction in airlift bioreactor has been studied. Axial dispersion model and tanks in series 

are compared for biomass, product and substrate concentration profiles. 

Table 5.1 Variation range of parameter for simulation. 

Sl. No. Parameter Range of parameter Model used 

1.  Initial biomass 

concentration 

0.308 ± 0.2032 g/dm3  Logistic equation 

2.  Air flow rate 5 - 25 dm3/min Contois model 
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5.1 Analysis of Experimental Data 

The experimental data for concentrations of biomass, product, substrate and 

dissolved as given in Appendix B.1 has been taken from Znad et al. (2004). The above 

mentioned parameters have been plotted as a function of time for a batch operation period of 

51 h. The profiles are shown in figures 5.1 through 5.4, respectively to develop in depth 

understanding of the process. 

5.1.1 Variation of Biomass Concentration with Time 

Figure 5.1 shows the variation of biomass concentration (X) with batch time 

available for the growth of microorganisms in the gluconic acid fermentation by Aspergillus 

niger at the constant operating conditions (30°  C and 6.0 pH). From the plot, following facts 

are observed. 

➢ After seeding a liquid medium with an inoculum of living cells into the reactor, only 

air is added to the culture for its growth. Four different phases of the growth cycle 

are observed. These are (i) lag phase, (ii) exponential phase, (iii) deceleration phase 

and (iv) stationary phase. 

➢ The first phase is lag phase, which varies up to 6 h period. In this phase practically 

there is no apparent growth of biomass, which indicate that the cells are in process of 

adapting to the environmental conditions and that new growth will eventually begin. 

➢ In the exponential phase, which is observed from 6 to 25 h period, microbial cell 

growth proceeds at the maximum possible rate. During this period, nutrients are 

sufficient. This provides an ideal environment condition for the growth of 

microorganisms. The strain start to form gluconic acid and therefore cell growth and 

gluconic acid production take place simultaneously. However, in batch 

fermentations exponential growth is of limited duration and as nutrient conditions 

change, growth rate decreases. 

➢ The third phase is deceleration phase, which ranges from 25 to 42 h. Limited 

nutrients and changing environmental conditions in the system leads to deceleration 

of the growth of cells. 

• 
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Fig 5.1 Concentration of biomass as a function of time 

➢ In the fourth phase, seen from 42 h to 51 h period the cell mass growth becomes 

stable and in this time the cell production and cell death rate becomes equal. Once 

the limiting substrate become scarce, the overall growth can no longer be obtained 

because of nutrient exhaustion resulting into the death phase. 

5.1.2 Variation of Gluconic Acid (GA) Concentration with Time 

Figure 5.2 is plotted to show the variation of gluconic acid concentration with 

batch time at constant operating conditions. From this figure, following facts are observed. 

➢ Once the cell start growing, the microorganisms start to hydrolyze gluconolactone to 

form gluconic acid and hence concentration of GA increases linearly with batch 

time. 

➢ The hydrogen peroxide produced during the process is decomposed to provide 

oxygen, which is again utilized during the process. As shown in the figure, initially 

the gluconic acid formation is very little up to a period of about 6 h, but as soon as 

the cells grow, the product is formed at a constant rate after 10 h indicated by the 

constant slope of the plot. 

40 



180 

160 

U 140 
--61) 

20 10 50 40 60 op 

❑  

❑  

120 

75 100 

0 80 

0 60 

0 40 
U 

20 

30 
Time, h 

I ❑  

El 

11  

Fig 5.2 Concentration of gluconic acid as a function of time 

5.1.3 Variation of Glucose Concentration with Time 

Figure 5.3 is plotted to show the variation of glucose concentration with time. From 

the figure, following facts are evident. 

➢ Growth of microorganisms starts as soon as they adapted themselves to the 

environmental conditions. Initially in the lag phase, they utilize the glucose slowly, 

which increase rapidly in the exponential phase as shown in the figure 6.3. 

➢ The rate of glucose consumption is less in the first 10 h. However, the consumption 

rate is maintained after 10 h. This may be attributed to the constant rate of GA 

production as can be seen from the figure 6.2. 

➢ Glucose consumption result in the formation of biomass and subsequently to the 

formation of GA. 
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Fig 5.3 Concentration of glucose as a function of time 

5.1.4 Variation of Dissolved Oxygen Concentration with Time 

Figure 5.4 is a plot of dissolved oxygen concentration with time. From the figure, 

following facts are observed. 

➢ Saturated DO concentration at air supply rate of 7.8 dm3/min is 0.00651 kg/m3  in an 

ALBR. This value rapidly reduces to 0.0028 kg/m3  in the first 15 h duration of batch 

time. During this period, the oxygen requirement is maximum because in this period 

oxygen supply takes place by dissolved oxygen only. 

➢ Beyond 15 h of duration, the H202  decomposition become prominent and so then the 

concentration of DO fall slowly to 0.0018 kg/m3  at 42 h. 

80 

60
0  
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Fig 5.4 Concentration of dissolved oxygen as a function of time 

5.2 Validation of Models 
The model has been validated by comparing simulation results with experimental 

data given in Appendix B.1. Logistic equation and contois model are tested to represent the 

concentration profiles of biomass, gluconic acid, substrate and dissolved oxygen with batch 

time as shown in figures 5.5 and 5.6. 

5.2.1 Experimental and Predicted Biomass Concentration 

Figure 5.5 and 5.6 shows the comparison between model simulation results and 

experimental data (Znad et al., 2004) for biomass concentration in an ALBR. From the 

figure, following facts can be observed. 

➢ Prediction of biomass concentration by logistic equation is very good except for the 

first 3 h of batch time (lag phase) as shown in figure 6.5. During this period 

predicted value is 0.308 g/1 where as the experimental value is 0.04 g/l. This 

discrepancy has also been observed by Jian-Zhong et al. (2003). Similarly simulation 

over predicts biomass concentration for some period in exponential phase. 

➢ The contois model under predicts the biomass concentration up to first 15 h. 

However, the prediction is good for in the batch period from 15 h to 42 h. Further, it 

over predicts beyond 42 h as shown in figure 6.6. 
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Fig 5.6 Cell biomass concentration profile represented by contois equation 
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5.2.2 Experimental and Predicted Gluconic Acid Concentration 

Figure 5.7 and 5.8 shows the comparison of model predictions with experimental 

data for gluconic acid concentration in an ALBR. From the figure, following facts can be 
observed. 

➢ Figure 5.7 shows that the representation of gluconic acid concentration by logistic 

equation in an ALBR is very good throughout the batch period. 
➢ Contois model is not in agreement with the experimental data in the exponential as 

well as in the stationary phase. 

➢ Thus, for the prediction of the gluconic acid concentration in an ALBR, the logistic 
equation is more accurate. 
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Figure 5.7 Gluconic acid concentration profile represented by logistic equation 
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Figure 5.8 Gluconic acid concentration profile represented by contois equation 

5.2.3 Experimental and Predicted Glucose Concentration 

Figure 5.9 and 5.10 shows the comparison of model predictions with experimental 

data for gluconic acid concentration in an ALBR. From the figure, following facts can be 
observed._. 

➢ Figure 5.9 shows that the representation of glucose concentration in an ALBR can be 

accurately predicted by the logistic equation. 
➢ Contois model over predicts the glucose concentration in an ALBR in the period 

from 3 h to 39 h as shown in the figure. 
➢ Thus, the prediction of glucose concentration in an ALBR is better by logistic 

equation as compared to that of contois model. 
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Figure 5.9 Glucose concentration profile represented by logistic equation 

Figure 5.10 Glucose concentration profile represented by contois equation 
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52.3 Experimental and Predicted DO Concentration 

Figure 5.11 1 nd 5.12 show the comparison of model predictions with experimental 

data for dissolved oxygen concentration in an ALBR. From these figures, observations are 
made. 

> Figure 5.11 shows that logistic equation fails to represent the DO concentration in 

the ALBR. The large deviation in predicted values from actual values is observed. 

The reason for such behaviour is that the model equations do not take into account 
DO concentration. 

> The prediction by contois model (Fig 5.12) is in good agreement since it accounts 

for the DO concentration through the entire range of batch time. This behaviour 

indicates that the contois model is better for the study of DO concentration within 
the ALBR. 
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Figure 5.11 Dissolved oxygen concentration profile represented by logistic 

equation 
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Figure 5.12 Dissolved oxygen concentration profile represented by contois equation 

5.3 Effect of Variation of Parameters based on Model Predictions: 

It had been observed that initial cell mass, airflowrate (gas hold up) significantly 

influence the fermentation in an airlift reactor. The effect of variation of operating 

parameters as given in Table 5.1 studied to predict the behaviour of the biological process in 

an ALBR. Logistic equation is used to predict the effect of variation in time dependent 

biomass, gluconic acid and glucose concentrations. 

5.3.1 Effect of Intial Cell Mass Concentration (Xo) 

Different initial biomass values using logistic equation are tested and simulated 

results are shown in figure 5.13 through 5.15. 

)=. Higher initial cell concentration results in rapid growth of biomass, and subsequently 

immediate formation of product and reduces the batch time considerably as steady 

state values are obtained in shorter period. 
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Figure 5.13 Effect of change in initial cell mass on biomass growth by logistic equation 
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Figure 5.15 Effect of change in initial biomass concentration on glucose 
consumption by logistic equation 

> As seen from figure 5.14, the gluconic acid formation of 163 g/dm3  is achieved in 42 
h instead of 51 h if the Xo is increased from 0.10472 g/dm3  to 0.5112 g/dm3 . 

> The glucose concentration falls rapidly when higher initial cell mass concentration is 
used as can be seen from figure 5.15. These profiles indicate that the higher cell mass 
reduces the batch time for the same yield of gluconic acid. 

5.3.2 Effect of Airflow Rate (Qg) 

Contois model is used to study the effect of airflow rates. Figures 5.16, 5.17 and 5.18 
show the effect of airflow rate on the biomass growth, GA and substrate concentrations, 
keeping 57 h as a fixed time for the duration of fermentation. The biomass growth increased 
with increase in airflow rate in the range of 5 to 25 dm3/min. The production of biomass 
and GA increased with the increase in aeration rate and stabilize at an airflow rate of 20 
dm3/min. Beyond 20 dm3/min the effect of airflow rate on the biomass growth and GA 
produced is not significant. This can be attributed to the fact that high airflow rates can lead 
to high gas hold ups, enhanced bulk mixing and improved DO and mass transfer, which 
promotes the biomass growth and consequently the gluconic acid. 

51 



5 

10 	15 
	

20 
	

25 
	

30 
Air Flow rate, fpm 

Figure 5.16 Effect of airflow rate on the biomass concentration at 57 h of 
fermentation 
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Figure 5.17 Effect of airflow rate on the gluconic acid at 57 h of fermentation 

When the airflow rate exceeds 20 dm3/ min, the increase in the biomass growth with 
airflow rate is reduced. The reason of this is that because high airflow rate produced a high 
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shear stress, which could potentially lead to cellular damage, consequently reducing the 

ability of cells to produce gluconic acid. Another reason could be, that higher airflow rates 

resulted in higher respiration rates, potentially leading to a significant decrease in glucose 

source (substrate) availability for any purpose, including gluconic acid synthesis as shown 

in Figure 5.18. The results show that there was an optimum range of airflow rate from 5 to 
20 dm3/ min for gluconic acid fermentation in a 4.5 dm3  internal loop airlift bioreactor. This 

leads to an additional process benefit of minimizing the costs of compressed air, a major 

contributor to the cost of running a large-scale airlift bioreactor. 
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Figure 5.18 Effect of airflow rate on the substrate at 57 h of fermentation 

5.4 Axial Dissolved Oxygen Profile: 

Figure 5.19 shows that the dissolved oxygen profile in the riser (2-21 stages) 

increases because air is supplied in the riser and gas—liquid mass transfer occurs. In the riser, 

the interfacial mass transfer rate may be larger than the oxygen consumption of 

microorganisms and therefore, dissolved oxygen concentrations increased along the riser. 

However, the dissolved oxygen profiles decreases in the down comer (23-44 stages), in 

which no gas dispersion occurs and the consumption of microorganisms is higher than the 
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mass transfer rate. Consequently, in the down corner, oxygen is significantly consumed and 

as a result the dissolved oxygen concentration in the down corner decreases significantly. 
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Figure 5.19 Axial variation of DO concentration in airlift bioreactor. 

5.5 Effect of Number of Stages on Model Validation: 

The simulation runs are carried out for different number of stages (tanks) for tanks 
in series model and here logistic equation is used. 

Figs 5.20 through 5.22 depict the effect of number of tanks-in-series on biomass, 
product and substrate concentration respectively. 

There is no variation in concentration profiles up to 18 h of time period. After 18 h 

there is small variation in concentration profiles, the maximum concentrations at 51 h are 
slightly lower when 22 and 30 number of stages are used as compared to values with 44 
number of stages. 

It can be said that for number of tanks-in-series greater than 22 there is negligible 

effect on steady state concentrations of biomass, product and substrate. 
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Figure 5.20 Effect of number of stages on biomass concentration profile 

Figure 5.21 Effect of number of stages on gluconic acid concentration profile 

55 



210 

190 

5 170 

D 150 

§ 130 

° ci 110 

C.) 90 

70 

50
0 5 10 15 20 25 30 35 40 45 50 55 

Time, h 

Figure 5.22 Effect of number of stages on glucose acid concentration profile 

5.6 Axial Dispersion Model 

5.6.1 Experimental and Predicted Biomass, GA and Substrate Concentration 

Figure 5.23, 5.24 and 5.25 shows the comparison between axial dispersion model 
and tanks-in-series model (N=22) predictions and experimental data for biomass, GA and 
substrate concentrations in an ALBR. Logistic equation is used for kinetic expression. From 
these figures, following facts are observed. 

➢ At higher time periods axial dispersion model slightly over predicts the 
concentration values in case of biomass and gluconic acid and slightly under predicts 
in case of glucose. 

➢ Tanks in series model and axial dispersion model are in good agreement up to 20 h 
of time, deviation starts after 20 h time period. ADM concentration profile is slightly 
higher than the TISM concentration profile in case of biomass and gluconic acid, 
slightly lower than the TISM concentration profile in case of glucose. 

➢ ADM contains in all ten ODEs and ten PDEs, time interval is taken has 3 h. For 
tanks-in-series N=22 has been used instead of N=44 to make computational 
comparable to that of ADM as it is using in all 22 sections. 
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Figure 5.23 Biomass concentration profiles represented by logistic equation 
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Figure 5.24 Gluconic acid concentration profiles represented by logistic equation 
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Figure 5.25 Glucose concentration profiles represented by logistic equation 
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Chapter-6 

CONCLUSIONS AND RECOMMENDATIONS 

6.1 Conclusions 

Gluconic acid produced from glucose using Aspergillus niger is an aerobic 

fermentation process having two step reaction. The biotransformation represents a simple 

dehydrogenation reaction without involvement of complex metabolic pathways. Airlift 

bioreactor has been modelled by both tanks in series and axial dispersion models. These 

mathematical models, which incorporates two kinetic models, describes a bioprocess of 

gluconic acid production in batch in an airlift bioreactor (ALBR). The predictions of these 

models match with the experimental data. The following conclusions can be made from 

the results presented and discussed in previous chapter. 

1. The comparison of two kinetic models, namely logistic equation and contois 

model show that the logistic model represents the time dependent concentrations 

of biomass, gluconic acid and glucose very effectively, but fails to predict the 

dissolved oxygen concentration effectively. On the other hand, the contois model 

predicts the time dependent dissolved oxygen concentration correctly but predicts 

the time dependent biomass, gluconic acid and glucose concentrations poorly. 

2. The results show that the initial cell mass concentration (Xo) and airflow rate 

significantly affect the gluconic acid production in an airlift reactor. Higher is the 

initial cell mass concentration lower is the fermentation time vice versa. For 

gluconic acid fermentation an optimum range of airflow rate (5-20 dm3/min) is 

suitable in a 4.5 dm3  internal loop airlift bioreactor beyond which the process will 

not be economical, as it will increase operating cost without any significant 

improvement in product concentration. 

3. Axial dissolved oxygen profile, effect of number of stages in tanks in series model 

has been discussed. There is no variation in concentration profiles up to 18 h of 

time period. After 18 h there is small variation in concentration profiles, the 

concentrations are slightly lower when 22 and 30 number of stages are considered 

compared to 44 number of stages. 
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4. At higher time periods axial dispersion model slightly over predicts the 

concentration values in case of biomass and gluconic acid, slightly under predicts 

in case of glucose. 

6.2 Recommendations 

Following future works are recommended based on the study carried out in the 

present work. 

1. The performance of the present mathematical model can be improved by 

incorporating the effect of pH, temperature and inhibition of product in the basic 

kinetic model. 

2. For further improvement of the model accuracy, more suitable correlations for the 

mass transfer coefficient and gas hold ups in a real fermentation system should be 

taken into account in the model. 

3. Experimental runs should be carried out to generate more data, so that more 

accurate modelling can be carried out. 

4. A new kinetic model can be derived which includes characteristics of logistic and 

contois models. 

5. Different bioprocesses can be studied to check the suitability of the models for 

different kinetics. 
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ANNEXURE-A 

DESIGN PARAMETERS OF AIRLIFT BIOREACTOR 

Recently airlift bioreactor designs have received increased attention. Due to 

their simple construction and less shear stress imposed on shear sensitive cells compared 

with stirred tanks, they have potential applications in biotechnology industries. 

Mixing in ALRs is usually imperfect. From the mixing point of view, four 

main sections in ALRs are recognized: the bottom where the gas distributor is placed and 

the medium is recycled from the down corner, the riser (in the internal loop ALR (ILALR) 

a concentric tube), where the medium flows upward, the gas separator and the down 

corner. 

The airlift reactor is a promising reactor for two and three phase reactions due 

its advantages of high fluid circulation, heat and mass transfer, short mixing time, low 

shear stress and low energy consumption. Airlift reactors have been widely applied in 

chemical engineering, biochemical fermentation and biological waste water treatment 

processes. In order to design such a bioreactor with confidence, further information is 

required on the relationship between its performance and hydrodynamic, heat and mass 

transfer characteristics. 

A.1 Design Details of Internal Loop Airlift Bioreactor 

An airlift reactor consists of four distinct sections: riser, down corner, top and 

bottom sections. Each section of ALR exhibits different hydrodynamic and mixing 

behaviour. Airlift reactors have no moving parts and mixing is caused pneumatically. 

Gas-liquid circulation is caused by the gradient in density between riser and down corner 

because the gas hold up is different in riser and down corner. 

The main specifications of the reactor are: 

Draft tube (Riser tube) 	: ID = 0.042 m, Height = 100 cm 

Airlift reactor tube (Down corner) : ID = 0.0725 m, Height = 1.032 m 

Separator 	 : ID = 0.2 m, Height = 0.18 m 

Bottom section 	 : ID = 0.0725 m, Height = 0.03m 
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0.2 m 

1.032 m 

0.03 m 

0.18 m 

0.0725 m 

• 

A=0.042 m 

1m 

Air inlet (Qg) 

A 
•	 

• 

Upper and lower parts of reactor are made of SS 304, whereas middle parts 

including riser and down corner sections are made of glass for visualization of mixing. 

Entire stand was made from SS 304 and glass bottles are placed at the top for addition of 

base, acid or antifoam etc. The working volume of the reactor is 4.5 dm3. 

The overall size of the experiment set-up made of SS and glass is about 2m xlm. 

The system is closed and designed such that it can be sterilized in situ using steam at 

about 121°C for 15 min after replacing sensors and probes by blinds. Sparger can also be 

removed for cleaning purpose and replaced by another one to sparge in down corner. 

Water-cooling is provided to maintain the temperature of the system by manually 

controlling the flow rate. The size of the air filters provided at the inlet and outlet has pore 

size of 0.2 pm, which prevents entry of any microbes present in the atmospheric air. 

Ait outlet 

Fig A.1 Schematic diagram of experimental set up with dimension 
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ANNEXURE-B 

Table B.1 Experimental data of bioprocess for gluconic acid production Znad et al. (2004) 

Sl. 
No. 

Time 
(hour) 

Biomass 
Concentration 

(kg/m3) 

Gluconic acid 
Concentration 

(kg/m3) 

Glucose 
Concentration 

(kg/m3) 

DO 
Concentration 

(kg/m3) 

1 0 0.04 0 200 0.0065 

2 3 0.503 1.96 196.302 0.0058 

3 6 0.662 6.23 194.66 0.0045 

4 9 0.939 15.4 189.789 0.0041 

5 12 1.247 26.68 186.532 0.0035 

6 15 1.366 38.686 175.746 0.0028 

7 18 1.661 49.975 161.194 0.0025 

8 21 2.511 66.91 150.405 0.0024 

9 24 2.973 76.788 141.771 0.0024 

10 27 3.324 88.078 136.9 0.0023 

11 30 3.656 97.956 125.576 0.0022 

12 33 3.786 109.245 119.092 0.002 

13 36 3.952 120.535 113.681 0.0019 

14 39 4.192 132.53 105.274 0.0019 

15 42 4.469 146.642 88.88 0.0018 

16 45 4.44 157.226 73.252 0.0018 

17 48 4.502 169.22 65.155 0.0017 

18 51 4.488 175.57 60.284 0.0017 
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Table B.2 Simulation data for gluconic acid production by tanks in series model using 

logistic equation 

Sl. 
No. 

Time 
(hour) 

Biomass 
Concentration 

(kg/m3) 

Gluconic acid 
Concentration 

(kg/m3) 

Glucose 
Concentration 

(kg/m3) 

DO 
Concentration 

(kg/m3) 

1 0 0.3080 0 200.0000 0.0065 

2 3 0.4501 2.7834 197.5647 0.0059 

3 6 0.6612 6.9712 194.3220 0.0054 

4 9 0.9294 15.2378 189.0214 0.0049 

5 12 1.2452 25.5155 182.2986 0.0044 

6 15 1.7018 36.6209 175.2112 0.0038 

7 18 2.1496 47.7261. 165.8669 0.0033 

8 21 2.5243 60.5507 156.2344 0.0030 

9 24 2.9537 72.6440 144.2116 0.0027 

10 27 3.3122 85.7241 134.1338 0.0025 

11 30 3.6120 97.9567 125.0653 0.0023 

12 33 3.8068 110.3450 115.3229 0.0021 

13 36 3.9923 122.9521 105.9016 0.0019 

14 39 4.1926 136.3516 96.2114 0.0018 

15 42 4.3620 148.6528 86.1920 0.0018 

16 45 4.4144 158.3559 77.2116 0.0018 

17 48 4.4926 168.2432 67.2119 0.0017 

18 51 4.4551 174.5743 60.1720 0.0017 
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Table B.3 Simulation data for gluconic acid production by tanks in series model using 

contois equation 

Si. 
No. 

Time 
(hour) 

Biomass 
Concentration 

(kg/m3) 

Glu conic acid 
Concentration 

(kg/m3) 

Glucose 
Concentration 

(kg/m3) 

DO 
Concentration 

(kg/m3) 

1 0 0.0400 0 200.0000 0.0065 

2 3 0.1051 1.8821 198.1449 0.0055 

3 6 0.2454 5.0040 197.2341 0.0048 

4 9 0.5010 6.9281 194.2337 0.0041 

5 12 0.8245 9.7846 192.0449 0.0035 

6 15 1.3559 15.6782 187.1120 0.0030 

7 18 1.6847 25.5243 182.2232 0.0026 

8 21 2.1944 33.6239 175.1218 0.0024 

9 24 2.6546 45.0469 165.4334 0.0023 

10 27 3.0047 60.0463 155.5433 0.0022 

11 30 3.4041 74.6591 145.0127 0.0021 

12 33 3.7069 94.2528 135.0016 0.0020 

13 36 3.9120 112.1246 120.1124 0.0019 

14 39 4.2045 130.6824 106.1170 0.0018 

15 42 4.4790 145.5929 90.7661 0.0017 

16 45 4.7528 163.6582 75.2437 0.0017 

17 48 5.0126 182.9812 64.2218 0.0017 

18 51 5.2043 192.9720 50.0124 0.0017 
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Table BA Effect of initial biomass concentration (Xo) on biomass growth 

SI. 
No. 

Time 
(hour) 

Biomass 
Concentration 

(kg/m3) 

Biomass 
Concentration 

(kg/m3) 

Biomass 
Concentration 

(kg/m3) 

Biomass 
Concentration 

(kg/m3) 

X0=0.10472 X0=0.20636 X0=0.40964 X0=0.51128 

1 0 0.1047 0.2063 0.4096 0.5112 

2 3 0.2033 0.3083 0.5612 0.7349 

3 6 0.2081 0.4426 0.8349 1.1540 

4 9 0.3563 0.6248 1.2541 1.5525 

5 12 0.5069 0.7829 1.5525 1.9547 

6 15 0.7126 1.1246 2.0026 2.3828 

7 18 1.0118 1.4428 2.4752 2.8124 .  

8 21 1.2125 1.7529 2.7758 3.2125 

9 24 1.5529 2.2124 3.2249 3.5547 

10 27 2.0553 2.5561 3.5040 3.8120 

11 30 2.5126 2.8550 3.8124 4.0542 

12 33 2.8567 3.3129 4.0542 4.3124 

13 36 3.2123 3.4560 4.2548 4.4926 

14 39 3.4549 3.8518 4.3549 4.6127 

15 42 3.8120 4.0125 4.4544 4.6820 

16 45 4.0521 4.2526 4.5015 4.6831 

17 48 4.25430 4.3781 4.5257 4.6824 

18 51 4.3672 4.4125 4.5291 4.6795 
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Table B.5 Effect of initial biomass concentration (Xo) on gluconic acid production. 

Si. 

No. 

Time 

(hour) 

Gluconic acid 
Concentration 

(kg/m3) 

Gluconic acid 
Concentration 

(kg/m3) 

Gluconic acid 
Concentration 

(kg/m3) 

Gluconic acid 
Concentration 

(kg/m3) 

X0=0.10472 X0=0.20636 X9=0.40964 X0=0.51128 

1 0 0 0 0 0 

2 3 2.0031 2.0531 6.4821 8.4781 

3 6 3.5723 5.0289 13.2463 18.5723 

4 9 6.9818 10.2350 22.5869 30.2790 

5 12 10.2394 20.2156 34.6403 40.0150 

6 15 15.9746 28.5781 45.0440 51.2843 

7 18 22.5261 35.5119 54.7849 63.7851 

8 21 32.5598 45.0102 70.5689 78.9732 

9 24 40.5765 58.7503 82.4854 90.8969 

10 27 55.5291 72.5130 95.2753 105.2487 

11 30 65.5703 85.0181 109.3407 118.1445 

12 33 80.5261 97.5271 120.9731 131.2727 

13 36 90.2489 110.5239 135.5729 142.0218 

14 39 103.3961 121.5701 145.4438 150.2722 

15 42 116.6827 136.5283 156.9771 160.2817 

16 45 132.7590 148.6524 164.8402 170.4645 

17 48 150.0212 158.3557 172.4431 177.8863 

18 51  165.2354 170.5223 176.5820 181.1120 
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Table B.6 Effect of initial biomass concentration (Xo) on glucose consumption 

Sl. 

No. 

Time 

(hour) 

Glucose 

Concentration 

(kg/m3) 

Glucose 

Concentration 

(kg/m3) 

Glucose 

Concentration 

(kg/m3) 

Glucose 

Concentration 

(kg/m3) 

X0=0.10472 X0=0.20636 X0=0.40964 X0=0.51128 

1 0 200.0000 200.0000 200.0000 200.0000 

2 3 199.8534 198.8949 195.9534 194.0534 

3 6 198.8531 196.2328 192.3921 • 190.5521 

4 9 196.7567 194.3483 185.5780 182.5589 

5 12 194.8990 190.0521 178.6827 175.0464 

6 15 190.5543 182.5646 170.9834 165.8109 

7 18 182.5912 176.7897 162.8154 157.5836 

8 21 176.8850 166.5325 152.9901 146.8943 

9 24 168.5528 158.3493 140.8124 136.8894 

10 27 160.9815 148.3428 128.8934 123.5718 

11 30 150.5516 135.0320 120.8818 114.5730 

12 33 137.8645 125.2891 110.8950 105.7845 

13 36 126.5517 116.8913 102.7732 96.8932 

14 39 116.3453 107.3415 90.5832 86.7890 

15 42 106.0528 97.0294 81.8834 78.8813 

16 45 95.3456 83.2653 74.55790 70.9810 

17 48 78.5459 72.3642 66.5554 64.7855 

18 51 64.5514 62.3451 58.7523 56.8977 
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Table B.7 Effect of airflow rate on the biomass, gluconic acid and substrate 

concentrations at 57 h of fermentation 

Si. No. Qg (dm3.min-1) Xmax (g/dm3) Pmax, (g/dm3) Smax, (g/dm3) 

1 5 3.8513 162.5478 67.5074 

2 7.5 4.6024 185.0735 42.5145 

3 10 5.1548 200.0032 30.6426 

4 12.5 5.6040 212.5478 22.5367 

5 15 5.8513 222.5419 15.2057 

6 17.5 6.0211 230.0895 12.5189 

7 20 6.0919 235.2834 10.0711 

8 22.5 6.1462 237.5143 7.5321 

9 25 6.1657 240.1032 5.3401 
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Table B.8 Simulation data for gluconic acid production by axial dispersion model using 

logistic equation 

SI. No. Time 

(hour) 

Biomass 

Concentration 

(kg/m3) 

Gluconic acid 

Concentration 

(kg/m3) 

Glucose 

Concentration 

(kg/m3) 

1 0 0.3080 0 200.0000 

2 3 0.4401 2.5843 197.7652 

3 6 0.6501 6.7761 194.5446 

4 9 0.9193 15.0378 189.2348 

5 12 1.2325 25.2569 182.6734 

6 15 1.6885 36.3710 175.4481 

7 18 2.1365 47.4705 166.0133 

8 21 2.5214 60.5133 	- 156.1347 

9 24 2.9546 72.9861 143.9220 

10 27 3.3112 86.1331 133.7212 

11 30 3.6128 98.5519 124.5784 

12 33 3.8269 111.4554 114.2225 

13 36 4.0421 124.9839 103.8898 

14 39 4.2963 138.4532 94.1214 

15 42 4.4690 151.7649 83.0923 

16 45 4.4892 162.9871 74.1927 

17 48 4.4863 170.3425 64.1018 

18 51 4.4894 174.9808 60.2669 
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Table B.9 Effect of number of stages in tanks in series model on biomass, gluconic acid 

and substrate concentrations 

Si. 

No. 

Time 

(hour) 

Biomass 

Concentration 

(kg/m3) 

Gluconic acid 

Concentration 

(kg/m3) 

Glucose 

Concentration 

(kg/m3) 

N=22 N=30 N=22 N=30 N=22 N=30 

1 0 0.3080 0.3080 0 0 200.0000 200.0000 

2 3 0.4313 0.4439 2.3845 2.5846 197.9640 197.7645 

3 6 0.6415 0.6519 6.5760 6.7791 194.7228 194.5223 

4 9 0.9093 0.9195 14.8371 15.0308 189.4217 189.2218 

5 12 1.2278 1.2325 25.0145 25.2564 182.7984 182.5485 

6 15 1.6769 1.6885 36.1267 36.3754 175.7112 175.4619 

7 18 2.1247 2.1365 47.2259 47.4765 166.3665 166.1164 

8 21 2.4490 2.5115 60.0530 60.3113 156.7347 156.4840 

9 24 2.9036 2.9284 71.1659 71.8958 145.7114 144.9615 

10 27 3.2128 3.2623 82.7248 84.2267 137.1339 135.6338 

11 30 3.5124 3.5625 94.9563 96.4565 128.0650 126.5659 

12 33 3.7061 3.7569 107.3452 108.8459 118.3225 116.8224 

13 36 3,8927 3.9420 119.5676 121.4541 108.9014 107.4013 

14 39 4.0925 4.1423 133.3598 134.8510 99.2117 97.7112 

15 42 4.2646 4.3026 145.7650 147.1528 89.1929 87.6928 

16 45 4.3647 4.3895 156.3451 157.3019 79.2115 78.2116 

17 48 4.3925 4.4423 165.198 166.7425 70.2117 68.7115 

18 51 4.4052 4.4390 173.081 173.8232 61.6728 60.9224 
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